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Abstract

Catalytic hydropyrolysis of biomass to green fuels was performed using supported, sulfided CoMo catalysts.
With MgAl,0,4 as support material the CoMo loading was varied between 4.1 and 12.0 wt.% at constant
Co/Mo atomic ratio of 0.3. Increasing the metal loading decreased the amount of oxygen in the condensed
organic phase from 9.0 to 4.7 wt.% on dry basis (db) and the condensable organic yield decreased from 25.2
to 22.7 wt.% on dry ash free (daf) basis, corresponding to a decrease in the carbon recovery from 39 to 37 %.
Using zeolite H-ZSM-5 mixed with alumina as support with a CoMo loading of 4.1 wt.%, the condensed
organics contained only 5.2 to 6.1 wt.% db oxygen. The condensable organic yield was between 23.9 and
24.4 wt.% db, and the carbon recovery was 39-40 %. Thus using an acidic support can remove the oxygen
without decreasing the carbon recovery. The latter was ascribed to alkylation of the aromatics when the

zeolite support was used.

Elemental maps of the spent catalysts were obtained using STEM-EDS, showing that the CoMo phase was
mainly located as monolayer MoS; slab structures (>93 %) on the support and indicated a high dispersion of

cobalt, consistent with incorporation of Co into the MoS; structure in the CoMoS phase. Potassium was
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observed on all the spent catalysts, indicating transfer of alkali metal from the biomass to the catalyst.
Potassium may decrease the acidity of the catalyst over time, thus reducing the positive effect of using a

more acidic support.

Keywords: biomass; molybdenum sulfide; hydrodeoxygenation; zeolite; biofuel
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Abbreviations

AED
BET
Cus
daf
db
DDO
diAro
EDS
FB
FCC
FID
GC
HAADF
HDO
HYD
ICP-OES
mAro
MgAl
MS
Naph
O-Ali
O-Aro

Par

Atomic emission detector
Brunauer—Emmett—Teller
Coordinatively unsaturated sites
Dry, ash free basis

Dry basis

direct deoxygenation
Diaromatics

Energy dispersive X-ray spectroscopy
Fluid bed

Fluid catalytic cracking

Flame ionization detector

Gas chromatograph

High-angle annular dark-field
Hydrodeoxygenation
Hydrogenation

Inductive coupled plasma optical emission spectroscopy
Monoaromatics

MgAl,04

Mass spectrometry

Naphthenes

Oxygenated aliphatics

Larger oxygenated aromatics

Paraffins
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PhOH
Ph(OH)2
SSA
SEM
STEM
TAN
Temp.
TPD
tetAro+
triAro

ZA

Phenolics

Dihydroxybenzene

Specific surface area

Scanning electron microscopy

Scanning transmission electron microscopy
Total acid number

Temperature

Temperature programmed desorption
Tetra- and higher aromatics

Triaromatics

H-ZSM-5 mixed with Al,O3
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1 Introduction

The current production and consumption of energy is responsible for 60 % of the global greenhouse gas
(GHG) emissions [1], which is responsible for global warming [2], and the global energy consumption will
most likely continue to increase in the near future [3]. The current greenhouse gas emission targets aim at a
temperature rise of no more than 2°C, however, even a global average temperature increase of 2°C can lead
to multi-meter sea level rise [2,4], and thus it is evident that the emissions of GHG must be drastically
decreased immediately. One way of decreasing our GHG emission is to use thermochemical conversion of
lighocellulosic biomass for the production of liquid, second-generation bio-fuels. Recent research by Marker
et al. [5,6] indicated that catalytic hydropyrolysis is an very efficient method for production of bio-gasoline
and -diesel. With their process, called IH?*®, they produced an oxygen free oil (oxygen<l wt.%) with a
condensable organic yield (condensed organics and Ca. in the gas) between 25.8 and 29.5 wt.% dry ash free
(daf) for woody biomass [5,6]. In the IH?® process, pyrolysis of the biomass and hydrodeoxygenation (HDO)
of the formed oxygenates takes place simultaneously in a fluid bed reactor. Remaining oxygenates are
converted in a downstream, fixed bed HDO reactor. Life cycle assessments of catalytic hydropyrolysis of
biomass have shown that this technology can decrease the GHG emissions of liquid transportation fuels with
between 30-96 % compared to the fossil counterparts, depending on the type of biomass feedstock, with
bagasse giving the largest reduction [7-9]. Furthermore, thermodynamic analysis of polygeneration systems
based on catalytic hydropyrolysis has shown that it is possible obtain an energy efficiency of the overall

process of 89 % (LHV) [10].

Other groups have also investigated catalytic hydropyrolysis. Dayton et al. [11-13] investigated catalytic
hydropyrolysis of woody biomass in a fluid bed reactor at 375-500 °C and between 1 and 31 bar hydrogen
pressure and tested several pre-reduced catalysts. At 1 bar and 450 °C and using a molybdenum-based
reduced metal catalyst they were able to achieve a carbon recovery for the condensed organics and Ca. of

43.0 % with an oxygen content in the organic phase of 6.2 wt.% dry basis (db) [13]. However, they did not
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report the catalyst composition. Gamliel et al. [14-16] investigated the effect of pressure and catalyst
properties in catalytic hydropyrolysis using a Pyroprobe reactor. Testing different supports (H-ZSM-5, SiO,,
Al,03) showed that the Brgnsted acidity was important for the oxygen removal and could decrease the char
formation by catalyzing decarbonylation and aromatization of the oxygenates, thus minimizing secondary
condensation reactions [15]. This observation has also been confirmed by Chandler and Resende, who
conducted catalytic hydropyrolysis using H-ZSM-5 in a fluid bed reactor [17]. However, it should be noted
that too high acidity can also lead to polymerization and coke formation [15]. Several other research groups
have also used H-ZSM-5 in catalytic hydropyrolysis both as a catalyst [18-23] and as support [19-21,24].
Using H-ZSM-5 as support and impregnating it with different metals (Ni, Co, Mo, Pt, Ru and Pd) generally

increases the aromatic yield [15,19,20].

Limited research within catalytic hydropyrolysis is conducted with sulfided CoMo, NiMo and Mo catalysts.
These catalysts are normally used for hydrotreating crude oil, and have the advantage, compared to most
reduced metal catalysts, that they are sulfur tolerant [25]. This is important because most biomass sources
contains sulfur (0.03-3.4 wt.% db) [26]. Furthermore, it is well-known that these catalysts are active and fairly
stable in hydrodeoxygenation of model compounds and real bio-oil [27—35]. Adding a promoter (Co or Ni) to
MoS; leads to an increased formation of coordinatively unsaturated sites (CUS) [36—38], thereby increasing
the deoxygenation activity [32,39]. One important difference between the two promoters is that NiMoS
mainly removes oxygen through the hydrogenation (HYD) pathway, where the aromatic ring is hydrogenated
prior to the removal of oxygen, while CoMoS mainly removes oxygen without hydrogenating the aromatic
ring, thus following the direct deoxygenation (DDO) pathway [33,39-42]. However, at the temperatures
commonly applied in catalytic hydropyrolysis (400 to 500 °C) the (mono)aromatics are favored by equilibrium
[43], inhibiting the HYD pathway, thus making Co the better promoter. We have previously confirmed this

experimentally [44].
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We have previously investigated the effect of the catalyst in the fluid bed reactor [45] and obtained a
condensable oil yield (condensed organics and Ca.) of 24.0 wt.% daf with a NiMo/H-ZSM-5 mixed with Al,0s,
while using a CoMo/MgAl,O, catalyst gave a condensable organicyield of 21.5 wt.%. A fixed bed HDO reactor
with a NiMo/Al,Os catalyst was used after the fluid bed reactor and the condensed organics contained less
than 0.2 wt.% oxygen. However, the commercial catalysts used in that study could not be characterized in
detail and it was not possible to determine the reason for the high yield with NiMo/H-ZSM-5 mixed with

Al,0s.

In this study, we investigated the effect of the CoMo loading and the effect of the support acidity on the
product distribution and deoxygenation activity. In order to obtain a thorough understanding of the effect of
the catalyst properties on the products, the calcined oxide precursors were characterized with Raman
spectroscopy, NHs-TPD and the BET surface area was measured by nitrogen physisorption and the spent
catalysts were characterized with scanning and scanning transmission electron microscopy (SEM and STEM).

Furthermore, the liquid products were extensively analyzed.

2 Material and methods

2.1 Biomass feedstock

The biomass feedstock was bark free beech wood, which contained 6.72 wt.% moisture and 0.59 wt.% on dry

basis (db) ash. The elemental composition can found elsewhere [43].

2.2 Catalyst preparation

The catalysts were prepared by sequential incipient wetness impregnation on three different support
materials, supplied by Haldor Topsge A/S. MgAl,O, (MgAl) was used as support for testing the effect of the
CoMo loading and two supports consisting of zeolite (H-ZSM-5) mixed with alumina, denoted as ZA#1 and
ZA#2, were used for testing the effect of the support acidity. ZA#2 consisted of 44 % more H-ZSM-5 than

ZA#1. The supports were crushed to obtain particle sizes of 180-355 um, to obtain a good fluidization of the
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bed. Prior to the impregnation, MgAl was calcined in air for 10 hours and in order to keep the Mo/nm? surface
loading constant, the calcination temperature was varied (see Table 1) and the calcined MgAl had a specific
surface area (SSA) between 56 and 200 m?/g. In order to maintain the properties of the zeolite based
supports, ZA#1 and ZA#2, were not calcined prior to the impregnation. The supports had a pore volume

between 0.60 and 0.95 guater/8.

Table 1 Calcination temperature, specific surface area, and pore volume of the used catalyst support materials.

Support Calcination temp. BETSSA Pore volume

(°C) (m?*/g) (8water/8)
MgAl#1 995 56 0.62
MgAl#2 905 9% 0.82
MgAl#3 800 143 0.91
MgAl#4 600 200 0.95
ZA#1 - ND 0.69
ZA#2 - ND 0.60

The support was impregnated with an aqueous solution (corresponding to 110 % the pore volume) of

(NH4)sM070,4:4H,0 (Fluka>99.0%), aged by stirring for ~3 hours and dried overnight at ~ 110 °C in air. A

second impregnation with Co(NOs);:6H,0 (Fluka > 98%) was conducted using the same procedure. The
calcination was conducted with an air flow of 1.24-1.30 NL/min technical air (20% O, in N3) at 500°C (ramp:
5°C/min) and holding for 3 hours. The calcined catalysts were sieved to 180-355 um again to remove any
agglomerates or dust formed during the catalyst preparation. An estimated Mo loading between 3.3 and 3.4
atoms/nm? (see Table 2) was obtained for CoMoMgAIl#1 — #3, while it was 4.7 atoms/nm? for CoMoMgAl#4.
The higher surface loading for CoMoMgAlI#4 was due to a significant decrease in the surface area from 200
to 148 m?/g during the second calcination, possibly due to pore blocking during the preparation. Loadings
lower than 4 atoms/nm? corresponds to a sub monolayer dispersion of Mo-oxide on MgAl,04, assumed
similar to y-Al,0s [46], which should lead to a high dispersion of smaller MoS, particles (when sulfided) with
a moderate activity, thus minimizing the formation of the highly active type Il sites [47]. The loading for
CoMoZA#1 was 0.71 atoms/nm? and the loading for CoMoZA#2 was 0.60 atoms/nm?. The Co to Mo molar

ratio was aimed at 0.3, which should ensure that the less active CosSs phase is not formed [48].
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Prior to the experiment the catalysts were sulfided in-situ in the catalytic hyd

350°C with 1.8 mol % H,S as described elsewhere [44].

Table 2 Composition of the calcined oxide catalyst precursors

ropyrolysis setup at 26 bar,

Catalyst Mo Co Co/Mo Mo load BET SSA
(Wwt.%) (wt.%) (molar) (Atoms/nm?) (m?/g)
CoMoMgAl#1 3.41 0.64 0.30 3.6 60
CoMoMgAIl#2 5.58 0.99 0.29 3.4 102
CoMoMgAI#3 7.74 1.49 0.31 3.3 136
CoMoMgAI#4  10.1 1.86 0.30 4.7 148
CoMoZA#1 3.61 0.67 0.29 0.71 319
CoMoZA#2 3.39 0.60 0.29 0.60 354

2.3 Experimental setup and procedure

The experiments were conducted in a bench scale catalytic hydropyrolysis se

tup (see Figure 1), which is

described in detail elsewhere [43]. In brief, the setup consisted of a gas feeding system (H, flow: 82 NI/min,

N flow: 5 NI/min), a biomass feeding system (feeding rate: 270-282 g/h), a fluid bed reactor (operated at

450 °C), followed by a filter for char removal, a condensation system, and an online GC measuring the gas

composition every 10 min. The total experimental time was between 2.5 and 3.5 h, and the char and

condensed liquids were first collected after the experiment was completed. The experimental error for the

solids (char and coke), C;-Cs, total CO and CO,, aqueous phase, and condensable organics (condensed

organics and Ca. in the gas) were previously determined to 0.5, 0.2, 0.5, 1.5, and 0.5 wt.% daf, respectively

[45].
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Figure 1. Simplified piping and instrumentation diagram of the catalytic hydropyrolysis setup. Reprinted with permission from

[44]. Copyright 2019 American Chemical Society.

2.4 Liquid phase analysis methods

The condensed organic phase was extensively characterized as described in detailed elsewhere [43—45]. The
hydrogen and sulfur contents were measured using ASTM method D7171 and D4292. The density was
measured according to ASTM D4052 and oxygen content was measured with a Flash 2000 elemental analyzer
at DB Lab A/S. The water content in the organic phase was measured with Karl Fisher titration and the total
acid number (TAN) was measured by titration with KOH at DB lab A/S. The condensed organic phase was also

analyzed with GCxGC-ToF/MS and sulfur specific GC-AED.

Carbon specific GC-AED was used to determine the carbon content in the aqueous phase, and the organic

compounds were identified by use of GC-MS/FID as described elsewhere [45,49].

10
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2.5 Catalyst characterization
Several methods were used to characterize the fresh and spent catalysts and detailed descriptions can be

found elsewhere [45,49]. The composition (cobalt, molybdenum) of the calcined oxide catalyst precursors
were determined using inductive coupled plasma optical emission spectroscopy (ICP-OES) when MgAI was
used as support material and wavelength dispersive X-ray fluorescence (WD-XRF) when H-ZSM-5 mixed with
alumina was used as support material. The surface area of the calcined oxide catalyst precursors were
measured with N,-physisorption (BET). The acidity was measured using temperature programmed ammonia
desorption (NHs-TPD). Raman spectroscopy on the samples was performed at ambient conditions. The
samples were both analyzed in a fluidized bed set-up, as described by Beato et al. [50], and at different spatial

spots.

The carbon and potassium contents on the spent catalysts were measured using scanning electron
microscopy (SEM) equipped with an EDS detector. Transmission electron microscopy was used to determine
the slab length and the degree of stacking. Elemental maps were obtained in scanning transmission mode
(STEM) and used investigate the potassium and calcium on the spent catalysts. A detailed description of the

used methods can be found elsewhere [45,49].

3 Results and Discussion

A summary of reaction conditions, mass balances, and properties of the condensed liquids is shown in Table
3. The mass balance closed between 97.8 and 100.4 wt.% daf, the feeding rate varied between 270 and 282
g/h, and the feeding time varied between 2.5 and 3.5 hours. The liquid phases from experiment 2 were
contaminated and were therefore not analyzed. A detailed gas composition is provided in the supplementary
information, Table S.1. It should be noted that the results from experiment 1 has previously been published
[44], and are included here as reference. The carbon recovery was defined as the carbon in the product
divided with the carbon in biomass multiplied by 100 and the Cs. efficiency was defined as the sum of the

carbon recovery in Cs. gasses and the condensed organic phase.

11
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Table 3 Summary of reaction conditions and mass balance for catalytic hydropyrolysis of beech wood in a fluid bed reactor with
sulfided CoMo catalysts with different loadings and using different supports.

Test 1 2 3 4 5 6
Test conditions

FB temperature (°C) 451 450 454 450 454 454
FB catalyst CoMoMgAl#1l CoMoMgAIl#2 CoMoMgAl#3 CoMoMgAl#4 CoMoZA#1 CoMoZA#2
Pressure (bar) 26 26 26 26 26 26
Feed time (h) 3.5 3.5 3.4 3.4 35 2.5
Feeding rate (g/h) 275 275 280 276 270 282
H,S conc.(ppm) 460 460 460 460 460 460
H, flow (NL/min) 82 82 82 82 82 82
N, flow (NL/min) 5 5 5 5 5 5
Yields (wt. daf %)

Gas 26.1 28.8 30.8 29.7 27.9 30.0
Char + coke 13.3 13.0 131 13.2 13.0 13.3
Aqueous phase 33.3 33.2 32.6 33.1 33.1 33.2
Organic phase 17.7 13.4 12.1 11.9 14.3 14.0
Ca+ in the gas 7.5 10.1 10.6 10.8 10.1 9.9
Organics + Cy+ 25.2 23.5 22.7 22.7 24.4 23.9
Mass balance 97.8 98.5 99.2 98.8 98.8 100.4
Carbon recovery (%)

Ci1-Gs 19 23 25 24 25 27
Cas 13 17 18 18 17 17
CO+CO, 11 11 12 11 11 11
Organic phase 26 ND 18 18 22 22
Aqueous phase 3.2 ND 1.1 0.97 0.67 0.97
Ca. efficiency 39 ND 36 37 40 39
Organic phase composition

Water (wt.%) 3.3 ND 1.6 1.2 1.3 1.3
C* (wt.% db) 81 ND 84 85 85 85
H (wt.% db) 9.39 ND 9.56 9.70 9.30 8.99
O (wt.% db) 9.0 ND 6.2 4.7 5.2 6.1
S (wt.% db) 0.22 ND 0.27 0.27 0.18 ND
Organic phase physical properties

Density at 40°C (g/ml) 0.9428 ND 0.9308 0.9185 0.9511 0.9515
TAN (mgkon/g) 4.00 ND 0.40 0.30 ND 0.60
Aqueous phase composition (wt.%)

C 4.3 ND 1.5 1.3 0.9 1.3
Gas composition (wt.% daf)

co 6.5 8.3 8.9 8.9 6.7 7.7
CO, 9.2 7.7 7.8 8.9 8.3 8.4
Ci1-Gs 10.3 12.7 14.1 14.0 13.0 13.9
Cas 7.5 10.1 10.6 10.8 10.1 9.9

*By difference

3.1 Product distribution
The product distribution is shown in Figure 2. The condensable organic yield decreased from 25.2 to 22.7

wt.% daf when the CoMo loading was increased from 4.1 to 12.0 wt.%, see Figure 2(A). Likewise the
condensable organic yield decreased from 25.2 to 24.4 and 23.9 wt.% daf when CoMoMgAl#1 was replaced
with the similarly CoMo loaded CoMoZA#1 and CoMoZA#2, respectively. Thus, only a minor difference was

observed between CoMoZA#1 and CoMoZA#2. The total gas yield, shown in Figure 2(B), increased with the

12
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CoMo loading from 26.1 wt.% daf when the CoMo loading was 4.1 wt.% to 30.8 wt.% daf when the CoMo
loading was increased to 9.2 wt.%. Further increasing the CoMo loading to 12.0 wt.% slightly decreased the
total gas yield to 29.7 wt.% daf, due to a decrease in the CO and CO; yield. The total CO and CO, yield varied
between 15.8 and 16.7 wt.% daf when the CoMo loading was varied, thus almost constant. The C;-C; yield
increased from 10.3 to 14.1 wt.% daf when the CoMo loading was increased from 4.1 to 9.2 wt.%, but
remained constant for 12.0 wt.% CoMo . The total gas yield also increased when CoMoZA#1 (27.9 wt.% daf)
and CoMoZA#2 (30.0 wt.% daf) was used instead of CoMoMgAl#1 (26.1 wt.%). This was due to an increased
yield of C;-C5, which was 10.3 wt.% daf for CoMoMgAI#1, 13.0 wt.% daf for CoMoZA#1 and 13.9 wt.% daf for
CoMoZA#2. CoMoZA#2 (higher acidity) produced more CO, CO; and C;-C; than CoMoZA#1. The char and coke
yield varied between 13.0 and 13.3 wt.%, thus the variations were within the experimental uncertainty, which
indicates that the char and coke yield are independent of the CoMo loading and the support acidity, in the
tested range. Likewise, the variations in the aqueous phase yield between 32.6 and 33.3 wt.% daf was within

the experimental uncertainty.
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Figure 2 Effect of CoMo loading and support on the condensable organics yield (A), gas yield (B), solid yield (C), and aqueous phase
yield (D). Conditions: Fluid bed temperature: 450-455°C, total pressure: 26 bar, biomass feeding rate: 270-282 g/h, feed time: 2.5-
3.5 h, H, flow: 82 NL/min, N, flow: 5 NL/min, and H,S conc: 460 ppm.

Figure 3(A) shows the CO and CO, yield and indicates that the CO; yield decreases with increasing CoMo
loading. The CO; yield was 9.2 wt.% daf when the CoMo loading was 4.1 wt.%, which decreased to 7.7 wt.%
daf when the CoMo loading was increased to 12.0 wt.%. Furthermore, increasing the CoMo loading from 4.1
to 9.22 wt.% increased the CO yield from 7.6 to 8.9 wt.% daf, but further increasing the CoMo loading did
not increase the CO yield. These results indicate that the catalysts reversed water-gas shift (R.1) and
reforming (R.2) activities increase with increasing CoMo loading, thus the CO/CO; ratio approaches
equilibrium (see supplementary information Figure S.1). However, it could also be due to changes in the
catalysts decarbonylation and decarboxylation activity. Using CoMoZA#2 instead of CoMoMgAI#1 decreased
the CO, yield from 9.2 to 8.4 wt.% daf and increased the CO yield from 6.5 to 7.7 wt.% daf. Interestingly, the
CO; yield decreased to 7.8 wt.% daf when the CoMoZA#1 was used, but the CO yield only increased to from
6.5 to 6.7 wt.% daf. This indicates that the change in the support alters the catalysts decarbonylation and/or
decarboxylation activity and the CO/CO; ratio increases and approaches equilibrium with increasing support

acidity (CoMoZA#2).

CO, + H, = CO + H,0 (R.1)

CH, + H,0 = CO + H, (R.2)

14
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Increasing the CoMo loading from 4.1 wt.% to 12.0 wt.% daf decreased the olefin yield from 3.6 to 2.1 wt.%
daf and the paraffin yield increased from 3.2 to 5.9 wt.% (see Figure 3 B), thus showing an increase in the
hydrogenation activity. Using CoMoZA#1 and CoMoZA#2 instead of CoMoMgAl#1 increased both the C,-C5
olefin and paraffin yield. The paraffin yield increased to 5.8 wt.% daf for CoMoZA#1 and 6.0 wt.% daf for
CoMoZA#2 and the olefin yield increased to 4.2 wt.% daf for CoMoZA#1 and 4.6 wt.% daf for CoMoZA#2.
Furthermore the observed increase in the total C;-C; yield, shown in Figure 2(B), is due to the increase in the
C,-Csyield, while the methane yield decreased from 3.5 wt.% for CoMoMgAI#1 to 2.9 wt.% daf for CoMoZA#1
and 3.3 wt.% daf for COMoZA#?2. It is therefore likely that the increased C,-C; paraffin and olefin yield is due
to an increased cracking and hydrocracking activity for the CoMoZA#1 and CoMoZA#2 compared to

CoMoMgAIl#1, which can be ascribed to their higher acidity.
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Figure 3 Effect of CoMo loading and support on the CO and CO, yield (A) and C,-C; paraffin and olefin yield (B). Conditions: Fluid
bed temperature: 450-455°C, total pressure: 26 bar, biomass feeding rate: 270-282 g/h, feed time: 2.5-3.5 h, H, flow: 82 NL/min,
N; flow: 5 NL/min, and H,S conc: 460 ppm.

3.2 Chemical composition of the condensed liquids
3.2.1 Organic phase

3.2.1.1 Oxygen and hydrogen content
The oxygen and hydrogen content in the condensed organics are shown in Figure 4. As the CoMo loading is

increased from 4.1 to 12.0 wt.% for the MgAl,04 support the oxygen content decreased from 9.0 to 4.7 wt.%
db and the hydrogen content increased from 9.39 to 9.70 wt.% db, showing that the deoxygenation and

hydrogenation activity increased with increasing CoMo loading, as expected. Using CoMoZA#1 and
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CoMoZA#2 also decreased the oxygen content in the condensed organics, thus the oxygen content was 5.2
wt.% db for CoMoZA#1 and 6.1 wt.% db for CoMoZA#2. The increased deoxygenation activity cannot be
explained with an increased decarboxylation and/or decarbonylation activity, since the total CO and CO, yield
did not increase, indicating that the ZA#1 and ZA#2 supports have a promoting effect on the
hydrodeoxygenation activity. Using CoMoZA#1 and CoMoZA#2 also decreased the hydrogen content from
9.39 wt.% db when using CoMoMgAIl#1 to 9.30 and 8.99 wt.% db, respectively, indicating a decrease in the
hydrogenation activity. As shown in Table 3 increasing the CoMo loading from 4.1 wt.% to 12.0 wt.% also
decreased the density of the condensed organics from 0.943 to 0.936 g/ml, which was probably due to the
decreased oxygen content. However, the density increased from 0.943 g/ml when using CoMoMgAIl#1 to
0.952 and 0.968 g/ml when using CoMoZA#1 and CoMoZA#2, respectively. The TAN for the condensed
organics, when CoMoMgAl#1 was used, was 4.00 mgkon/g, which decreased to 0.30 mgxon/g when the CoMo
loading was increased to 12.0 wt.% and 0.60 when ZA#2 was used as support (see Table 3). This shows that
both increasing the support acidity and the metal loading efficiently removes the acid in the condensed

organics, which minimizes the risk of corrosion when storing the product.
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Figure 4 Effect of CoMo loading and support on the oxygen and hydrogen content in the condensed organics. Conditions: Fluid bed
temperature: 450-455°C, total pressure: 26 bar, biomass feeding rate: 270-282 g/h, feed time: 2.5-3.5 h, H, flow: 82 NL/min, N,
flow: 5 NL/min, and H,S conc: 460 ppm.
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3.2.1.2 GCxGC-MS/FID
The condensed organic phases were also analyzed with GCxGC-MS/FID. The detected components were

divided into the following groups: naphthenes, monoaromatics, diaromatics, triaromatics, larger aromatics,
phenols, dihydroxybenzenes, larger oxygenated aromatics, oxygenated aliphatics, paraffins, and sterols. The
concentration of paraffins was between 0.46 and 2.2 % area-FID, see supplementary information Figure S.2.
The concentration of tri-and larger aromatics varied between 5.9 and 3.9 % area-FID and decreased with the
increasing CoMo loading. Changing the support did not significantly change the concentration of tri-and
larger aromatics, thus the concentration was 5.2 % area-FID when CoMoMgAl#1 was used and 5.9 and 5.4 %
area-FID when CoMoZA#1 and CoMoZA#2 were used, respectively. The concentration of dihydroxybenzenes
was between 1.0 and 2.4 % area-FID and decreased with increasing CoMo loading. Traces of sterols (<0.2 %

area-FID) were found in all the analyzed organic phases.

Figure 5A shows the concentration of the naphthenes, monoaromatics and diaromatics. As the CoMo loading
was increased from 4.1 to 12.0 wt.% the concentration of monoaromatics increased from 8.3 to 27.1 % area-
FID, the concentration of diaromatics was constant between 10.6 and 12.1 % area-FID, and the concentration
of naphthenes increased from 8.0 to 15.3 % area-FID. The increase in the concentration of naphthenes was
probably due to the increased hydrogenation activity when the CoMo loading was increased. Using the
zeolite based supports increased the monoaromatic concentration from 8.3 % area-FID with CoMoMgAl#1
to 19.0 and 27.7 % area-FID for CoMoZA#1 and CoMoZA#2, respectively. Only a small change in the
concentration of naphthenes was observed, which was 8.0 % area-FID for CoMoMgAl#1, 8.2 % area-FID for
CoMoZA#1 and 5.7 % area-FID for CoMoZA#2, hence not correlated to the amount of zeolite in the support.
The concentration of diaromatics also increased from 10.6 % area-FID for CoMoMgAIl#1 to 22.1 and 17.4

area-FID for CoMoZA#1 and CoMoZA#2, respectively.
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Figure 5 Effect of CoMo loading and support on the concentration of naphthenes, monoaromatics, and diaromatics (A) and the
concentration of oxygenated aliphatics, phenols, and larger oxygenated aromatics (B). Conditions: Fluid bed temperature: 450-
455°C, total pressure: 26 bar, biomass feeding rate: 270-282 g/h, feed time: 2.5-3.5 h, H, flow: 82 NL/min, N, flow: 5 NL/min, and
H,S conc: 460 ppm.

The concentration of phenols decreased from 39.5 to 38.3 % area-FID when the CoMo loading was increased
from 4.1 to 9.2 wt.%, but decreased to 31.4 % area-FID when the loading was increased to 12.0 wt.%. The
concentration of oxygenated aliphatics decreased from 19.1 to 6.3 % area-FID when the CoMo loading was
increased from 4.1 to 9.2 wt.%, but further increasing the loading to 12.0 wt.% only decreased the
concentration to 6.2 % area-FID, thus the difference was within the uncertainty. The concentration of larger
oxygenates decreased with the CoMo loading from 5.4 % area-FID at 4.1 wt.% to 2.4 area-FID at 12.0 wt.%.
Overall, this indicates that the oxygenates are easily removed when the CoMo loading is increased, while
more activity is needed to remove the phenols. The decrease in the concentration of phenols is not enough
to explain the increased concentration of monoaromatics and naphthenes, thus it is very likely that some of
the oxygenated aliphatics have participated in alkylation reactions with the aromatics, thus increasing the
monoaromatic yield. Similarly Lai et al. [51] observed alkylation reactions when upgrading catalytic

hydropyrolysis vapors in a fluid bed reactor.

The concentration of oxygenated aliphatics decreased from 19.1 % area-FID for the CoMoMgAIl#1 to 5.0 and
4.5 % area-FID for CoMoZA#1 and CoMoZA#2, respectively. The phenol concentration decreased from 39.5
% area-FID to 35.7 % area-FID when the CoMoZA#1 was used instead of CoMoMgAIl#1 and using CoMoZA#2

decreased the concentration to 34.2 % area-FID, thus indicating a similar deoxygenation activity for
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CoMoZA#1 and CoMoZA#2. Overall, the zeolite supported catalysts increased the aromatic yield both by
deoxygenation of the phenols, but also by enhancing alkylation reactions. Furthermore, the increase in

selectivity for monoaromatics with increasing zeolite loading was likely due to the enhanced alkylation.

3.2.1.3 Sulfur specific GC-AED
The condensed organics from the experiment with the CoMoMgAIl#1, CoMoMgAl#3, CoMoMgAl#4, and

CoMoZA#2 were analyzed with sulfur specific GC-AED. Lists of the detected S containing hydrocarbons can
be found in supplementary information Tables S.2-S.6. The samples contained between 185 and 970 wt-ppm
organic S, which was divided into five groups: thiols, thiophenes, benzothiophenes, other
(methylethylsulfide, dimethylsulfide, carbonylsulfide, dihexyldisulfide), and unidentified as shown in Figure
6. Increasing the CoMo loading from 4.1 to 9.2 wt.% decreased the thiol concentration from 55 to 11 wt-
ppm S, which was probably due to a lower concentration of olefins, which otherwise can be converted into
thiols through recombination reactions [52-55]. Interestingly, increasing the CoMo loading also increased
the concentration of thiophenes from 80 to 250 wt-ppm S and the concentration of benzothiophenes from
29 to 71 wt-ppm S. However, the concentration of unidentified sulfur containing molecules decreased from
501 to 268 wt-ppm, thus the concentration of organic bound sulfur decreased from 823 to 766 wt-ppm S.
Further increasing the CoMo loading to 12.0 wt.% decreased the organic sulfur concentration to 545 wt-ppm
S, showing that increasing the CoMo loading decreases the sulfur concentration. The reason for the increase
in the concentration of thiophenes and benzothiophenes, when the CoMo loading is increased, is possibly
because a larger fraction of the sulfur containing molecules was identified (see Figure 6). Unidentified sulfur

containing molecules might be substituted thiophenes and benzothiophenes.

Increasing the fraction of H-ZSM-5 in the support increased the concentration of thiophenes, hence it was 80
wt-ppm S when CoMoMgAI#1 was used, 341 wt-ppm S when CoMoZA#1 was used, and 605 wt-ppm S when
CoMoZA#2 was used. The total concentration of organic bound sulfur increased from 823 wt-ppm S for the
CoMoMgAI#1, to 1121 wt-ppm S for CoMoZA#1, and to 1060 wt-ppm S for the CoMoZA#2, thus H-ZSM-5

increases the amount of sulfur incorporated into the organics. Since formation of thiophenes occurs in fluid
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catalytic cracking units where zeolite catalysts are used, it is assumed that the incorporation of sulfur in

catalytic hydropyrolysis takes place through similar reaction mechanisms as in an FCC unit [56,57].

This indicates that while having a higher support acidity reduced the oxygen content in the condensed organic
phase, it increased the sulfur content, which needs to be removed before it can be used as transportation
fuel in the US and EU [58,59]. Dibenzothiophenes, which are known for being very difficult to remove from
diesel [60], were not detected in the any of the organic phases, indicating that the sulfur can be removed

simultaneously with the removal of the remaining oxygen.
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Figure 6 Concentration of sulfur species in the condensed organic phases from experiments with the CoMoMgAl#1, CoMoMgAl#3,
CoMoMgAl#4, CoMoZA#1, and CoMoZA#2 catalyst analyzed with S specific GC-AED. Conditions: Fluid bed temperature: 450-455°C,
total pressure: 26 bar, biomass feeding rate: 270-282 g/h, feed time: 2.5-3.5 h, H, flow: 82 NL/min, N, flow: 5 NL/min, and H,S
conc: 460 ppm.

3.2.2 Aqueous phase
Carbon specific GC-AED was used to determine the carbon recovery in the aqueous phases and is shown in

Figure 7(A). Increasing the CoMo loading from 4.1 to 9.2 wt.% for the MgAl,04 support decreased the carbon
recovery in the aqueous phase from 3.2 to 1.1 %, further increasing the CoMo loading to 12.0 wt.% decreased
the carbon recovery to 0.97 %, thus as the CoMo loading is increased its impact on the carbon recovery in
the aqueous phase decreased. Changing the support material decreased the carbon recovery in the aqueous

phase from 3.2 % for CoMoMgAl#1 to 0.67 % for CoMoZA#1 and 0.97 % for CoOMoZA#2.
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The aqueous phase was also analyzed with GC-MS/FID and the detected molecules were divided into 6
groups: alcohols, furans, acids, phenols, ketones and unidentified as shown in Figure 7(B) and detailed lists
of the detected species in the aqueous phases are shown in supplementary information Table S.7-S.11.
Increasing the CoMo loading from 4.1 to 12.0 wt.% decreased the concentration of alcohols from 68.5 to 35.8
% area-FID and decreased the concentration of ketones from 19.1 to 7.6 % area-FID, while the phenol
concentration increased from 6.7 to 47.1 % area-FID. The increased relative concentration of phenols when
the CoMo loading was increased was due to the decreased concentration of alcohols and ketones and
decreased carbon in the aqueous phase overall. The concentration of acids increased from 3.8 to 5.5 % area-
FID when the CoMo loading was increased from 4.1 to 12.0 wt.%. However, because of the concurrent
decrease in the carbon recovery in the aqueous phase the total amount of acids decreased. Varying the
support material also lead to a decrease in the concentration of alcohols, thus the concentration was 68.5 %
area-FID when the CoMoMgAIl#1 was used, but 21.1 and 16.1 % area-FID when the CoMoZA#1 and
CoMoZA#2 were used, respectively. This supports the observation for the organic phase that the zeolite
supported catalysts removes the oxygenated aliphatics. The relative concentration of phenols increased from
6.7 % area-FID to 48.8 % area-FID for CoMoZA#1 and 59.1 % area-FID for CoMoZA#2. The relative
concentration of acids increased from 3.8 % area-FID for CoMoMgAIl#1 to 5.5 % area-FID for CoMoZA#1 and
5.6 % area-FID for CoMoZA#2. The relative concentration of ketones was close to constant at 19.1 % area-
FID for CoMoMgAl#1, 20.0 % area-FID for COMoZA#1, and 17.8 % area-FID for CoMoZA#2. Furans were only
detected in the aqueous phase from the experiment with CoMoMgAIl#1 (0.43 % area-FID) and CoMoZA#1
(0.54 % area-FID). These results therefore show that both increasing the CoMo loading and support acidity
leads to an increased relative concentration of phenols in the aqueous phase, due to deoxygenation of the
oxygenated aliphatics. The main difference between increasing the CoMo loading and support acidity is that
increasing the CoMo loading leads to both a decrease in the alcohols and ketones, while increasing the
support acidity only decreases the relative concentration of alcohols. This is most likely because having a

higher support acidity increases the degree of alkylation, as previously discussed in section 3.2.1.2.
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Figure 7 Effect of CoMo loading and support on carbon recovery in the aqueous phase (A) and the composition of the aqueous
phase (B). Conditions: Fluid bed temperature: 450-455°C, total pressure: 26 bar, biomass feeding rate: 270-282 g/h, feed time: 2.5-
3.5 h, H, flow: 82 NL/min, N, flow: 5 NL/min, and H,S conc: 460 ppm.

3.3 Characterization of catalysts

3.3.1 Characterization of catalyst oxide precursors

3.3.1.1 NH;-TPD
The acidity of the fresh oxide precursors was investigated with NHs3-TPD, as shown in Figure 8. For

CoMoMgAIl#1 — CoMoMgAl#4 the number of acidic sites increased with increasing surface area (see Figure
S.3), as expected. Furthermore, the desorption rate peaks at 255 °C for CoMoMgAIl#1 and at 270 °C for
CoMoMgAl#4, thus the desorption rate peaks at a higher temperature when the surface area is increased,
indicating that the acid strength increases when the calcination temperature is decreased and/or the CoMo

loading is increased.

CoMoMgAl#1 = - - - CoMoMgAI#2 CoMoMgAI#3
6x10° CoMoMgAl#4 = = CoMoZA#1 CoMoZA#2
x10° -

= -5 | ’ - \

S 5x10 , N

£ ' :

E 5 \

o 4x107 A I’ \

o ) \

S 3x10° R N
2 2x10°- I' N s

[a} G ‘N,

1/ ~

1x107° A 4 .~ -
7
4
0+ T T T T T T
150 200 250 300 350 400 450 500

Temperature (°C)

Figure 8 NH;-TPD profiles for the oxide catalyst precursors
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The two zeolite based catalyst precursors CoMoZA#1 and CoMoZA#2 both have a larger number of acidic
sites than the MgAl,04 based catalysts, which can be seen by both the higher desorption rate in Figure 8 and
the higher amount of NH; adsorbed and desorbed as shown in Table 4. A substantial difference between the
desorption curve of the MgAl supported catalysts and ZA supported catalysts is that the MgAl supported
catalysts only have one peak around 260°C, while ZA catalysts have two around 260 °C and 360-410 °C. For
the ZA catalysts the first peak is probably mainly due to desorption of NHs from the alumina, while the second
peak is mainly due to desorption from the zeolite. Interestingly, the amount of NH; adsorbed is 0.564 mmol/g
for the CoMoZA#1 and 0.529 mmol/g for the CoMoZA#2, indicating that there are more acidic sites on
CoMoZA#1 than CoMoZA#2, thus the alumina contains more acidic sites than the zeolite. However, the
second desorption peak on CoMoZA#1 is at 360 °C while it is at 410 °C for CoMoZA#2, showing that

CoMoZA#2 has stronger acid sites than CoMoZA#1.

Table 4 Concentration of acidic sites (NHs-TPD) for the oxide catalyst precursors

CoMoMgAI#1 CoMoMgAl#2 CoMoMgAl#3 CoMoMgAl#4 CoMoZA#1 CoMoZA#H2

NHs adsorbed 0.127 0.259 0.333 0.378 0.564 0.529
(mmol/g)
NHs desorbed 0.124 0.251 0.323 0.374 0.516 0.494
(mmol/g)

3.3.1.2 Raman spectroscopy
The phases present in the calcined oxide precursors were determined using Raman spectroscopy, as shown

in Figure 9. Three or four spectra were measured at different spots for each sample, see supplementary
information Figure S.4, which showed a slight variation between different spots for the same catalyst,
indicating some phase heterogeneity. For CoMoMgAl#1 the bands observed at 407, 678, and 771 cm™ were
ascribed to the MgAl,0, spinel support [61]. The intensity of these bands decreased with increasing CoMo
loading. This was probably due to lower MgAl,0, surface concentration and darkening of the sample. In
addition, as the calcination temperature was decreased with increasing CoMo loading (to adjust the surface
area) the crystallization of the spinel phase was less developed (see supplementary information Figure S.5).
For CoMoZA#1 and CoMoZA#2 the bands at 301, 373, 470, and 828 cm™ were ascribed to H-ZSM-5, while the

bands at 565 and 670 cm™ were ascribed to Al,Os.
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Crystalline MoOs; has a sharp peak at 992 cm™ due to terminal Mo=0 stretching [62], a phase which can
therefore be ruled out. The broad band at 920-950 cm™ observed for all the MgAl,O, supported samples
corresponds to a Mo-O distance of approximately 1.7 A, which is related to terminal Mo=0 units. In the
presence of ambient humidity, dispersed MoOy surface species can get rehydrated and form mixtures of
Mo0O4* (aq) (isolated, tetrahedral), M07024% and MogO26* (aq) depending on the acid-base properties of the
support [63]. Therefore, the observed band at 320-340 cm™ is assighed to distorted MoO,*> species [63],
which also contributes at 837 and 897 cm™. Furthermore Mo;0,4* contributes at 210, 270, 362, 903, and 943
cm, while MogO2¢* at 230, 370, 590, 925, 965 cm™ [62,63]. The intensity of the band at 595 cm™ increased
with increasing CoMo loading, indicating that more MogO,6* is formed at high loadings, which is probably
related to the slightly higher surface acidity of the support. The sharp peaks at 370 cm™ and 879 cm™ (only
observed for CoMoMgAl#1) can be assigned to hydrated CoMoO,4 and would represent a Mo-O distance of
1.75 A [64] which is most likely a Mo-O-X (X=support or active metal) entity. The presence of a sharp doublet
at 940-950 cm™ is only observed for CoMoMgAIl#1 and ascribed to B-CoMo04 [65]. It should be noted that
the hydrated CoMo0Q4-xH,0 phase has a small band at ~870 cm™ together with a broad band at ~930 cm™
[65], which reflects that the metal coordination for CoMo0QO4:xH,0 and B-CoMoOQ, are very similar, both
containing CoOs octahdra and MoQ, tetrahedra [66]. It is noted that the small band at ~870 cm™ decreases
with increasing metal loading. Cos0, would have its main contribution at 692 cm™, which is not observed,
thus indicating that Co is mainly located as hydrated CoMoO,. A monolayer coverage of Mo on Al;0;
corresponds to 4.5 Mo atoms/nm? [62]. Assuming an even distribution of CoMo on the support, the MgAl,0,4
supported samples exhibits a monolayer coverage of approximately 73-104 %, thus interactions between the
molybdenum species are expected and true isolated sites are unlikely. However, assuming an even
distribution on the H-ZSM-5 and Al,0; the coverage for CoMoZA#1 and CoMoZA#2 was 16 and 13 %,
respectively, which makes isolated sites more likely. On the other hand, as discussed in section 3.3.2.2, the
CoMo was mainly located on the Al,0s, thus the coverage was higher on the Al,0; compared to H-ZSM-5.

Furthermore, the blue shift of the Mo=0 related bands toward 975 cm™ for the zeolite containing supports
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is likely related to a higher degree of polymerization of the surface Mo-species (as e.g. B-Mos036*), an effect

of the increasing surface acidity of the support [67].

Overall, the Raman spectra showed that the Co and Mo species formed on the MgAl,0, supported catalysts
were similar and mainly related to CoMoO, phases. This was the purpose of adjusting the total surface area
and maintaining approximately constant Mo/nm? surface loading and Co/Mo ratio when changing the total
metal loading. The two ZA supported catalysts also showed similar Mo and Co species, which were mainly

present as dispersed polyoxometalates like B-MogO26*.
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Figure 9 Raman spectra of oxide catalyst precursors (calcined, not dehydrated). The Raman bands were assigned to hydrated MoO
(gray), hydrated CoMoO, (blue), MgAl,0, (yellow), H-ZSM-5 (red), and Al,Os (green).

3.3.2 Characterization of the spent catalysts

3.3.2.1 SEM-EDS
The catalysts were analyzed with SEM combined with EDS to quantify the carbon and potassium content. The

carbon and potassium content of both the fresh and spent catalysts were measured at 3, 5, 10 and 15 kV. At
3 kV the concentration near the surface was measured, while at 15 kV a larger volume towards the bulk was
measured integrating the signals from both the surface and bulk. However, even at 15 kV the expected
penetration depth is only 1.7 um, as described in [44]. The measured carbon and potassium concentration
on the fresh and spent catalysts are shown in supplementary information Table S.12. Since the sample is

placed on carbon tape it is assumed that this gives an offset for the carbon measurement, however this is

25



437

438

439

440

441

442

443

444

445

446

447

448

449

450

451

452

453

accounted for by subtracting the carbon content measured on the fresh catalyst (placed on the same tape)

from the content measured on the spent catalyst.

Figure 10(A) shows the carbon content (measured at 15 kV) per square meter surface area of the
corresponding fresh catalyst. The relative carbon content on the spent catalysts increased from 0.25
MEcarbon/M? 10 0.92 MEearbon/M? When the surface area increased from 60 to 148 m?/g. Part of the reason for
the increasing carbon content is that the number of acidic sites and the acid strength of the fresh oxide
precursor increased with increasing surface area (see Figure 8 and Table 4). de Jong et al. [68] investigated
coking of MoS,/Al,0; catalysts during hydroprocessing of vacuum gas oil and observed an increase in the
degree of coking when the Mo loading was increased. The increase was most likely because the Brgnsted
sites on MoS; promote the formation of coke through the formation of carbonium cations as intermediates
[69]. Therefore, the increased loading, and thus increased Brgnsted acidity, has most likely increased the
carbon content on the spent catalyst in this work. The carbon content on the spent CoMoZA#1 and
CoMoZA#2 was 0.11 and 0.092 mgermon/Mm?, hence significantly lower than for CoMoMgAl#1 (0.25
Mgcarbon/M?). This is probably because the micro pores in the zeolites are too narrow for the larger aromatics
to enter. Despite that the carbon content per square meter decreased, the total carbon content
(Mgcarbon/Beatalyst) ON the spent CoMoZA#1 and CoMoZA#2 did increase compared to CoMoMgAI#1 (see

supplementary information Figure S.6).
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Figure 10 Effect of CoMo loading and support on the carbon content (A) and the potassium content measured at 15 kV (B) on the
spent catalysts. Conditions: Fluid bed temperature: 450-455°C, total pressure: 26 bar, biomass feeding rate: 270-282 g/h, feed
time: 2.5-3.5 h, H; flow: 82 NL/min, N, flow: 5 NL/min, and H,S conc: 460 ppm.

The potassium content on the spent catalysts varied between 0.40 and 0.55 wt.% (see Figure 10(B)), which
was within the uncertainty of the measurement. It is well-known that that potassium can decrease the
number of Brgnsted acid sites [70—74], which decreases the HDO activity of sulfided NiMo catalysts [55],
hence catalyst deactivation due to potassium transferred from the biomass could be a serious problem. Since
the catalyst saturation level, at which potassium does no longer diffuses into the catalyst, is likely correlated
with the number of Brgnsted sites [70], significantly more potassium can potentially be transferred to the
zeolite based catalysts, CoMoZA#1 and CoMoZA#2. However, since there is no significant difference in the
potassium level of the spent catalyst, this indicates that the catalysts are not saturated with potassium and
the content of potassium was limited by the transfer from the biomass to the catalyst. This is expected since
the total amount of biomass used per catalyst mass was also relatively low in these experiments. Thus, the
advantage of using zeolite based supports might decrease when the process is up-scaled, because they will

lose their acidity over time.

3.3.2.2 HAADF-STEM
The spent catalysts were also characterized with HAADF-STEM and an image of the spent CoMoMgAI#3 is

shown in Figure 11(A). This shows nanometer sized slab structures with bright contrast, which are well-
dispersed on the surface of the support grains. An example of a two-layer slab structure is indicated in the
figure, where the interlayer distance of 0.62 nm is in accordance with the MoS; (002) crystal planes. Therefore
the bright-contrasted slabs are ascribed to MoS; nanocrystals observed with the (001) basal plane along the
direction of the electron beam and located with the basal-plane on the surface of the MgAl,Q,, as previously
reported [75]. The slab lengths for the spent catalysts were measured from the STEM images (173-199 slabs
per sample) and fitted with a log-normal distribution as shown in Figure 11(B). The slab length distribution
was narrower for the zeolite mixed with alumina supported catalysts compared to the catalysts supported

on MgAl,04. The mean slab length was 1.96 nm for CoMoZA#1 and 2.25 nm for CoMoZA#2, while it was
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between 2.65 and 3.07 nm for the catalysts supported on MgAl,O,. The frequency of monolayer slabs was
between 94 and 99 % for all the catalysts, as shown in Figure 11(C), indicating a fairly similar degree of
stacking and that most of the active sites were of the Type | structure [47]. The difference in slab length is
most likely due to a lower Mo loading on the CoMoZA#1 (0.71 atoms/nm?) and CoMoZA#2 (0.60 atoms/nm?)

compared to the catalysts on MgAl,04 (3.3-4.7 atoms/nm?).
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Figure 11 HAADF-STEM image of CoMoMgAI#3 (A), log-normal distribution of the MoS; slab lengths for the used catalysts (B),
and the degree of MoS; stacking (C).

An example of the distribution of cobalt, molybdenum, and sulfur is shown for COMoZA#2 in Figure 12. The
alumina and zeolite phases are clearly discriminated by having a high concentration in aluminum or silicon
EDS signals, respectively, see Figure 12 (A). It is observed that a layer of about 50-100 nm alumina is
surrounding the zeolite crystals and that the cobalt, molybdenum, and sulfur are well-distributed on the
alumina parts of the catalyst. This is consistent with the observed uniformly and well-distributed MoS;
structures in Figure 11(A), and indicates a successful incorporation of the cobalt into the MoS; structure,
forming the so-called CoMoS phase [38]. Element maps of the other catalysts also showed the formation of
the CoMoS phase (See supplementary information Figures S.7-S.12). The similar slab lengths, degree of
stacking and formation of the CoMoS phase shows that the catalysts are representative for comparing the

effect of the CoMo loading and the support acidity.

Potassium was also detected on all the samples and it was well-dispersed on the catalysts (See

supplementary information Figures S.7-S.12), and in particular found with a high concentration on the zeolite
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500 parts, as indicated in Figure 12 (D), confirming the potassium transfer from the biomass to the catalysts
501 observed with SEM-EDS. Furthermore, it also indicates that the potassium adsorbs on the Brgnsted acid sites

502 [70] by ion-exchanging H-ZSM-5 to K-ZSM-5.

503

504 Figure 12 HAADF-STEM image of CoMoZAl#2 (A), EDS element distribution of aluminum and silicon (B) cobalt and molybdenum,
505 (C) and sulfur and potassium (D).

506 4 Conclusion
507  Catalytic hydropyrolysis of beech wood in a fluid bed reactor have been studied at 450 °C and 26 bar using

508  different CoMo catalysts. Using MgAl,04 as support material the effect of varying the CoMo loading was
509 investigated. Increasing the CoMo loading from 4.1 to 12.0 wt.% decreased the condensable organic yield
510 from 25.2 to 22.7 wt.% and decreased the oxygen content from 9.0 to 4.7 wt.% db. The carbon recovery in

511  the condensable organics (condensed organics and Ca. in the gas) decreased from 39 to 37 wt.%, where the
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decrease in carbon recovery was most likely due to an increased yield of C1-Cs from 10.3 to 14.0 wt.% daf.

GCxGC showed that remaining oxygenates in the organic phase were mainly phenols.

The effect of the support acidity was also investigated by testing two CoMo catalysts supported on zeolite
(H-ZSM-5) mixed with alumina at different ratios with CoMo loading of 4.1 wt.%. This showed that using
zeolite as support increased the hydrocracking and/or cracking activity. Furthermore, it also decreased the
oxygen content in organic phase from 9.0 wt.% db to between 5.2 and 6.1 wt.% db, depending on the zeolite
content. The results further indicated an increased rate of alkylation reactions when the zeolite based
supports were used, as the yield of mono-and diaromatics increased. The carbon recovery in the condensable
organics was between 39 and 40 %, showing that the zeolite support can decrease the oxygen content in
organic phase without decreasing the carbon recovery. This work therefore shows that it is possible to
decrease the oxygen content in the organic phase by increasing the CoMo loading and/or changing the

support acidity, while maintaining a high condensable organic yield.

SEM and STEM combined with EDS showed that potassium was transferred from the biomass to the catalysts.
Since it is well-known that potassium decreases the number of acidic sites, it is likely that the positive effect
of using zeolites will be lost over time. Therefore, further investigations are needed to understand the

catalyst deactivation.
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