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Abstract

Fouling and wetting of membranes are significant concerns that can impede widespread
application of the membrane distillation (MD) process during high-salinity wastewater
reclamation. Fouling, caused by the accumulation of undesirable materials on the membrane
surface and pores, causes a decrease in permeate flux. Whereas membrane wetting, the direct
permeation of the feed solution through the membrane pores, results in reduced contaminant
rejection and overall process failure. Lately, the application of MD for water recovery from
various types of wastewaters has gained increased attention among researchers. In this review,
we discuss fouling and wetting phenomena observed during the MD process, along with the
effects of various mitigation strategies. In addition, we examine the interactions between
contaminants and different types of MD membranes and the influence of different operating
conditions on the occurrence of fouling and wetting. We also report on previously investigated
feed pre-treatment options before MD, application of integrated MD processes, the performance
of fabricated/modified MD membranes, and strategies for MD membrane maintenance during
water reclamation. We also discussed energy consumption and economic aspects of MD for
wastewater recovery. Throughout the review, we engage in discussions highlighting research
needs for furthering the development of MD: notably the incorporation of MD in the overall
wastewater treatment and recovery scheme (including selection of appropriate membrane
material, suitable pre-treatment or integrated processes, and membrane maintenance strategies),

and the application of MD in long-term pilot-scale studies using real wastewater.
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1. Introduction

The scarcity of clean water has become a significant challenge in today’s world, which
inevitably has led towards the need to develop novel technologies to help provide a dependable
supply of fresh water [1-3]. As of late, Membrane Distillation (MD) has gained significant
attention as a promising technology for the production of fresh water via the treatment of high-
salinity wastewater. MD is a membrane-based, vapor-driven thermal desalination process, in
which water molecules are transported in a vapor phase through a porous and hydrophobic
membrane [4-8]. The porous, hydrophobic membrane is used to separate a hot, highly
concentrated feed stream, and a cold distillate stream [4,8,9]. The temperature difference
between the feed and distillate streams creates a partial vapor pressure difference that drives the
water vapor through the membrane from the feed side to distillate side, where it condenses to
pure water. The hydrophobic membrane prevents direct permeation of feed water, an essential
feature for contaminant rejection. Due to reduced sensitivity to concentration polarization and
the much high driving force resulting from a temperature difference, MD can operate at high
salinities on the feed side [10]. MD demonstrates several distinct advantages such as: a 100%
theoretical non-volatile salt rejection, a lower required operating temperature as compared to
conventional thermal desalination processes, the ability to utilize low-grade thermal energy, a
lower operating hydrostatic pressure, and less stringent mechanical property requirements for the
membranes used when compared to conventional pressure-driven membrane processes such as
reverse osmosis (RO) [8,9,19,11-18]. MD has the potential to provide sustainable water recovery
when heat sources (low-grade or renewable) and waste-heat from industrial processes are readily
available [20,21]. Despite these advantages, the extensive application of MD still faces

uncertainty for its overall sustainability and effectiveness [6]. MD is not efficient in separating



volatile and semi-volatile compounds [22,23]. It is a highly energy intensive technology
compared to pressure-driven (e.g., RO) desalination processes, which makes it unattractive
unless very high-salinity brines (which cannot be treated effectively by RO) require treatment
[24]. Though other thermal distillation processes like multi-effect distillation (MED) and
multistage flash (MSF) can be used to treat highly saline brine at low temperature, the energetic
performance of MD is reported to be superior to MED and MSF for small-scale systems (<1000
m® day™) [24]. A fundamental challenge involved in conventional MD revolves around heat
management in the process. Single-pass recoveries are very low in MD [25], and the adoption of
a multi-stage approach [18] through the involvement of many heat exchangers can enhance water
productivity and energy efficiency [24]. The multi-stage approach moves away from the all-
plastic system design and will increase the capital cost of the treatment system. Achieving higher
fluxes and thermal efficiencies in the MD process can be reached through the optimization of
operating conditions or system configuration. Novel options like self-heating membranes
(membranes heated on the feed side by Joule heating or photo-thermal surface heating) have
been adopted in MD, which reduces temperature polarization and yields higher single-pass
recoveries than conventional MD membranes [20,26,27]. However, these advances have only
been demonstrated at the laboratory scale, and further pilot-scale testing is necessary to assess

their viability.

Wetting and fouling are two interrelated phenomena in MD, which influence each other and pose
significant challenges in the application of MD. Membrane wetting is a unique challenge in MD,
and it refers to the direct permeation of the feed solution through the membrane pores, resulting

in reduced salt rejection and overall process failure [9,19,28,29]. Wetting has been associated as



a problem during the long-term operation of MD systems, provided appropriate operating
conditions are maintained [30]. Wetting can also occur in short-term MD operations due to
improper operating conditions (e.g., pore size, membrane hydrophobicity, LEP of the system,
etc.) in the system. On the other hand, as in other membrane-based processes, membrane fouling
is a significant drawback of MD, causing a decrease in permeate-flux due to the accumulation of
undesirable material on the membrane surface and pores. Both fouling and wetting are time-

dependent processes, and long-term effects cannot be easily predicted [31].

MD has been extensively studied for the removal of salts from brackish water, seawater, and
high-salinity brines [16,32—-36]. Numerous studies have investigated MD for the production of
fresh water from seawater/brine water via desalination using different membranes and operating
parameters. These studies have widely indicated the negative impacts of both membrane fouling
and wetting on the overall performance of the MD process [14,34,37-41]. MD has also been
studied for the recovery of heavy metals from water streams [42-44]. There are few review
articles focused on membrane fouling and relevant control methods as encountered in different
applications of MD [8,45]. A literature search for “membrane distillation”, in Web of Science,
revealed more than 4,300 articles published from January 1991 to December 2018, with
increasing growth in the number of articles published during the past decade (Figure 1).
However, research concerning the application of MD in wastewater treatment and reclamation
has gained attention recently. MD has found a niche application, in particular for recovery of
hypersaline wastewater in emerging industries (e.g., shale-gas), which conventional membrane
desalination such as RO cannot access [46—49]. MD has also received interest as a promising

technology to produce high-quality freshwater from wastewater through utilization of available



waste-heat or low-grade solar or geothermal heat [50-53]. There is a continuous drive to
improve energy and process efficiency of MD systems while recovering freshwater from
wastewater, through improvement of MD system configuration, development of novel/modified
membrane material, or integration of other processes with MD. It also provides good scalability
due to its modular features. Though MD is primarily utilized for water recovery from highly
saline/brine water, it showed potential for reclamation of high-strength wastewater in small-

scale, decentralized systems with available waste/alternative heat sources.

This review discusses the fouling and wetting scenarios in MD as reported in the literature, along
with contaminant-membrane interactions, influence of operational conditions, treatment
performances, and the effects of different mitigation strategies employed during the recovery of
various types of real wastewater. This article also discusses different MD membrane
fabrication/modification, integrated MD processes, pre-treatment strategies for feed wastewater
streams, and membrane cleaning strategies for wastewater reclamation. This review also
contains, as a necessary background for readers, a brief discussion of classical and recent MD
module configurations, MD membrane features as well as the mechanisms influencing
membrane fouling and wetting. Different invasive and non-invasive membrane fouling and
wetting monitoring techniques have also been discussed briefly in this article. The discussions
also include future research directions pertaining to the application of MD in wastewater

reclamation.



2. MD: process configurations and membranes

2.1 Process configurations in MD

Subject to the process of stimulating vapor pressure gradient across the membrane and gathering
the transported vapors on the permeate side, there are four different classical configurations of
MD [6,31]. The basic mechanisms of these classical configurations are briefly described in the

following sections and illustrated in Figure 2.

Direct contact membrane distillation (DCMD): In DCMD, a hot solution (feed) and a cold
solution are in direct contact with the hot feed side surface and the cold permeate side surface of
the membrane, respectively. The vapor generated at the hot feed-side membrane surface flows
through the membrane pores to the cold permeate-side due to the vapor pressure difference,
resulting from the temperature difference, across the membrane. Warm pure water leaving the
MD module preheats the feed in a separate external heat exchanger (not shown in Figure 2). The
DCMD has been reported as the simplest of MD configurations and has been studied the most in
literature for wastewater recovery, and concentration of aqueous solutions [Table 1]. The
membrane remains as the only barricade between the recirculating hot feed and cold permeate
solution streams. As a result, DCMD experiences the highest heat loss through conduction

among the four standard configurations.

Air gap membrane distillation (AGMD): AGMD introduces a thin stagnant air gap between the
membrane and a condensation surface on the permeate side, whereas the hot feed solution
remains in direct contact with the membrane solution. The vapor passing through the membrane

crosses the air gap and condenses on the cold condensation surface (usually a thin dense polymer



or metal layer) [54,55]. AGMD offers reduced heat loss through conduction. However, the
enhanced resistance to mass transport, introduced by the air gap, results in a lower flux of

AGMD than other MD configurations [56].

Vacuum membrane distillation (VMD): A pump is used on the permeate side to create a vacuum
and provide driving force lower than the saturation pressure of volatile molecules in the feed
water. Condensation may occur inside or outside of the membrane module [57-59]. Conducting

heat loss is negligible in VMD [58,59].

Sweeping gas membrane distillation (SGMD): This configuration allows a sweeping flow of cold
inert gas to collect vapor molecules from the membrane permeate surface and condense it outside
the membrane module [31,60]. There is a moving gas barrier, which enhances mass transport
efficiency compared to AGMD and also reduces conductive heat loss [31]. The SGMD requires

external condenser to collect a small volume of permeate in a large volume of sweep gas [31,60].

Recent MD Configurations: Recent studies have revealed the development of some novel
variations to the classical AGMD and VMD configurations to enhance the energy efficiency of
the process and the water vapor flux through the membrane. The different novel configurations
with modified gaps are the permeate gap MD (PGMD), the material gap MD (MGMD), and
conductive gap MD (CGMD) [61-68]. PGMD, also known as water gap MD or liquid gap MD,
is a hybrid of the AGMD and DCMD configurations where water or liquid is used to fill up the
gap between the membrane and cold condensation surface [61-63,65,67]. The MGMD

configuration uses additional material (such as sand) in the gap between the membrane and the



condensation plate [64]. Finally, the CGMD configuration employs a high thermal conductivity
spacer (such as a metallic mesh) in the permeate gap to improve the conductance of the gap
along the thickness direction [61-63]. Figure 3 provides a schematic of different gap MD

systems.

In addition to these gap MD systems, another novel configuration introduced a flashed-feed
VMD system where the feed stream was not allowed to touch the MD membrane [69]. The
flashed-feed VMD configuration used a throttling valve in the feed line along with a vacuum
pump (maintaining a vacuum in the flashing chamber) to regulate the feed flow rate to the
flashing chamber (Figure 4). The novel flashed-feed VMD system eliminated the temperature
polarization effect near the membrane (which can reduce the feed water temperature near the
membrane relative to the bulk feed temperature) and provided up to 3.5 times higher flux than

conventional VMD under similar operating conditions [69].

Efforts have been carried out to develop new MD process configurations and membrane modules
with higher thermal efficiencies [70-78]. Fabrication of hollow fiber (single or multi-bore)
membranes has been developed to enable the modular design of the MD systems
[68,70,71,79,80]. Multi-stage and multi-effect MD (MEMD) configurations for gap MD and
VMD systems have been proposed for seawater desalination with internal heat recovery and
enhanced flux in the systems [74,76-78,81]. The concept of the MEMD systems involves
placing the cold feed solution beneath the condensation surface, as a coolant, to gain some

degree of pre-heating as the permeated vapor gets condensed [74,76—78,81]. The internal heat



recovery mechanism in the MEMD systems enable better thermal efficiency in the MD process

[18,78,81].

The several recently developed MD configurations have been studied mostly in seawater
desalination. The updated versions of traditional gap MD, VMD systems and the modular
MEMD systems hold promising traits in terms of demonstrating enhanced flux and energy
consumption performances than conventional MD systems during reclamation of high-salinity
wastewater. However, high levels of organic contaminants in the wastewater, compared to
seawater, might result in the occurrence of excessive organic fouling and biofouling in the
updated systems. Similarly, module scale-up with efficient internal heat recovery and
satisfactory flux in the MEMD systems will also pose challenges with altered membrane fouling
and wetting scenarios. Hence these updated and modular MD systems should be studied for

recovery of wastewater.

2.2 Features of MD membranes: MD membranes should have high porosity, high
hydrophobicity, uniform pore size distribution, and low tortuosity [8]. To prevent heat loss
across the membrane, microporous membranes employed in MD should possess low mass
transfer resistance and low thermal conductivity [4]. Also, suitable thermal stability and
resistance to chemicals (e.g., acids and bases), are essential characteristics of membranes used in
MD [4]. Optimal membrane pore size must be balanced in terms of high permeate flux and
effective pore wetting resistance. High porosity membranes with low mechanical strength tend to
degrade under even mild operational pressures, resulting in a decline in membrane performance

[82]. The porosity values for different MD membranes, used in high-strength wastewater



reclamation, are observed to be in the range between 70-85%. Usually, commercial hydrophobic
MD membranes are made of polytetrafluoroethylene (PTFE), polypropylene (PP), or
polyvinylidene fluoride (PVDF) active layers with optional support layer materials (e.g., PP,
polyester) [4,8,83,84]. Another significant property of the MD system is “liquid entry pressure”
(LEP), which is the pressure at which the liquid penetrates the membrane pores and causes
wetting of the membrane. To prevent the penetration of feed solution through membrane pores,
the applied pressure in MD should always be less than the LEP. LEP is an intrinsic property of
the system involving the membrane and solution. The major parameters that influence the LEP
are: surface tension of the solution, surface energy of membrane material (which controls the
membrane hydrophobicity), membrane pore size and geometry, feed concentration, and the
presence of organic solutes and surfactants [4,85]. LEP is described by the Laplace-Young
equation [4]:

-4B s cosq
LEP=—%&% ~

max

Where, By = pore geometric factor, o = surface tension of the solution, & = contact angle between

the solution and the membrane surface, and dmax = diameter of the largest membrane pore size.

Apparently, the Laplace-young equation might indicate that lower pore size is desirable to
prevent the occurrence of membrane wetting. However, too much lowering of the membrane
pore size will result in a decrease of trans-membrane flux and overall recovery performance. The
membrane pore size thus should be selected in such a way that the trans-membrane flux must be
enhanced without increasing the chance of membrane wetting. Fabrication of composite MD

membranes with novel material and architecture, which involves different surface and inner



membrane conformation (discussed in a later section), demonstrated enhanced porosity and flux

with low wetting potential.

3. Fouling and wetting phenomena in MD

3.1  Fouling mechanism in MD: Foulants (depositing compounds causing fouling) are
usually of inorganic, organic, or biological nature and can interact with each other as well as
membrane surfaces. Membrane fouling is affected by the following parameters [8]: i) foulant
characteristics (e.g., concentration, molecular size, solubility, diffusivity, hydrophobicity,
charge); ii) membrane properties (e.g., hydrophobicity, surface roughness, pore size and its
uniformity distribution, membrane structure, surface charge, surface functional groups); iii)
operational conditions (e.g., flux, solution temperature, flow velocity, pressure); and iv) feed
water characteristics (e.g., pH, ionic strength, presence of organic/inorganic matters,
microorganisms). Surface roughness influences the hydrophobicity of a membrane, which in turn
impart antifouling and anti-wetting property. Higher surface roughness entraps more air fraction
in the micro- and nano-sized pores of the membrane surface [86]. As a result, the membrane
surface becomes more hydrophobic with increased solid-gas interface fraction in the overall mix
of solid-liquid and solid-gas interfaces on the membrane surface. According to the extended
DLVO model, three key interfacial interactions for particles in aqueous media are Lifshitz-van
der Waals, Lewis acid-base, and electrostatic double layer interactions [87]. Fouling minimizes if
the particle and surface have similar charges leading towards repulsion. Also, deposition of
particulate matter forms on the membrane surface by agglomeration of particles in aqueous
solutions. Higher aggregation occurs because of large attachment coefficients resulting from an

extensive degree of collisions [88]. At high ionic strengths, the interaction between particles is



dominated by acid-base interactions as electrical double layer forces are weak in this condition
[89,90]; whereas Van der Waals interactions are not susceptible to variations in pH and
electrolyte concentrations. Studies have shown that increased ionic strength, in the presence of
divalent cations, resulted in more fouling of humic substances on DCMD membranes [91-93].
At high ionic strength, the charges of the membrane surface and humic macromolecules are
significantly reduced, which leads to a decrease in the electrostatic repulsion between the
membrane surface and humic macromolecules. As a result, the humic macromolecules, which
become coiled and spherical in shape, forms a more compact fouling layer [93]. The presence of
a foulant layer causes additional thermal and hydraulic resistance based on the characteristics
(porosity, thickness, etc.) of the fouling layers [11,92]. Feed water foulants can attach to the
hydrophobic membrane surface, and block membrane pores leading to a decline in permeate flux
[85]. Fouling is severe when the feed contains ample hydrophobic contaminants (oil,
hydrophobic organics, etc.) as hydrophobic-hydrophobic attraction results in strong bonding

between the membrane surface and the contaminants [45,94].

Fouling in MD has been broadly classified into the following groups: (a) inorganic fouling, (b)
organic fouling, and (c) biological fouling [10,31,95,96]. Figure 5 schematically represents these
fouling mechanisms and their combined effect on MD, leading to partial or complete pore
blocking and surface fouling. Inorganic fouling mainly refers to scaling that is comprised of the
precipitation of hard salts such as calcium carbonate, calcium sulfate, silicate, sodium chloride,
or calcium phosphate. Water evaporation and temperature changes create supersaturation on the
feed side that lead to nucleation and crystallization in the feed and on the membrane surface,

resulting in inorganic fouling [85]. Colloidal organic matter, (e.g., humic substances, proteins,



extracellular polymeric substances (EPS), etc.) are responsible for organic fouling in the MD
process [8,97]. Finally, biological fouling or biofouling refers to the accumulation and evolution
of microorganisms on the membrane surface that cause permeate flux decline [8]. Dynamic
biofouling experiments (with Anoxybacillus sp. as a model bacterium) were carried out to
indicate the impact of increasing feed water temperatures on biofilm growth and MD
performance [98]. The Anoxybacillus sp. has been identified as a major bacterial genus in MD
bioreactor suspended sludge [99]. Biofouling situations in PVDF MD membranes were studied
in the feed side at temperatures of 47°C (temperature below the optimum temperature for
thermophilic bacterial growth), 55°C (optimum temperature for thermophilic bacterial growth)
and 65°C (temperature above the optimum temperature for thermophilic bacterial growth) [98].
Extensive bio cell growth was observed on the feed side at 55°C when compared to the same at
47°C. As a result, the water flux decline was more (78%) at 55°C compared to the water flux
decline at 47°C (30%) after three days of operation. Increasing temperature to 55°C also
enhanced biofouling induced membrane wetting and allowed bacterial cells and endospores
through the membrane to the permeate side. Bacterial growth was impaired when feed water
temperature was increased to 65°C. However, excessive production of extracellular polymeric
substances (EPS) at 65°C caused severe pore wetting and hampered MD function [98]. Bacterial
EPS, protein and polysaccharides were observed on the fouling layers of flat-sheet PVDF and
PTFE membranes in a submerged MD bioreactor [100]. The polysaccharide concentration on the
fouling layer and total amount of fouling on PVDF membranes were more than that observed on
PTFE membranes. The polysaccharide concentration and fouling amount indicated that the
polysaccharides play a vital role in the initial attachment and subsequent formation of fouling

layer [100]. Thus, the interaction between membrane material and specific fouling component



can enhance overall fouling in the system [100]. It has been suggested that thermophilic bacteria
may also survive in the high feed temperature by forming spores, which later settle and
accumulate on the membrane surface at a lower temperature zone [101,102]. Small colonies of S.
faecalis bacteria was observed on the membrane surface on the distillate side in the vicinity of
large membrane pores while recovery of wastewater generated from processing animal intestines
[101]. The growth of the S. faecalis bacteria was restricted due to the scarcity of nutrients and
organic matters on the distillate side [101]. The biofouling conditions reported across different
publications varied in extent due to the various feed water conditions, operational conditions, and
duration of the experiments. Dynamic biofouling experiments at different temperatures, with
specific microorganism (Anoxybacillus sp.) dosed on the feed side, have generated a better
understanding of the biofouling mechanisms [98]. Experiments with other major microorganism
groups may indicate how different microorganisms interact with each other as biofouling takes
place on MD membranes. Also, the impact of water quality (e.g., change in nutrient content) and
operational conditions should also be assessed in similar dynamic biofouling experiments to

achieve a better understanding of MD membrane biofouling process.

3.2  Wetting mechanism in MD: Wetting refers to the permeation of water through
membrane pores, which degrades permeate quality, especially during long-term MD operation
[30]. Membrane wetting is stimulated in MD by the presence of inorganic fouling/scaling,
amphiphilic molecules (e.g., surfactants and protein), low surface tension liquids (e.g., alcohol),
the use of antiscalants, and chemical degradation of the membrane [8,45]. Wetting can also occur
when the pressure on the feed side exceeds the LEP of the membrane [45]. Often, fouling by salt

deposition on the membrane surface, as well as in the membrane pores (inorganic fouling),



provides hydrophilicity to the membrane, resulting in wetting [45]. Low surface tension
contaminants and surfactants, which are commonly found in wastewater streams, can lead to the
wetting of conventional hydrophobic membranes in MD [46,103,104]. These contaminants,
which have a hydrophobic tail moiety, tend to adsorb on the surface and pore walls of MD
membranes through hydrophobic-hydrophobic interactions and can make the membrane surface
and pores more hydrophilic. The wettability of membranes have been classified as (a) non-
wetted (with maximum vapor transport through the pores, which obtain the highest flux and
maximum salt rejection), (b) surface-wetted (gap for vapor transport reduced, but no permeation
of feed water towards the permeate), (c) partially-wetted (feed water permeates through some
pores, while vapor transport gap decreases in other pores), and (d) fully-wetted (all membrane
pores allow permeation of feed water, which remarkably deteriorates permeate quality due to
contaminants’ penetration) [28,105-107]. Some studies have also referred to different stages of
MD membrane wetting as (a) non-wetted (refers to the state where maximum vapor pressure
exists through the pores to achieve the highest flux and maximum salt rejection), (b)
surface/partial-wetted (refers to the transition state, where partial penetration of the feed solution
occurs, which decreases the average distance between the two liquid-air interfaces, or the
thickness of the air gap within the pores), and (c) pore-wetted/wetted (refers to the state where
some membrane pores are fully penetrated, and the salt in the feed stream can freely move
through the wetted pores to the permeate side) membranes [104,108-110]. Studies have observed
that operational parameters in MD, (e.g., pressure, temperature and flow rate) can affect

membrane wettability and salt rejection rates [29,77,78,111].



3.3 Fouling and wetting monitoring techniques in MD: The conventional fouling and
wetting monitoring techniques in different types of MD processes involves observing the change
in flux through the membrane to the permeate side and measuring the conductivity on the
permeate side, respectively. The occurrence of fouling on the feed side of the membrane results
in a low trans-membrane flux while wetting of the MD membrane effects in an increase in
conductivity on the permeate side. Although measurement of trans-membrane flux and permeate
conductivity provides information on the occurrence of fouling and wetting in MD, respectively,
they do not necessarily provide much insight on the mechanism and kinetics of fouling and
wetting occurrences. Many analytical techniques both invasive and non-invasive have been
developed to study fouling and wetting in the MD process. These are briefly discussed in the

following subsections:

Invasive analytical techniques: The invasive fouling and wetting monitoring methods in MD
involve conducting the MD experiments repeatedly over different periods under different
operational conditions and then analyzing the membrane after disassembling it outside the MD
module. These invasive techniques of membrane surface analysis help in understanding the
fouling and wetting characteristics, mechanism and extent on the membranes. The most
commonly reported invasive procedures for fouling and wetting assessment involves using direct
visualization and/or SEM (scanning electron microscopy) to evaluate the surface morphology of
the membrane surface as it is altered by the deposition of inorganic, organic, and biological
foulants. SEM and/or optical laser techniques are also employed to measure the membrane

thickness.



Additionally, analytical techniques like EDX (energy dispersive x-ray spectroscopy) and/or XPS
(x-ray photoelectron spectroscopy) have been used along with SEM to gather elemental
composition of the membrane surfaces [5,19,47,104,112-115]. Techniques like AFM (atomic
force microscopy) and XRD (x-ray diffraction) have been employed to characterize the surface
structure, roughness of the membranes [5,113,116-119] and the crystal composition of the scales
formed on the membrane surface, respectively [91,118,120-122]. FTIR (Fourier transform
infrared spectrometer) has been used to assess chemical composition of foulants (like functional
groups, biopolymers, polysaccharides or humic acids), which helps in understanding the
interaction and bonding between the foulants and the membrane surface [95,121,123-126]. Also,
the contact angle (Table 1) and the zeta potential [123,127] are measured on the membrane
surface to evaluate the change in surface hydrophobicity and charge due to fouling and wetting,
respectively. Apart from these primary analytical techniques, many water quality analysis
experiments are also carried out in both feed and permeate water to gain an understanding of the

feed water constituents influencing the mechanism of fouling and wetting.

Non-invasive analytical techniques: Recent studies have reported novel non-invasive methods,
which enable membrane fouling and wetting monitoring while the membrane is held during
operation within the MD module. Optical coherence tomography (OCT) has been reported to
study in-situ fouling (inorganic fouling, organic fouling, and biofouling) in DCMD systems
[98,112,123,128,129]. The OCT device is placed next to the DCMD set up to monitor the feed
half, using a special viewing window on the MD module. The cross-sectional image of the
foulant on the membrane surface is then captured as a function of time while the MD operation

ensues. Recent studies have successfully employed OCD based fouling visualization methods



and validated the monitoring method using conventional invasive techniques [98,112,123,129].
Bauer et al. (2019) presented an innovative methodology using OCT, which enables 3D dataset
analysis allowing for quantification of scaling on the membrane surface in a DCMD. The
generated data from OCT were not only used to describe the structural development of scaling in
the MD system, but the data was further processed to formulate and calculate quantitative
fouling parameters based on layer volume and coverage, which can allow for process control.
The developed methodology was able to assess the fouling condition independent from the flux
decrease, and hence it can be used for an early prediction of process efficiency loss due to

fouling [128].

An electrochemical impedance-based method has been reported recently to in-situ monitor
membrane pore wetting in a DCMD setup [108]. The study provided an impedance-measuring
arrangement in a DCMD configuration. Membrane wetting was observed using both single-
frequency cross-membrane impedance measurements and distillate conductivity measurements.
The noteworthy response of single-frequency impedance to partial pore wetting before any
change in distillate conductivity suggest that the in-situ impedance measurement method can

provide early detection of imminent membrane wetting [108].

The novel in-situ fouling and wetting monitoring techniques offer the advantage of linking real-
time fouling and wetting mechanisms and kinetics to operating conditions and water quality. As
the number of studies concerning the application of MD for wastewater reclamation is increasing
in the research community, implementation of these novel-monitoring techniques will provide a

better perception on the dynamics of fouling and wetting in the system. However, for the



fundamental understanding of the fouling and wetting scenario involving different contaminant

groups in the feed stream, the non-invasive methods will be critical.

4. Factors affecting the occurrences of fouling and wetting in MD

Several studies have reported operational parameters (Table 1) and performance (Table 2) of MD
process when it is applied either individually or integrated into a more extensive treatment
system for the treatment and recovery of different types of wastewater. The following sections
review critical observations concerning the influence of wastewater composition and process

operating condition on fouling and wetting in MD.

4.1 Impact of wastewater composition: Most studies involving the use of MD for
wastewater recovery use synthetic wastewater with model contaminants to assess scaling and
fouling performance [118,124,130]. Reports describing MD with real wastewater indicates that
system performance varies significantly from studies conducted with synthetic wastewater
[131,132]. Several studies have observed the occurrence of fouling and wetting in direct contact
membrane distillation (DCMD) [118,124,132,133] and vacuum membrane distillation (VMD)
[130] of synthetic solutions prepared using dyes specifically found in textile/dyeing wastewater.
VMD demonstrated complete rejection of five different dyes in a bench-scale setup during short
duration (less than 2 hours) experiments [130]. Fouling performance of treatment via DCMD for
four different dyes (methylene blue, crystal violet, acid red 18, and acid yellow 36) reported dye-
dye interactions and membrane-dye interfacial interactions [124]. Negatively charged
PVDF/PTFE membrane surfaces performed well in the treatment of acid and azo dyes of the

same charge and showed higher fluxes [124].



Similarly, the charge of contaminants in pharmaceutical wastewaters influenced the interaction
among the contaminants and the membrane yielding fouling and wetting of MD membranes
during treatment/reclamation of pharmaceutical wastewaters [123]. A total of 12 selected
antibiotics were mixed with feed solution and treated in DCMD process with a PVDF
membrane. The antibiotics were chosen on the basis of the charges in them (i.e., positive,
negative or neutral). Eight antibiotics with negative charge (Cefazolin, Cefotaxime, Amoxicillin
trihydrate, Cephalothin, Ceftazidime hydrate, Piperacillin, Cloxacillin monohydrate, Antimony
(11) isopropoxide), two antibiotics with positive charge (Gentamicin sulfate, Tobramycin), and
two antibiotics with neutral charge (Ciprofloxacin, Enrofloxacin) were dosed in the range of 1-
200 mg/L in DI feed water to produce pharmaceutical wastewater. For a negatively charged
PVDF membrane, a significant decline in water flux and wetting was observed during
reclamation of pharmaceutical wastewaters containing a positively charged antibiotic, while
water flux remained stable in the case of negatively charged and neutral antibiotics with 100%
rejection [123]. Rejection of positively charged antibiotics: Gentamicin sulfate and Tobramycin
were 86% and 78%, respectively [123]. Air gap membrane distillation (AGMD) pilot trials in
pharmaceutical wastewaters recovery witnessed greater removal efficiencies than most other
technologies (activated sludge, membrane bioreactors, membrane bioreactors with flocculation
and sedimentation, forward osmosis) and comparable removal performances as nanofiltration
and RO [134]. A total of nineteen pharmaceutical residues were detected in the effluent from a
municipal wastewater treatment plant [134]. Table 3 outlines the removal efficiencies (%) for
different pharmaceutical residues observed by AGMD, DCMD, and other technologies. A study

evaluated rejection of 25 pharmaceutical compounds (Table 3) by DCMD process using a PTFE



membrane and observed more than 99% rejection for all the pharmaceutical compounds (even in
the presence of humic acid) [135]. DCMD experiments were carried out with and without humic
acid (0, 20, 40, 60, and 80 mg/L) in DI feed solution, which contains pharmaceuticals (each
compound having a concentration of 1 pg/L). It was observed that the retention of
pharmaceutical compounds predominantly occurred by membrane rejection (which is mainly

governed by volatility and, to a lesser extent by hydrophobia) [135].

DCMD was also employed successfully to treat low-level radioactive wastewater using PVDF
hollow fiber membranes [136] and spiral wound PTFE membranes [137]. In the study involving
treatment of simulated radioactive solutions containing caesium (Cs"), strontium (Sr**), cobalt
(Co™) in a PVDF hollow fiber membrane module, two solutions were prepared with
concentrations of 20 mg/L and 100 mg/L for all the cations. DCMD achieved complete rejection
of the cations as no detectable concentrations were observed for Cs*, Sr**, and Co*" in the
permeate solution, which reflected an infinite decontamination factor [136]. A synthetic solution,
prepared using inorganic salts (non-active) and radioactive elements, was treated using a spiral
wound PTFE membrane module [137]. The non-active inorganic ions in solution were Na*
(1060.6 mg/L), NH," (207.1 mg/L), K* (21 mg/L), Mg?* (33.7 mg/L), Ca** (87.2 mg/L), F (5.7
mg/L), CI" (744.2 mg/L), NO3 (1832.9 mg/L), SO,* (37.6 mg/L) and the radioisotopes were
10 a3 (<6.53 x 107 Bq/L), ***Ba (2.99 x 10° Bg/L), *"°Tm (5.26 x 10 Bg/L), ***"In (86.2 Bg/L),
92|y (37.3 Bg/L), "°™Ag (10.4 Bg/L), ®Zn (3.39 x 10° Bg/L), ***Cs (7.84 Bg/L), **'Cs (29.5
Bg/L), and ®°Co (4.51 x 10° Bg/L) [137]. All the radioisotopes, except **'Cs and ®°Co, displayed
infinite decontamination factor, and the decontamination factor of *¥'Cs and ®°Co were 43.8 and

4336.5, respectively [137]. Jia et al. reported treatment of a synthetic feed solution containing 10



mg/L SrCl, or Co(NOs), in a VMD using a PP hollow fiber membrane and reported very high
rejection of Co?* (99.67% — 99.82%) and Sr** (99.60% — 99.74%) in the membrane [138,139].
Decontamination factors (DF) observed for low- and medium-level radioactive wastewater in
other treatment processes, like evaporation, ion exchange (organic), ion exchange (inorganic),
chemical precipitation, bioaccumulation, biosorption, and reverse osmosis are 10°-10°, 10-10°,
10-10%, 10-10%, more than 10° less than 10° and 10-10° respectively [136,140]. Membrane
distillation with its high DFs (almost infinite with many radioisotopes) is a competitive method
in the treatment and recovery of radioactive wastewater. However, it has to be mentioned that
these high-decontamination factors are achieved from low-volatile solute after adequate pre-

treatment [140].

Fermentation wastewater, having high organic content, resulted in a 50.5% reduction in flux after
12-hour DCMD treatment with PP membranes without any pre-treatment of feed water [141].
The fermentation wastewater samples were collected from a yeast factory with initial chemical
oxygen demand (COD), total organic carbon (TOC) and protein concentrations as 54,900 mg/L,
20,900 mg/L, and 1,765 mg/L, respectively [141]. Gas chromatography-mass spectrometry
analysis revealed 14 major organic compounds including isoamyl; 2-methyl butyric acid; 2,3,5-
trimethyl pyrazine; 2-acetyl pyrrole; 2-pyrrolidinone; phenethyl alcohol; benzoic acid;
phenylacetic acid; 4-ethenyl-2-methoxyphenol; o-hydroxybenzoic acid; p-hydroxyphenyl
ethanol; p-hydroxyphenylcyanide; 4-hydroxy-3-methoxyphenethyl alcohol; and butyl phthalate
in the fermentation wastewater [141]. Among the dominant organics present in fermentation
wastewater, volatile organic compounds (trimethyl pyrazine, 2-acetul pyrrole, phenethyl alcohol

and phenylacetic acid) and a non-volatile (dibutyl phthalate) transferred through the membranes



and were detected in permeate water due to membrane wetting, which resulted in 95.3% and
95.7% rejection for COD and TOC, respectively [141]. After 5 hours of DCMD operation, 2,3,5-
trimethyl pyrazine, 2-acetyl pyrrole, and phenethyl alcohol were detected in the permeate stream
[141]. While after 10 hours another organic compound phenylacetic acid was detected in the
permeate stream, whose late occurrence was attributed to its complex nature. Finally, dibutyl
phthalate, which is not a volatile compound, was observed in the permeate stream after 12 hours
due to membrane wetting [141]. The deposited foulants were mostly organic components
combined with inorganics, which were hard to remove by only water rinsing (for 60 minutes),
while most of them were removed in a sequential wash of water, acid ((HCI solution 0.5 mol/L),
base (NaOH solution 0.5 mol/L), and water for 10, 20, 20, and 10 minutes, respectively [141].
Transfer of organic matter to the distillate solution through the membrane has also been
associated with an adsorption-desorption mechanism [91,142]. Organic humic acid, which
initially adsorbs on the membrane surface, forms a hydrogen bond with water vapor (between the
carboxylic group in the humic acid and the oxygen molecule in water vapor) and moves through
the membrane pore space. The hydrogen bond weakens as the water vapor moves through the
membrane pore space and re-adsorption of humic acid takes place in the downstream membrane
pore location [142]. This adsorption-desorption process ensues recurrently until the humic acid
reaches and disperse into the permeate [142]. Ammonia (NH4-N) rejection in MD has been
reported to be poor in different types of organic wastewater treatment and reclamation in
comparison to other kinds of contaminants [143,144]. Low NHy-N rejection may be attributed to
the preferential generation of volatile ammonia gas and its permeation through membrane pores
during the heating process [144]. Recovery of water from raw and biologically pre-treated

municipal wastewater by DCMD using PTFE and PVDF membranes was calculated to yield



high (about 87-99% for PTFE and 63-97% for PVDF) rejection of the conductivity, COD,
alkalinity, hardness and low rejection (about 50-60% for PTFE and 35-50% for PVDF) of NH-
N [143]. The experimental operating conditions and rejections of these water quality parameters
by PVDF and PTFE membranes are separately mentioned in Table 1 and Table 2, respectively.
Increased wetting of the P\VDF membrane with raw municipal wastewater when compared to
PTFE membrane, resulted in reduced NH4-N rejection efficiency in PVDF membranes [143].
Also, the increase in feed stream temperature resulted in a higher temperature gradient across the
membrane, which favored volatilization of ammonia gas and its permeation through the
membrane pores [143]. DCMD of raw landfill leachates using PTFE and PVDF membranes
(operational conditions in Table 1) demonstrated high rejection efficiencies for most of the water
quality parameters (conductivity, alkalinity, hardness, COD, sulfate) but a low rejection of NH,-
N (Table 2) [144]. The presence of organic biomass in wastewater resulted in an observable
decrease in vapor pressure (due to the non-volatile fraction of biomass) in feed water and
reduced the permeate flux in DCMD system to more than 50% and 70% of initial flux value

(2.09 L/m?h) for 6 and 12 g/L biomass, respectively after 72 hours of operation [145].

Oily wastewater recovery using PVDF membrane in DCMD showed that presence of only oil,
with salt or surfactant, caused a gradual decline in flux and increase in permeate conductivity,
while the presence of oil and surfactants together, with salt, severely affected MD performance
[86]. In general, the presence of surfactants promotes wetting, while the presence of oil enhances
fouling through hydrophobic-hydrophobic interaction with membrane surface and pores.
Presence of only oil in feed water eventually led to higher fouling and pronounced flux decline,

due to the higher affinity between the hydrophobic species (i.e., oil) to the hydrophobic MD



membrane [86]. Only oily feed water, with 100 ppm oil concentration, did not show any increase
in permeate conductivity for 15 hours of operation [86]. The permeate conductivity started to
increase after 5 hours when feed stream oil concentration was 200 ppm but was less than 5
uS/cm even after 15 hours of operation [86]. So a gradual increase in permeate conductivity was
also observed with increasing oil concentration in the feed water, possibly through volatilization
of hydrocarbons in the oil from the feed stream (operated at elevated temperature) to the
permeate stream. Presence of surfactants with oil stabilized the oil emulsion, which reduced
membrane fouling but increased permeate conductivity (indicating an increased tendency to
membrane wetting) [86]. The combined presence of both surfactants and oil, along with salt, thus
creates a severe situation in which both wetting and fouling contributes to MD performance
deterioration. As a result, the membrane flux reduced quickly to 50% (due to membrane fouling)
and the permeate conductivity dramatically increased (due to membrane wetting) [86]. The
PVDF and PTFE membranes have demonstrated different wicking phenomenon to nonpolar
materials such as oil, which may be attributed to the differences in hydrophobicity and surface
roughness of the two membranes. The in-air oil contact angle of PVDF membrane was not
observable as the oil droplet was adsorbed entirely on the membrane surface through
hydrophobic-hydrophobic interaction [146], while the in-air contact angle of PTFE membrane
with mineral oil was dynamic [147]. The mineral oil droplet initially beaded up upon the more
hydrophobic PTFE membrane as drops with measurable contact angles but then penetrated into
the porous membrane and propagated along the membrane surface with observable wetting
fronts in about 6 minutes [147]. PTFE membranes showed higher surface roughness than PVDF
membranes [124], which might be responsible for the dynamic wetting nature of PTFE. The

higher surface roughness of PTFE membranes might have caused the formation of initial mineral



oil droplets on the PTFE surface, which eventually adsorbed on the porous membrane due to
hydrophobic-hydrophobic interaction. It should be kept in mind that for wastewater containing
oil, MD is not a favorable option due to its inclination to higher fouling. If a high-strength
wastewater contains oil, its recovery using MD will depend on how well the membrane can resist
fouling due to oil in the feed water. Many novel membrane modifications/fabrications have been
made to enhance the performance of MD in oily wastewater recovery (discussed in a following
section). Some pre-treatment is necessary to lower oil, surfactant, or salt concentration before
recovery of oily wastewater using MD [86]. For DCMD of oily wastewater, no oil concentration
was detected in the permeate of a feed with up to 1000 ppm oil [148]. This observation might be
influenced by the high molecular weight of the crude oil derivative compounds in the feed. For
oily wastewater consisting of low molecular weight hydrocarbons, the low molecular weight

hydrocarbons will readily volatilize into the distillate.

The different studies carried out using synthetic/simulated wastewater facilitate a basic
understanding of the interaction between specific types of contaminants and the membrane
surface. However, for real wastewater (containing a combination of different dissolved charged
contaminants, surfactants, salts, biomass, etc.) the interactions between different constituents and
the membranes led to a multidimensional fouling and wetting scenario [86,141]. In almost all
cases, MD systems were found to be unsuitable for direct treatment of raw wastewater as both
fouling and wetting of membranes occurred soon after the process commenced [86,131,132,141].
There is no data in the literature related to the contribution to different types of fouling
(inorganic, organic, and biofouling) that occur in MD during the recovery of real wastewater.

This provides an impetus for conducting a systematic study of different types of wastewater to



evaluate their association to different types of fouling, which, in turn, will help in the
development of effective and optimized mitigation measures in MD. Also, further investigation
of different MD configurations for reclamation of different types of pre-treated wastewater

should be carried out.

4.2 Influence of operating condition: Operating conditions such as feed and permeate
streams temperatures, feed stream flow rate, membrane pore size, and membrane material have
demonstrated considerable influence on the performance of different MD processes (i.e., DCMD,
AGMD, VMD). The degrees of permeate vacuum also exhibited a remarkable impact on the
overall performance of the VMD process. The following sections discuss the influence of these

parameters on the performances of different MD processes.

Effect of feed/permeate temperatures: Antoine equation, which expresses the relationship
between the vapor pressure (as a driving force for MD process) and feed temperature,
demonstrates that the vapor pressure increases exponentially with the temperature following the

relation [84]:

p(T) = exp(a - gTbT\

where p? is in Pa, T is the absolute temperature in K, and a, f, and y are constants that are

readily available (for water, these constants are 23.1964, 3816.44, and -46.13, respectively).

Hence, the permeate flux of the membrane distillation process is enhanced due to increased feed

temperature [85]. While treating 18.5 mg/L methylene blue dye containing wastewater with PP



membrane via VMD with a feed flow rate of 14 mL/s and a 5 mm Hg pressure with varying
temperature (40° — 70°C), the temperature increase resulted in an increase in the permeate flux
(4.25, 4.8, 5.6, and 6.3 kg/m?h in the first hour for 40°C, 50°C, 60°C, and 70°C respectively)
due to the exponential relation between the vapor pressure difference and the temperature [57].
The VMD experiment at vacuum pressure of 10 mbar and Reynolds number (Re) of 4341.6 with
PP membrane using 50 ppm RBBR (Remazol Brilliant Blue R) dye from Sigma Aldrich showed
an 27.3% increase in flux at 50°C from 27.5 kg/m?h flux at 40°C and 62.9% increase in 60°
from the 35 kg/m?h flux of 50°C [130]. A similar finding was observed in another VMD
experiment with saline water where temperature variation of 25°C, 40°C, and 55°C showed flux
enhancement with increased temperature [149]. Another study conducted with three different
(unmodified, plasma modified, and chemically modified) hydrophobic PVDF hollow fiber
membranes at varying feed temperatures of 40°C, 50°C, 60°C, and 70°C and a permeate
temperature of 25°C with synthetic seawater of 3.5 wt% NaCl solution in a DCMD set-up (with
feed and permeate flow rates of 2.5 L/m and 0.4 L/m, respectively) [12], observed exponential
increase of trans-membrane flux with increase in temperature for all three membranes. At low
feed temperatures, all three membranes had similar permeate flux. However, temperature
increase showed significant variation in the permeate flux of the three membranes, with
unmodified membrane having the highest permeate flux and around 20% flux drop of modified
membranes at 70°C feed temperature due to membrane modification that resulted in partial pore
closure, loss of large pores as well as overall decrease in porosity [12]. Hollow fiber VMD
process with commercial PP membrane was implemented to study the separation efficiency of
Co?* ion from a synthetic solution simulating radioactive wastewater with a varying feed

temperature of 30-70°C with 41.8 L/h feed flow rate, and 0.98 atm permeate vacuum degree



[138]. Highest permeate flux was observed at 70°C temperature with an exponential increase of
the flux with an increase in temperature (R?=0.9845) due to the change in the saturated vapor
pressure of the solution. Another study on a full-scale spiral wound module with PTFE
membrane with a PP support in a PGMD set up with an evaporator inlet temperature of 80°C,
and saline water (0-105 g/kg) as feed at a feed flow rate 500 kg/h varied the a condenser inlet
temperature (20°C-40°C) to observe the condenser inlet temperature variation effects on the
permeate flux [77]. The result demonstrated a decrease of output rate with an increase in the
condenser inlet temperature rate ranging in between 9 to 25 kg/h for 0-105 g/kg of salinity [77].
The highest flow rates of 25, 24, 22, 20, 17.5, and 15 kg/h were observed for the salinity 0, 13,
35, 50, 75, and 105 g/kg, respectively, when the condenser inlet temperature was the lowest,
20°C. The flow rates observed for the same salinity values were 20.5, 18.2, 16.5, 14.5, 12, and 9
kag/h, respectively, when the condenser inlet temperature was 40°C [77]. Another study
conducted with FO draw solute as feed on DCMD operation observed 250% enhancement in
permeate flux (from 10 kg/m?h to 35 kg/m?/h with a cold permeate temperature of 15°C) while
increasing feed temperature from 40°C to 70°C [150]. The same study observed enhanced
permeate flux through lowering the permeate temperature from 30°C to 15°C with different feed
temperatures of 40°C (about 100% permeate flux increased from 5 kg/m?/h to 10 kg/m%h) and

700C (about 25% permeate flux increased from 28 kg/m?/h to 35 kg/m?/h) [150].

Studies also revealed that temperature gradient enhancement between the membrane surfaces
positively influence the diffusion resulting in enhanced permeate flux [151,152]. Similarly,
increased feed temperatures led towards reduced temperature polarization and hence improved

the mass transfer across the membrane [150,153]. Also, enhancing the feed temperature



demonstrated a significant increase in permeate flux compared to reducing the permeate
temperature due to low alteration in vapor pressure [37,150]. Table 4 summarizes the effect of
feed/permeate temperature on the permeate flux performance of various MD configurations

(DCMD, VMD, AGMD, etc.).

Effect of feed cross flow rate: The boundary layer resistance minimization at an increased flow
rate leads towards enhanced mass transfer by increasing the heat transfer coefficient [154]. The
enhancement in flow rate results in high permeate flux due to the reduced thermal boundary
layer thickness and consequently decreased temperature polarization effects [151]. An elevated
flux of 9.22 kg/m?h was observed as the boundary layer resistance decreased to 1.74x10° m%s
Pa/kg with an increase in cross flow velocity of 0.014 m/s (from 0.005 m/s) at a fixed feed
temperature of 70°C [145]. An approximate three times increase in cross-flow velocity (from
0.005 m/s to 0.014 m/s) decreased the boundary layer and increased the flux by 1.27 times (from
7.22 LIm?/h to 9.22 L/m?/h) [145]. The effect of varying feed flow rate (14, 17, 30, 42, and 57
mL/s) was investigated for 18.5 ppm methylene blue dye containing wastewater by vacuum
membrane distillation using a PP membrane at 50°C feed temperature [57]. At Reynolds number
< 5000, significant flux increase was observed with the increase in the flow rate, mainly due to
the prevention of the pore blocking by the dye molecules as well as reduced temperature and
concentration polarization effect due to enhanced heat and mass transfer [57]. A study with a
VVMD configuration having 19.1, 26, 34.9, and 41 L/h flow rates with a feed temperature of 50°C
and vacuum pressure of 10 mbar for 50 ppm RBBR (Remazol Brilliant Blue R) dye solution
observed permeate fluxes of 23.5, 26, 26.5, and 28.5 kg/m?/h, respectively over a 100 minutes

operation period [130]. High flow rate resulted in a high heat transfer coefficient leading towards



higher permeate flux of the VMD system [130]. Flow rate increase from 15 mL/s to 30 mL/s in a
VMD experiment using a PP membrane with saline (NaCl) water reduces both the temperature
and concentration boundary layer thicknesses near the membrane interface due to higher
turbulence flow leading towards enhanced VMD performance [149]. Flow rate variation along
with module size variation also significantly affects the hydrodynamic conditions in the hollow
fiber DCMD process [12]. Flow variation from 2 to 7.5 L/m kept the MD flux unchanged in a
smaller 9.5-mm housing module as the feed stream reached turbulence within this range.
However, for a bigger 19-mm housing module, initial increase of permeate flux was observed
with an increase in flow rate and eventually, an asymptotic value was reached at feed side
Reynolds number (Ref) > 2500 [12]. However, the maximum permeate flux was lower in the big
module under same operating conditions due to the similar permeate flow rate in both modules
that resulted in lower permeate side Reynolds number (Re) as well as the larger fiber length of
the big module. This study revealed that moderate feed flow rate could be adequate if
satisfactory permeate flux is achieved, as enhanced flow rate has no additional advantages once
the turbulence is reached [12]. The study also demonstrated that lumen side (permeate side) flow
rate also has an impact on permeate flux as increasing the permeate flow rate can result in
improved heat transfer and reduction of temperature polarization effect on the permeate side that
can enhance the driving force. However, increasing permeate flow rate resulted in an enhanced
permeate flux mostly in the low permeate side Reynolds number (Re, < 300) [12]. At Reynolds
number higher than 300 the permeate flux reached a steady asymptotic value, which might have
resulted from the enhanced transverse vapor flux causing higher mixing on the membrane

surface by breaking down the laminar boundary layer that aided the permeate side heat transfer.



This study concluded with the recommendation of using a reasonably low permeate circulation

flow rate to optimize the MD performance with relatively low energy consumption [12].

Feed flow velocity variation of 10.5 to 41.8 L/h was conducted with a feed temperature of 70°C
and permeate vacuum degree of 0.98 atm to elucidate the effect of flow velocity while removing
cobalt ions from simulated radioactive wastewater [138]. Linear correlation (R=0.9912) was
observed between the permeate flux and the feed flow velocity because of the variation in the
thickness of the boundary layer formed between the membrane and the bulk solution due to the
accumulation of the retained Co(ll). The study also observed that permeate flux was more
affected by the permeate vacuum and the feed temperature than the feed flow velocity [138].
Full-scale spiral wound module with PTFE membrane (having a PP support) was studied in a
PGMD set up, with a condenser inlet temperature of 25°C, an evaporator inlet temperature of
80°C, and the feed flow rates varied to 200, 300, 400, and 500 kg/h [77]. The result
demonstrated an increase of output rate with an increase in the feed flow rate ranging in between
2.5 to 25 kg/h for 0 — 105 g/kg salinity. The high flow rates resulted in enhanced flux with the
same salinity, and parallel curves were detected for different salinity feed [77]. AGMD study
with simulated seawater using a 0.45 pum PVDF membrane was carried out at 60°C feed
temperature and 20°C cold stream temperature with varying feed flow rate (1 — 5.7 L/m) as well
as varying cold stream flow rate (1 — 4.5 L/m) [37]. The hot feed flow rate variation caused a
permeate flux increase from 2.7 to 3.4 kg/m?/h whereas the cold stream flow rate variation
resulted in similar permeate flux (around 3.4 kg/m?/h) with a feed flow rate of 5.5 L/min without
any significant influence [37]. The negligible effect of cold stream flow rate on permeate flux in

AGMD can be explained by the overall heat transfer coefficient, which includes the hot side, the



air-gap, and the cold side heat transfer coefficients. As the heat transfer coefficient in the air-gap
is much smaller than the hot and the cold side heat transfer coefficients, it will dominate the
overall heat transfer coefficient. Hence the change in the cold stream flow rate will have little
effect on permeate flow rate. It should be pointed out here that the heat transfer coefficients of
the hot side and cold side are dependent on the geometry of the membrane module and the
characteristics of the fluid flow [37]. Table 5 summarizes the findings from studies evaluating

the impact of different feed flow rates on permeate flux.

Effect of membrane pore size: Highly hydrophobic, thermally stable, and chemically resistant
commercial PTFE membranes of different pore sizes (1 um, 0.45 pm, and 0.2 um) with a feed
flow rate of 1.5 L/m and feed temperature of 50°C were investigated in terms of permeate flux,
salt rejection, and energy consumption by AGMD module with a varying range of concentrations
of different salts, NaCl (5,844 — 180,000 mg/L), MgCl; (4,760 — 95,210 mg/L), Na,SO, (4,260 —
142,000 mg/L), and Na,COj3 (5,300 — 106,000 mg/L) [36]. Permeate flux of the pure water
increased with the increase of the membrane pore size irrespective of the salt types due to
enhanced mass transfer in the pores, with the highest increase with NaCl (39.6% and 56.9%
increase for 0.45 pm and 1 um from 0.2 um) at 180,000 ppm; and lowest increase with Na,SO4
(10.9% and 23.22% increase for 0.45 um and 1 pm from 0.2 pum) at 142,040 ppm. Also, the
study observed co-relation among concentration, pore size, and permeate flux. With increasing
pore size, the high concentration caused a decrease in the rejection, whereas, at 0.2 um pore size
(the lowest pore used in this study), the effect of concentration was insignificant. This results
from the decrease in the LEP with an increase in the pore size under higher concentrations [36].

Moreover, high concentration and high pore size result in fouling enhancement. Scale and



foulant layers on the membrane surface results in reduced membrane hydrophobicity [155]. The
scale formation, initiated with the largest pores on the membrane surfaces, leads towards
membrane wetting. The difference in pore sizes did not have a significant influence on the
energy consumption of the AGMD process, and a slight decrease in the energy consumption was
observed with the highest pore sizes due to enhanced mass transfer [36]. Investigating dyeing
wastewater treatment efficiency through commercially available PVDF membranes (pore size
0.45 pm and 0.22 pm) exhibited high flux with 0.45 pm membrane compared to 0.22 pm
membrane, however, better permeate quality by the high rejection of dye was attained through
the smaller pore size [124]. The high rejection of dyes with a smaller pore size in the PVDF
membrane could be attributed to lower partial wetting of the 0.22 um membrane pores compared

to 0.45 um membrane pores [124].

Effect of membrane material: PVDF (0.22 pm) and PTFE (0.2 pum) membranes were
implemented to study a simulated dyeing wastewater treatment via a DCMD application. It was
revealed that the PTFE membrane demonstrated a 63% higher flux when compared to PVDF
membrane [124]. Two possible reasons were attributed for the efficient color rejection by PTFE
membranes. It was postulated that the dye molecules could not enter the membrane pores due to
the formation of the dye-dye flake-type foulant (foulant-foulant) on the membrane surface, and
this loosely bound dye foulant and the high fraction of water had a repulsion effect to the
hydrophobic PTFE membrane surface. As a result, the PTFE membrane did not suffer from

membrane wetting, and its properties could be recovered through water flushing [124].



Effect of permeate vacuum pressure for VMD: Permeate side vacuum degree (pressure difference
between the vacuum and feed side) was varied from 0.1 to 0.98 atm (~10 — 100 kPa) with 70°C
feed temperature and 41.8 L/h feed flow rate while removing Cobalt ions in a hollow fiber VMD
system [138]. No permeate flux was observed until the permeate side vacuum degree was more
than 0.6 atm as a positive pressure difference was reached beyond this point. An increase in the
permeate side vacuum degree above 0.6 atm resulted in an enhanced permeate flux with a steady
value of around 6 L/m%h at a vacuum degree above 0.9 atm [138]. Another notable observation
was that the permeate side pressure was not homogenous all through the shell side and there was
a pressure build up in the shell side opposite to the vacuum chamber as it was not stripped away
in time resulting in accumulation and reduced driving force. The study suggested that instead of
having a permeate side vacuum degree as high as possible; it should be optimized so that the
pressure buildup can be avoided. For this specific study, the optimized value for the permeate
side vacuum degree was 0.9 atm [138]. Another study using VMD configuration with a PP
membrane with sodium chloride as feed to simulate highly saline water observed reduced VMD
performance (i.e., decreased permeate flux) with increasing vacuum side pressure from 40, 60,
80, 100 to 120 mbar [149]. Increasing pressure on the vacuum side lowers the pressure
difference between the feed and permeate side of the membrane and hence decreases the driving
force for passage of water vapor through the membrane pores. The study found that vacuum
pressure is the most significant contributing factor in VMD performance compared to the
temperature, flow rate, and feed concentration [149]. Another study investigated the variations in
vacuum side pressure from 5.05 kPa to 90.9 kPa at 70°C feed temperature and with a lumen side
flow rate of 41.8 L/h in a hollow fiber VMD setup to observe the efficiency of Caesium removal

from feed water and had similar findings where nearly zero permeate flux was observed for 40.4



kPa or more vacuum side pressure [156]. For vacuum side pressures less than 40.4 kPa, a gradual
increase in permeate flux was observed. Decreasing vacuum side pressure from 40.4 kPa to 5.05

kPa resulted in enhanced permeate flux from 0.5 L/m?/h to 7 L/m?/h [156].

The influence of different operating conditions on the permeate flux and contaminant rejection
performance in different MD configurations is equally important as the feed water composition.
While a number of studies have demonstrated the impact of operational parameters on MD
performance while recovering selected types of wastewaters (hypersaline wastewater, radioactive
wastewater, organic wastewater, etc.), there are scopes to comprehensively observe effect of
these operational parameters for other challenging wastewater categories (e.g., oily wastewater,
textile wastewater, pharmaceutical wastewater, etc.) in different MD configurations. It should be
mentioned that the extent of fouling and wetting would change with varying operational
conditions when MD is employed for recovery of wastewater. Hence there are great prospects in
studying the performance of different MD configurations (both traditional and emerging), in
terms of permeate flux and contaminant rejection, under different operating conditions. A better
understanding of how membrane fouling and wetting is influenced by wastewater compositions
and operational states in an MD configuration will enable effective selection of mitigation

approaches for enhanced treatment and recovery in the MD process.

5. Mitigation of fouling and wetting in MD
5.1  Pre-treatment of feed wastewater: Conventional treatment approaches, such as
physicochemical (coagulation-flocculation) and/or biological treatment, have been applied as

pre-treatment options for textile/dyeing wastewater [131,132], municipal wastewater [143], and



olive mill wastewater [157] prior to MD. Reduction of organic content through biological
treatment and particulates through physicochemical (coagulation-flocculation) treatment reduced
the fouling potential of different complex wastewaters. In the case of textile dyeing wastewater,
pre-treatment using physicochemical and biological (anaerobic + aerobic) processes resulted in
lower fouling and wetting in PTFE membranes. Over a period of 48 hours the pre-treated
wastewater showed only 14% drop in flux compared to more than 97% drop for the same with
raw wastewater and the conductivity observed in the permeate stream for pre-treated wastewater,
after 48 hours, was also only about 2.8% of that found with raw wastewater (Table 2) [132].
These pre-treatments yielded stable performance with no significant change in flux during
extended bench-scale DCMD operation using PTFE membrane [131,132]. In addition to
enhanced flux, the COD, color, and conductivity rejections of pre-treated textile/dyeing
wastewater were enhanced when compared to raw wastewater [132]. Active surface substances
were removed from textile/dyeing wastewater using a simple foam fractionation process, which
slightly reduced the membrane flux and kept the permeate quality within acceptable levels [131].
The foam-fractionation process is an adsorptive separation technique in which air is sparged to
produce bubbles in a separator liquid column, and as the air bubbles travel through the
continuous phase, surfactant adsorbs at the air-liquid interface [158]. Once emerged from the
liquid, the air bubbles form a honeycomb-structured cell in the foam matrix with a surfactant-
stabilized thin liquid film between the air bubbles. After separation, the collapsed foamate
solution offers a highly concentrated solution of surfactants separated from the initial solution
[158]. Dow et al. (2017) reported a 60% drop in trans-membrane flux in 2.5 hours and immediate
occurrence of membrane wetting when raw textile wastewater was used as feed water in a bench-

scale DCMD system with PTFE membrane [131]. While a pilot-scale study carried out with



continuous foam fractionation of conventionally (physicochemical-biological) treated
textile/dyeing wastewater produced no wetting of membranes over a 3-month trial [131]. The
mass transfer coefficient (flux per unit trans-membrane pressure) of the module declined to 40%
of its initial value after more than 65 days, and caustic cleaning efficiently restored it to 79% of
the original value [131]. In the case of municipal wastewater, biological pre-treatment enhanced

DCMD performance for both PTFE and PVDF membranes [143].

Performance of the DCMD process for the reclamation of raw and pre-treated
(coagulation/flocculation or microfiltration) olive mill wastewater were carried out using PTFE
and PVDF membranes [157,159]. PTFE membranes showed better separation coefficients and
olive mill wastewater concentration factors, but permeate flux decreased rapidly in the first 30
hours of treatment for raw olive mill wastewater [157]. Microfiltration pre-treatment was more
efficient than coagulation/flocculation in removing total organic carbon (TOC) and total solids
from olive mill wastewater. Therefore, of the two pre-treatment processes, the integrated
microfiltration-DCMD method was found to be more useful for obtaining clean water from olive
mill wastewater [157]. Application of membrane bio-reactor (anoxic, aerobic and ultrafiltration)
as a pre-treatment for the landfill leachates demonstrated better effluent quality and higher flux

in MD due to reduced organic contaminants in feed water [144].

Other pre-treatment options reported in the literature include thermal pre-treatment of acid rock
drainage, granular activated carbon adsorption (GAC) for RO concentrate, and coagulation-
precipitation-filtration-acidification-degassing for recirculating cooling water. High variability in

membrane scaling and flux of raw acid rock drainage through the membrane has been linked to



precipitate formation in this system [120]. 85% water recovery with only a 13-15% decline in
flux and a 99% ion rejection were achieved. The high organic content of RO concentrate caused
a significant reduction in membrane hydrophobicity and attributed to adhesion of low molecular
weight organics onto the membrane. GAC pre-treatment helped reduce the organic content of
RO concentrate by 46-50% and adsorbed a range of hydrophobic and hydrophilic micro-
pollutants, ensuring high-quality water production in the associated MD [127]. About 15-18%
improvement in batch recovery was achieved, in a vacuum-enhanced DCMD, by dosing an RO
brine feed water with a calcium sulfate scale inhibitor (Pretreat Plus 0400, dosing range 2 — 8
ppm) [160]. With dosing of scale inhibitor in the feed water, the flux declined rapidly at first and
was partially recovered afterward. The unusual flux behavior was attributed to the formation of
amorphous silica and silicates, which precipitate in a series of steps generating soft and hard gels
[160]. The initial rapid flux decline was attributed to the formation of soft silica gels that form on
the membrane surface, and further reaction of this silica resulted in hard gels, which were
scoured off of the membrane surface [160]. Recirculating cooling water operating at several
cycles of differing concentration have high levels of contaminants, and chemicals were added for
corrosion, scaling and bio-fouling management of cooling system water [161-164]. Reclamation
of recirculating cooling water from a coal-fired power plant (with 2-3 cycles of concentration) by
MD requires a series of pre-treatment steps such as coagulation, precipitation, filtration,
acidification, and degassing [165]. Incorporation of coagulation at the beginning of the pre-
treatment scheme demonstrated a 23% improvement MD flux after 30 days when compared to a
pre-treatment scenario with no coagulation. Coagulation removed most of the natural organic
matter and chemical additives in recirculating cooling water, resulting in the formation of bigger

magnesium-calcite crystal deposits on the membrane surface. The larger sized deposits could not



enter the membrane pores and only cause partial wetting of the membrane and hence enhanced
trans-membrane flux [165]. pH adjustment of feed water has been studied as an option for
prevention and management of silica scaling in MD while recovering cooling tower makeup
water of a geothermal power plant [166]. Silica polymerization and scaling risk in MD was
reduced at feed water pH of below 5, or above 10 [166]. Consideration of cost (for pH
adjustment to 5.0 using HCI or 11.0 using NaOH) and scaling tendencies of the cooling water
indicated that feed water pH adjustment with HCI might provide a viable pre-treatment strategy
for recovery of studied power plant cooling water [166]. For each particular type of wastewater,
pre-treatment options should be selected to remove target contaminants responsible for fouling
and wetting in MD. The pre-treatment options should be chosen to remove potential foulants in
the wastewater such as particulates, colloids, inorganic salts, organic contaminants, and
microorganisms. Application of microfiltration, ultrafiltration, or nanofiltration can effectively
remove particulates, colloids, and microorganisms [8,157]. Since MD employs hydrophobic
membranes to treat and recover fresh water, feed water with high hydrophobic contaminants
(e.g., oil, hydrophobic organic material) can cause serious fouling due to the strong hydrophobic-
hydrophobic interaction [45,167,168]. On the other hand contaminants such as low surface
tension and water-miscible liquids (e.g., alcohols), amphiphilic molecules (e.g., surfactants), or
other natural surface active agents can induce wetting in hydrophobic membranes [142,147,169].
Table 1 and 2 highlights different pre-treatment options used in the studies involving the
treatment and recovery of different wastewater. While the pre-treatment options like
coagulation/flocculation,  biological  (anaerobic-aerobic)  treatment, = membrane-based
(ultrafiltration, microfiltration) processes offer removal of different range of contaminants; some

pre-treatment options have been employed at removal of specific contaminants (e.g. foam



fractionation used for removal of surfactants, granular activated carbon or ultraviolet treatment

for removal of organic contaminants, etc.).

5.2  Application of integrated MD processes: MD has been incorporated with other
separation technologies to enhance the overall water recovery performance in a treatment
scheme. It can be integrated easily and inexpensively (as it is not a pressure driven system) to a
hybrid system and is one of the most preferred membrane processes for inclusion in a hybrid
separation technologies [170]. Having an integrated separation process improves the fouling and
wetting scenarios in MD operation, and the hybrid system can generate consistent flux over the
long term. A number of studies have reported hybrid systems incorporating MD to recover high-

strength wastewater.

Integration of MD into other desalination processes like RO, NF, and MED units have been
reported to reduce brine discharge, enhance overall freshwater production and energy efficiency
[171-176]. The MD receives the reject water from the desalination processes as feed and further
improves the water recovery performance of the entire process. The scaling of inorganic salt
crystals is the primary concern when MD is integrated into RO [174,176]. Use of integrated RO-
MD system has also been reported for reclamation of wastewater [127,175]. With RO
concentrate originating from wastewater recovery, fouling scenario deteriorates as organic

fouling adds to the inorganic scaling [10,127].

Application of an integrated FO-MD process, with or without additional pre-treatment processes,

has been reported to offer successful treatment and reclamation of different types of wastewater.



The FO process offers the advantage of higher rejection while using a dense membrane at
ambient pressure, and less fouling propensity as compared to other membrane-based separation
processes (e.g., microfiltration or ultrafiltration) [177-179]. As a result, FO requires less
scouring and less frequent backwashing than microfiltration or ultrafiltration [180]. MD can be
considered as an economical option for recovery of FO draw solution in wastewater treatment
and produce fresh water from the initial wastewater feed, provided that waste or low-quality heat
source is available [181,182]. In comparison to RO, MD does not require high electrical energy
input to recover FO draw solution by application of high hydraulic pressures [183,184]. In an
integrated FO-MD process, the FO carries out the initial wastewater treatment as water gets
separated from dissolved solutes and passes through a semi-permeable FO membrane towards
the highly concentrated (relative to feed solution) draw solution. This diluted draw solution then
acts as a feed to the MD process, which continuously regenerates the FO draw-solute. Use of a
cellulose-triacetate FO membrane and PVVDF hollow fiber MD membrane in an integrated FO-
MD setup for real domestic wastewater treatment (with 35 g/L NaCl as draw solution and real
domestic wastewater as feed solution for FO) yielded less fouling in the MD membrane as
compared to the FO membrane, over 120-hours of continuous experiment [185]. The FO
membrane being the first barrier in contact with the feed water showed more fouling than MD.
Water quality analysis indicated that the FO membrane removed a significant percentage of the
contaminants and the integrated FO-MD process removed more than 90% contaminants [185].
Husnain et al. (2015) introduced secondary treated municipal wastewater effluent as the FO feed
in an integrated FO-MD system for treatment, with 1 M NacCl solution used as the FO draw/MD
feed, and purified water used as the permeate [150,186]. While the FO membrane showed a

gradual flux decline over time, for MD, most of the flux declined in the initial 4-6 hour and



remained consistent throughout the 50-hour long experiment. For PP membranes, cleaning with
tap water after 48 hours yielded no flux recovery, indicating significant irreversible fouling and
wetting due to adsorption of organic foulants on the hydrophobic membrane surface. Long-term
(ten day) tests indicated reduced hydrophobicity of the PP membranes due to adsorption of
organic foulants, which caused wetting problems and allowed contaminants to pass through after
only six days of operation [186]. Reported results from the literature indicate better trans-
membrane flux performance of PVDF membranes than PP membranes in the treatment of
municipal wastewater in an integrated FO-MD system. The results from two studies (both used
similar commercial cellulose triacetate FO membranes, and similar temperatures for feed, draw
and permeate sections) showed that the flux through a PVDF hollow fiber membrane (average
pore size 0.073 um, thickness 186+5 pm) was 17.6 L/m?h over a 120-hour operation period
[185] and the same through a PP membrane (average pore size 0.22 um, thickness 150+20 um)
was 14.4 L/m%h over a 20-hour operation period [150]. Despite lower average pore size, the
higher flux in PVDF hollow fiber membranes might have resulted from variations in other
operational parameters (like lower draw solution concentration, higher flow rate in hot side
stream compared to cold side stream, etc.). Incorporation of a third treatment scheme (e.g., GAC
treatment or ultraviolet oxidation) to prevent contaminant accumulation in the draw solution has
offered further performance enhancement of the integrated FO-MD process in treating raw
sewage [187]. Other FO-MD studied processes used seawater [188] or oily wastewater [189] as
draw solution and municipal wastewater as FO feed water. An integrated ultrafiltration-FO-MD
(UF-FO-MD) process has been reported for the treatment of real oily wastewater and sewage
through the utilization of the osmotic and thermal energy of the oily wastewater [189]. Following

UF, the highly saline and heated oily wastewater (mixed with FO permeate of sewage) was



simultaneously used as FO draw and MD feed. The FO-MD performance was mostly affected by
oil content, while temperature and salt content of the oily wastewater had little influence on the
system performance [189]. Use of the integrated FO-MD process also indicated enhanced
treatment performance of highly saline landfill leachates than that individual FO or MD could
offer [190]. The enhancement of landfill leachate treatment performance depends on the salinity
of the feed solution. At a total salt concentration of 25,000 mg/L (calculated as NaCl), the total
organic carbon, total nitrogen, ammonia nitrogen, mercury, antimony, and arsenic removal
performances of FO were 91%, 94%, 97%, 48%, 99%, and 88%, respectively (over 250 minute
operation). While the same for the integrated FO-MD process were >98%, >98%, ~100%,
~100%, ~100%, ~100%, respectively [190]. Also, the integrated FO-MD process was able to
completely remove ammonia nitrogen, which is poorly removed by MD alone due to its

volatilization and permeation through MD membrane pores (as discussed in a previous section).

MD has also been integrated with different forms of bioreactors to form integrated membrane
bioreactors (MDBR) for the treatment and recovery of wastewater. An integrated aerobic-
anaerobic osmotic membrane bioreactor (OMBR, comprising of a bioreactor and a FO
subsystem) with MD was studied for the production of potable water from a synthetic
wastewater feed solution designed to stimulate high-strength domestic wastewater [183]. The
feed solution was prepared from sucrose and ammonium bicarbonate to achieve a strength of
1350 mg/L COD and 160 mg/L NH,*-N. The bioreactor was inoculated with a combination of
return activated sludge and biomass from a trickling nitrification filter, and the bioreactor was
kept at continuous mixing with a submersible pump maintaining a solid retention time of 30 days

[183]. The draw solution concentration and draw solution circulation flow, in the FO subsystem



using cellulose triacetate membrane, were 35 g/L NaCl and 100 ml/min. A cross-flow DCMD
module was integrated with the OMBR system. Flat sheet PTFE membranes were used in the
DCMD process with counter-current flow between the feed and distillate streams. The MD feed
and permeate stream temperatures were maintained around 80°C and 10°C, respectively [183].
The MD productivity had an early decrease due to membrane fouling, which caused the average,
steady-state MD water flux between hours 15 and 48 to become 0.8 L/m%h. The low flux
performance in the large-scale MD system was attributed to the reduced driving force in the
system resulting from heat transfer from the feed side to the distillate side of the membrane
[183]. The FO productivity also declined slightly over 48 hours and the average FO water flux
was 5.1 L/m?/h. The slight decline in FO flux was due to membrane fouling and to some extent,
reduction in osmotic pressure driving force due to an increase in bioreactor salinity from reverse
salt flux. The integrated system performance in the treatment of wastewater was evaluated by the
average NH;"-N and COD concentrations in the bioreactor, and MD permeate solution. NH;*-N
concentration in the permeate solution was 24.6 + 6.2 mg/L (corresponding to 84.6% removal
from OMBR feed solution). The average COD concentration in the permeate was 21.6 + 2.8
mg/L (corresponding to 98.4% removal from the OMBR feed solution) [183]. The NH,'-N
concentration in the bioreactor (229-275 mg/L) was higher than the feed solution during the 48-
hour test period, which is indicative of slower acclimation of ammonia-oxidizing bacteria
compared to other bacteria in the freshly seeded inoculum. Hence, the system performance is
expected to improve over a longer duration, as the amount of NH;"-N in the bioreactor will
decrease with time [183]. The lower rejection of NH4-N can be attributed to a number of
factors: (a) biological treatment with aerobic/anoxic cycling (where low dissolved oxygen

concentration can lead to higher NH;*-N concentration compared to continuously aerobic



bioreactors that do not incorporate denitrification process) [191], and (b) high MD feed
temperature (80°C) used in the current study may have caused higher amount of volatile NH3 to
form and pass through the MD membranes [60,192]. Jacob et al. (2015) placed a DCMD module
in series following a two-stage thermophilic anaerobic membrane bioreactor [145]. The two-
stage thermophilic anaerobic membrane bioreactor used a monolithic tubular ceramic membrane
(55 channels, 2.5 mm diameter in each channel, 30 mm diameter, 450 mm length, 0.18 m?
surface area; NGK Insulators, Japan) with a nominal pore size of 0.1 pm [145]. The treated
anaerobic effluent was used as feed to the DCMD module with and without the addition of
biomass. The COD rejection efficiencies were 97.2%-99.5% and 98.4%-99.9% due to the
absence and presence of biomass, respectively. Presence of biomass significantly reduced the
flux due to organic fouling [145]. A hybrid process was also reported with MD placed in a
submerged membrane bioreactor operated at elevated temperature [100]. Both flat sheet and
tubular membrane modules were submerged in the bioreactors and tested for the recovery of
synthetic wastewater [100]. Incorporation of an air sparging mechanism on the sides of the
tubular membrane bundles provided more consistent permeate flux performance (approximately
5 L/m%h) for over two weeks of operation at a bioreactor temperature of 56°C [100]. The system
also demonstrated consistent TOC rejection and kept the permeate TOC concentrations lower
than 0.7 mg/L [100]. DCMD has been integrated with photocatalysis processes for degradation
and removal of azo dyes (Acid Red 18, Acid Yellow 36, and Direct Green 99) in aqueous
solution [193]. TiO, Aeroxide® P25 (Degussa, Germany) was used as photocatalyst on the
DCMD feed tank and irradiated with an UV-lamp (Philips Cleo, irradiation intensity was 146
W/m? on the feed tank). Acid Yellow 36 was most difficult to photo-decompose, among the

three azo dyes used in the study, and this has been postulated to its less adsorption capacity to the



photocatalyst surface [193]. In general, MD was able to reject the photocatalyst particles at
different applied concentrations without major changes in permeate flux over a 5-hour operation
period. The MD distillate quality varied with the type of azo dyes rejected, with the highest
concentrations of TOC (1.2 mg/L), conductivity (2.2 uS/cm), and TDS (1.4 mg/L) content in

distillate observed with Direct Green 99 [193].

Among different reported hybrid systems involving MD, the FO-MD process has been studied
most comprehensively concerning occurrences of fouling and wetting. Integration of FO with
MD provides the advantage of auto-regenerating the FO draw solution on the feed side of MD,
and it has been successfully applied to recover high-strength wastewater. The RO-MD, or other
desalination processes integrated with MD, as a whole, offers an approach to enhance water
recovery efficiency of the entire system. In such hybrid systems, the MD receives the concentrate
from the RO process (or other desalination processes like NF or MED), and this creates severe
fouling and wetting condition for the MD membrane. Incorporation of MD with different
bioreactors or photocatalytic reactors has shown promising results for treatment and recovery of
wastewater. However, membrane fouling and wetting in such MD integrated bioreactor or

photocatalytic reactors for synthetic and real wastewater merit further research.

5.3 Membrane maintenance: Long-term MD performance has been associated with
changes in membrane surface properties (like hydrophobicity, roughness) and the membrane
lifetime depends on the recoverability of these surface properties [119]. Most of the literature
concerning long-term real wastewater treatment and reclamation using MD reported the use of

PTFE and PVDF commercial MD membranes. The higher hydrophobicity of PTFE membrane



surfaces reduced wettability and fouling while reclaiming pre-treated municipal wastewater
[143] and landfill leachates [144], and also enabled flux recovery by water flushing in
textile/dyeing wastewater recovery over a more extended operational period [124] compared to
PVDF membranes. A pilot scale system treating textile/dyeing wastewater with PTFE
membranes demonstrated complete recovery of original flux and about 79% recovery of
membrane mass transfer coefficient (expressed in L/m?/h/bar) through a series of cleaning steps
after an operation period of 65 days [131]. This study operated a pilot-scale DCMD system for
65 days using a PTFE membrane and real treated textile wastewater as feed water. The
performances of different cleaning options were evaluated from membrane flux (L/m%h) and
membrane mass transfer coefficient (L/m%h/bar). The membrane flux and membrane mass
transfer coefficient reduced to 72% and 53% of the original clean brine values after 65 days of
pilot-scale operation. The study performed three different cleaning operations in series and used
a clean brine solution as feed to assess the cleaning effectiveness after cleaning operation. The
cleaning methods used were: (a) warm caustic clean (1.5% NaOH at 55°C for about 45 minutes),
(b) ambient chlorine cleaning (0.1 wt% NaOCI as free chlorine at ambient temperature for 30
minutes), and (c) DI water cleaning (DI water was pumped through the MD module channels
until the electrical conductivity stopped to increase and the DI water was left to soak the
membrane overnight) [131]. Among the three different cleaning mechanisms employed, the
caustic cleaning was successful in recovering membrane flux and membrane mass transfer
coefficient. The hypochlorite cleaning did not enhance the mass transfer coefficient. This was
linked to the attachment of the fouling materials on the PTFE membranes or the nature of the
textile processing material and their resistance to chlorine degradation. DI water cleaning, which

is popularly employed to remove inorganic fouling, did not show any improvement in the



membrane performance as most of the fouling was organic in nature [131]. Due to the
effectiveness of the first caustic cleaning (which achieved membrane flux and membrane mass
transfer coefficient enhanced to 77% and 61% of the original clean brine values), a second
caustic cleaning was employed over 60 minutes time period. After the second caustic cleaning,
the membrane flux was recovered completely, and the mass transfer coefficient was 79% of the
initial value [131]. There is a scope for optimization of the caustic cleaning for a particular type
of wastewater in terms of caustic concentration, temperature, and time. Also, the cleaning
frequency should be selected appropriately, as the fouling rate increased significantly after the
cleaning operation [131]. Hydrophobicity of PTFE membranes was mostly recovered by
chemical cleaning (0.1% citric acid) during reclamation of pre-treated wastewater (combination
of stormwater and biologically treated sewage effluent) RO concentrate in DCMD [127]. The
wastewater RO concentrate was pre-treated by batch adsorption using 5 g/L GAC (Coal based
GAC, MDW4050CB, James Cumming & Sons Pty. Ltd., particle size range: 425-600 pm,
average pore diameter 30 A, and 1000 m?/g, respectively) [127]. Whereas, significantly faster
loss of hydrophobicity with the PTFE membrane was observed when raw RO concentrate was
used as feed water (mainly due to the combined adhesion of hydrophilic organics and inorganic
CaCO; on the membrane), which did not improve through water or acid washing [127].
Although after cleaning, the membrane flux was recovered close to its initial value, the
membrane flux dropped more rapidly with enhanced wetting [127]. Chemical rinsing, using an
acid (2% w/w HCI solution) and a base (2% w/w NaOH solution) solution, for 30 min each,
enabled recovery of the hydrophobic characteristics of the PVDF hollow-fiber membrane during
recovery of recirculating cooling water [165]. A NaOH solution was recirculated (at 60°C feed

and 20°C permeate temperatures, with periodic addition of NaOH to maintain a pH above 11 in



the feed side) for cleaning a PP membrane, following DI water rinse, between DCMD of a
synthetic feed water containing a target concentration of silica (~225 mg/L) [194]. The cleaning
with NaOH solution achieved recovery of permeate flux to 23 L/m%h when testing with new
solution began for the second cycle, which is lower than the initial clean membrane flux of 28
L/m?/h [194]. The flux decline in the second cycle (i.e., after cleaning) was rapid when compared
to the first cycle [194]. Membrane flux recovery scenarios investigated using synthetic water do
not necessarily reflect the complexity of real wastewater and usually provide better flux recovery
performances. A membrane distillation bioreactor (MDBR) with 6 and 12 g/L MLVSS biomass
added to a feed solution from an anaerobic reactor treating high-strength simulated wastewater
exhibited permeate flux decreases of 50% and 70%, respectively after 72 hours of operation
using a PTFE membrane, most of which were removable fouling [145]. 71-77.5% of the fouling
of the membrane surface was observed to be removable (after washing with de-ionized water),
while 21.2-25.6% of fouling was reversible (after caustic cleaning) [145]. The PTFE membrane
recovered 96% of the initial flux after combined water and caustic cleaning [145]. There is a
need to perform a more organized study of membrane flux recovery using a number of different
membrane cleaning processes (i.e., water flushing, caustic cleaning, acid cleaning, etc.) for
different real wastewaters. For wastewater causing organic fouling in the membranes, caustic
cleaning showed better performance to recover membrane performance in several studies.
However, the fouling rates were enhanced post cleaning operation of the system, which can be
associated with the change in membrane characteristics due to the cleaning operation. As a
result, there is a need for optimization of the cleaning processes (in terms of chemical
concentration, cleaning duration, frequency or cleaning) for particular types of wastewaters,

which can cause inorganic fouling, organic fouling or biofouling. Such analyses will enhance the



understanding of the membrane-foulant interaction, and help in the design of the operational

protocol for MD systems when applied in wastewater recovery.

Recovery of wetted membranes has mostly been studied with saline water but holds practical
significance in the application of MD for wastewater reclamation. Dewetting techniques of MD
membranes reported in literature involves (a) chemical/water rinsing and/or drying, and (b)
backwashing [106,195]. To eliminate wetting, membranes must be dried and cleaned to remove
the water and solutes deposited in the membrane pores, which usually takes several hours
leading to process downtime and potential membrane degradation [116]. Reducing the
hydrostatic pressure on the membrane to less than LEP will not achieve recovery of wetted
membrane pores to its un-wetted form after wetting initiates after reaching LEP [6]. The
decrease of pressure below LEP at this point only reduces the flux linearly [6]. Just drying of a
wetted MD membrane does not mitigate the wetting issue completely as the salt deposits inside
the membrane pores make an irreversible structural change inside the pores [122,196]. Rinsing
of MD membranes with distilled water and solvents to remove scalants have shown some
improvements in abating wetting in MD systems; however, the membrane gradually loses its
resistance to wetting with time in feed solutions with common foulants, as the cleaning poorly
restores performance [197]. Membrane recovery by rinsing with concentrated HCI solution was
performed to remove iron dioxide precipitates from the surface and pores of a PP membrane
[95]. The membrane flux increased after partial dissolution of deposit from the membrane
surface, but partial wetting of membrane took place when all the deposits dissolved (also
including that precipitated in the pores), and the permeate flux reduced gradually with time after

cleaning [95]. Another approach for recovery of the wetted membrane is backwashing. Air



backwashing (with an air pressure higher than the liquid entry pressure) of a wetted membrane
containing the liquid can force wetting liquid out and prevents the solutes from precipitating
inside the pores [195,198,199]. On the other hand, air backwashing to dried membrane has been
reported to be useful only for removal of deposits on the pore mouth [200]. Dewetting of wetted
MD membranes has also been achieved with high-temperature air backwashing [201,202]. The
optimum temperature and time of exposure for dewetting a wetted membrane in VMD were
reported to be 60-70°C and 8-12.5 min., respectively [202]. A study was carried out to evaluate
the relative effectiveness of a pressurized air backwashing technique to the membrane dry out
process in reversing membrane wetting in MD [195]. The pressurized air backwashing system
restored the LEP to 75% of the pristine membrane in ~10 s treatment time (for lower salinity
feeds) by removing the saline solution from the membrane using a cold air stream and hence did
not involve a dry out step or evaporation [195]. Compared to the dry out method, which only
evaporates the water from membrane pores and leaves behind trapped crystalline solutes within
the membrane to promote rewetting, the pressurized air backwashing system removes saline
solution (both water and salts) from the membrane without any vaporization [195]. Analysis of
SEM image showed possible superficial tears of the membrane in the pressurized air
backwashing technique [195]. The risk of partial membrane wettability can also be limited by
reducing the period between cleaning process to maintain a thin scaling layer on the membrane
surface [203]. Removal of scaling from the membrane surface in quick intervals limits the degree
of oversaturation inside the wetted pores, which reduces internal scaling [203]. The dissolution
of pore deposits can initiate wetting as a result of internal scaling [204][205]. As stated before,
the recovery techniques of wetted membranes have been studied mostly for saline water. There is

a scope to assess the suitability of these techniques in the reclamation of different types of



wastewater using MD. The complex composition of different kinds of wastewater might offer a
completely different scenario to these recovery options, which might warrant modification or
enhancement of recovery techniques for wetted membranes. Nevertheless, the reported wetted
membrane recovery techniques will offer fundamental approaches to researchers for the
development of novel wetting recovery methods for membranes when MD is applied for

wastewater recovery.

54  Membrane modification/fabrication: Many studies have reported enhanced MD
performance during wastewater recovery by using fabricated novel membranes or modified
commercial membranes. Wetting resistance of MD membranes has been improved through the
construction of superhydrophobic and omniphobic surfaces. Self-cleaning membranes have also
been developed to reduce fouling in MD, whereas modifications of membrane matrix and surface
composition have also been carried out to achieve better fouling and wetting performance during
the recovery of wastewater. The following sections briefly discuss different modified/novel MD

membranes.

Superhydrophobic membrane: Superhydrophobic MD membranes are essentially formed by
roughening of hydrophobic surfaces, by using inorganic nanoparticle (e.g., silica, titanium oxide,
fluorographite) [15,113,206] or micro-particle [118] coating, which inherently lowers the
membrane surface energy. A superhydrophobic polydimethylsiloxane (PDMS)/PVDF hybrid
electrospun membrane showed 50% higher flux than that of commercial PVDF membranes
without any observable fouling or wetting while treating textile/dyeing wastewater [118]. The

superhydrophobic membrane containing PDMS microspheres prevented dye particles from



entering into the membrane pores and permitted the formation of a loose fouling layer on the
membrane surface. As a result, the hybrid PDMS/PVDF membrane showed excellent flux
recovery through intermittent water flushing [118]. A tri-bore PVDF hollow fiber membrane
with superhydrophobic Teflon AF2400 coating (optimized to a concentration of 0.025 wt%
Teflon AF 2400 for 30 sec.) demonstrated enhanced anti-wetting properties (LEP increased by
109%, membrane surface contact angle 151°) and membrane performance in long-term DCMD
experiments with synthetic feed water [207]. The superior anti-wetting properties of the coated
membranes could be explained due to the lower surface tension and smaller maximum pore size
of the coated surface, which makes it more difficult for the liquid to penetrate the pores and due
to the low-surface-energy of the surface, which reduces possibility of surface nucleation and
further scaling [207]. Superhydrophobic MD membranes can offer long-term wetting resistance
to water into membrane pores when compared to hydrophobic membranes. However, the
presence of low surface tension contaminants (e.g., alcohol) and surface-active reagents (e.g.,
surfactants) in feed water poses a critical challenge to the reclamation of wastewater using
superhydrophobic membranes. Wastewater containing amphiphilic-surfactants or low surface
tension contaminants may cause wetting in long-term operation of superhydrophobic

membranes.

Omniphobic membranes: Omniphobic membranes, which repel both water and oil, provide
enhanced resistance to wetting resulting from low surface tension contaminants. The
modification of membrane surface chemistry and morphology to have low surface energy
materials and single/multi-level re-entrant structures, respectively on the membrane surface

enables development of omniphobic membranes [49,103,104,115,147,208]. The incorporation of



single/multi-level re-entrant structures to the membrane surface and attainment of low surface
energy provides added wetting resistance to omniphobic membranes than the superhydrophobic
membranes. The re-entrant structure provides a local energy barrier even to the low surface
energy contaminants from transitioning from the meta-stable Cassie-Baster state (in which
microscopic air pockets remain trapped below the liquid and membrane pores) to the Wenzel
state (in which the solid-liquid interface is maximized) and enable propagation of the liquid-air
interface within the membrane pore [49,103,209]. An omniphobic membrane was fabricated by
grafting negatively-charged silica nanoparticles in a positively-charged nanofiber mat prepared
by electrospinning a polymer-surfactant solution of PVDF-hexafluoropropylene (HFP) and
cationic surfactant (benzyltriethylammonium) [103]. DCMD experiments were carried out using
a synthetic feed solution containing low surface tension substances, prepared to mimic industrial
wastewater generated from shale gas production [103]. To demonstrate the DCMD performance
in recovering high salinity and low surface tension water mimicking shale gas wastewater,a1 M
NaCl solution with varying (0.1, 0.2, and 0.3 mM) concentrations of sodium dodecyl sulfate
(SDS, an anionic surfactant) was introduced as feed water [103]. While the control PVDF-HFP
nanofiber membrane failed in freshwater reclamation due to low wetting resistance, the
fabricated omniphobic membrane exhibited successful freshwater production and stable
performance over 8 hours of operation [103]. A number of studies have reported grafting of
silica nanoparticle (SiNPs) on MD membranes to achieve single/multi-level re-entrant structures
on the membrane surface and functionalization of fiber substrate with fluoroalkylsilane (FAS) to
achieve lower surface energy of the membrane while fabricating an omniphobic membrane
[104,210]. These studies utilized a synthetic recipe similar as given above [104], or a recipe for

an emulsion prepared by ultrahigh-speed mixing of SDS: hexadecane: NaCl at a concentration



ratio of 240: 2400 :10000 (mg/L) in water [210], and used as the feed solution to simulate oily
waste water. One study reported, modification of a PVDF membrane to produce an omniphobic
membrane by coating the PVDF membrane with SiNPs (following NaOH alkaline treatment and
(3-Aminopropyl)- triethoxysilane grafting) and lowering the surface energy of the coated
membrane using perfluorodecyltrichlorosilane (FDTS) via vapor- phase silanization [49]. The
study observed the flux and salt rejection performance on the omniphobic PVDF membrane and
compared it to the control PVDF membrane. Synthetic solutions were prepared as feed water
with 1 M NaCl and progressively varying SDS concentration (0.05, 0.1, 0.2 mM) or mineral oil
concentration (8, 40, 80 mg/L) after every 2 hours [49]. Four-hour long DCMD experiments
demonstrated almost complete rejection of salts in the omniphobic PVDF membrane, while the
flux showed a minimal gradual decline over the four hours. The control PVDF membrane was
completely wetted with increasing SDS concentration (>0.1 mM) [49]. Whereas, in case of
mineral oil in feed (8 mg/L) the flux rate started to decline due to fouling, and eventually the
membrane wetted as the mineral oil concentration was raised above 40 mg/L, and was evident
through the rapid increase of flux and decrease of salt rejection [49]. The same study reported
DCMD experiments with real shale gas brine (pre-filtered using 16 um filter, water quality: total
dissolved solid 101,000 mg/L, surfactant 3.2 mg/L, oil and grease 2.0 mg/L, total volatile
organics <0.14 mg/L, total suspended solids 41 mg/L) as feed water with the modified
omniphobic PVDF membrane and control PVDF membrane until 500 mL permeate volume was
gathered. The flux decline in the control PVDF and omniphobic PVDF membranes were 50%
and 86%, respectively, and the permeate conductivity in case of the control PVDF membrane
was about four times of that of the omniphobic membrane [49]. The Performance of omniphobic

membrane surpasses that of the superhydrophobic membrane in repelling low surface tension



contaminants [104]. Another fabrication methods for omniphobic membranes involve layer-by-
layer assembly of negatively charged silica aerogel and perfluorodecyltriethoxysilane on PVDF
membrane and interconnecting them with positively charged poly(diallyldimethyl ammonium
chloride) via electro-static interaction [115]. The fabricated omniphobic membrane,
demonstrated good wetting resistance in an AGMD with feed water from reverse osmosis brine
of coal seam gas produced water (from Gloucester Basin located along the lower north coast of
New South Wales, Australia, conductivity ~22.6 mS/cm), which contained externally added
surfactants (SDS at an increasing concentration of 0.1, 0.3, and 0.5 mM) [115]. Chung et al.
reported fabrication of an omniphobic PVDF hollow-fiber membrane via silica nanoparticle
deposition (causing surface roughness and re-entrant structure) followed by a Teflon AF 2400
coating (causing surface energy lowering), which demonstrated good repellency toward different
liquids with varying surface tensions and used it successfully in a VMD with synthetic water
containing sodium dodecyl sulfate surfactant (at varying concentrations of 0.2, 0.4, and 0.6 mM
in a 3.5 wt% NaCl solution) [208]. Observations from different studies indicate that omniphobic
membranes demonstrate superior wetting resistance to water, low surface tension contaminants
(e.g., alcohol), and surfactants. So, the omniphobic membranes can be used in place of
superhydrophobic membranes to prevent wetting in MD. In this sense, the omniphobic
membranes can be regarded as a superior version of the superhydrophobic membranes. However,
for other types of water (i.e., water without low surface tension contaminants or surfactants)
superhydrophobic membranes can be used with enhanced wetting resistant performance than

usual hydrophobic membranes.



Hydrophobic membrane with hydrophilic skin layer: Recent research works demonstrated
fabrication of an in-air hydrophilic (or underwater oleophobic) coating layer on hydrophobic
membranes to prevent adsorption of non-polar contaminants on membranes [114,211]. Lin et al.
compared wettabilities of a PVDF hydrophobic membrane, a composite PVDF membrane with
superhydrophilic skin layer, and an omniphobic membrane [146]. The superhydrophilic skin was
developed by spray coating a perfluorooctanoate/chitosan/silica nanoparticle (PFO/CTS/SINP)
nanoparticle-polymer composite onto a PVDF membrane. Both hydrophobic PVDF membrane
and omniphobic membranes were in-air hydrophobic, while the superhydrophilic coated surface
of the composite membrane was in-air hydrophilic. The composite membrane underwent an
oleophilic-to-superoleophilic transition with complete adsorption of an in-air oil droplet on the
surface in 10 min. The reconfiguration of surface functional groups on the membrane has been
suggested to be a possible mechanism for dynamic wetting by an oil droplet. It was assumed that
the oil was initially in contact with the low-surface-energy perfluoroalkyl chains in the PFO and
after extended contact with the PFO/CTS/SINP surface coating layer, the interaction between oil
and CTS became dominant, and thus membrane wetting was promoted [146]. Dynamic wetting
of membranes has also been reported with commercial PTFE membranes contacting different
low-surface-tension liquids where the time required to thoroughly wet the surface varied and
depended on the contacting liquids [147]. Both the hydrophobic PVDF membrane and composite
membranes were wicked by oil droplet in air, while the omniphobic membrane was not wicked
by oil in air due to its combined reentrant surface morphology and low-surface-energy of
materials. The underwater oil contact angles were very low for PVDF membrane due to the
strong hydrophobic-hydrophobic interaction of membrane surfaces with oil droplet. The

composite membrane was highly oleophobic under water due to strong repulsive hydration force



experienced by the oil droplet when it endeavored to wet the superhydrophilic PFO/CTS/SINP
surface. The omniphobic membrane also demonstrated oleophobic character under water.
However, when compared to the in-water oleophobicity of the composite membrane, the
omniphobic membranes were relatively less oleophobic underwater due to the hydrophobic-
hydrophobic interaction between oil and the low-surface-energy membrane materials [146].
Nonetheless, omniphobic membranes have demonstrated larger contact angles towards
hydrophobic and low-surface tension liquids, when compared to hydrophobic membranes

[49,103,104,115,147,208].

Fouling and reusability of three different MD membranes were evaluated to study the effect of
membrane surface wettability modification on reclamation of shale oil and gas produced water
[47]. The concentrations of total dissolved solids, total organic carbon, oil and grease, and total
volatile petroleum hydrocarbon in the shale oil and gas produced waters used in this study was
39,650-40,370 mg/L, 700-1,400 mg/L, 6.2-9.2 mg/L, 4.8-4.82 mg/L, respectively [47]. The three
membranes were (a) PVDF hydrophobic membrane, (b) superhydrophobic PVDF membrane
(with low surface energy material FAS and a re-entrant structure attained by grafting with silica
nanoparticle), and (c) composite PVDF membrane with hydrophilic PVA coating (Janus
membrane, the PVDF-PVA membrane was in air hydrophilic and underwater oleophobic)
[47,212]. The superhydrophobic membrane fabricated in this study featured both low surface
energy material and a re-entrant structure, which makes it equivalent to an omniphobic
membrane as referred by other researchers. The relation between membrane surface wettability
and fouling potential was influenced by feed water composition. The membrane fouling was

reversible by physical membrane cleaning in all the membranes studied in the reclamation of



shale oil and gas produced water [47]. However, the superhydrophobic (equivalent to an
omniphobic) membrane exhibited better reusability among the three studied membranes, at the

expense of water productivity, in three successive treatment cycles [47].

Self-cleaning membrane: Self-cleaning properties of membranes against inorganic/organic
scaling have been reported in several literatures [117,213]. An electrically conducting composite
PP membrane with a carbon nanotube-poly(vinyl alcohol) layer demonstrated enhanced cleaning
capacity of silicate scaling that developed during MD operation through the generation of
hydroxide ion by water electrolysis [117]. Incorporation of TiO, nanoparticles in a PVDF
membrane showed decomposition of gallic acid foulants in the membrane under irradiation of

UV light due to photocatalytic activity of TiO, nanoparticles blended in the membrane [213].

Other novel composite/surface modified membranes: Apart from the variations mentioned above,
many studies have reported the modification of membrane matrix/surface layer property to
enhance flux and alleviate fouling-wetting scenarios in MD. A carbon nanotube incorporated
PVDF-PP membrane for the MD of pharmaceutical wastewaters demonstrated higher rejection
for four active pharmaceutical ingredients (ibuprofen, dibucaine, acetaminophen,
diphenhydramine) and improved permeate flux due to the integration of immobilized carbon
nanotubes in the membrane matrix [214]. CNTs are highly hydrophobic and are known to have
rapid sorption-desorption capacity: as a result, it has been postulated that water vapor molecules
hop from one site to another by interaction with the CNT surfaces and increase overall vapor
transport [214]. The CNTSs also provided alternate routes for mass transport via diffusion along

their smooth surface and directly through their inner tubes, which enhanced vapor transport



[214]. Khayet (2013) developed composite hydrophobic/hydrophilic membranes via the phase
inversion method using a blend of fluorinated surface modifying macromolecules and host
polymers (polysulfone and polyethersulfone), and successfully employed them in DCMD of low-
level and medium-level radioactive wastewater with higher LEP of water values, lower permeate
fluxes, higher rejection factors, and lower radioactive adsorption to the membrane surface [215].
Some researchers reported fabrication/modification of membranes to enhance wetting resistance
at the expense of permeate flux. A fabricated PVDF-Cloisite 15A nanocomposite membrane was
able to improve the permeate quality significantly while treating textile/dyeing wastewater in
DCMD, but the membrane flux rapidly declined to 50% within the first few hours of a 40-hour
operation [125]. Lin et al. (2015) modified the surface of a hydrophobic porous PTFE membrane
by applying a thin layer of agarose hydrogel for textile/dyeing wastewater reclamation [216].
The modified PTFE membrane exhibited no wetting and about 71% of the flux of the bare PTFE

membrane while treating textile/dyeing wastewater [216].

Despite the increasing interest in fabrication/modification of MD membranes for enhanced flux
and reduced fouling/wetting propensity, most novel studies report short-time performance of the
membranes in bench-scale systems using synthetic/simulated wastewater. To assess the full
potential of the fabricated/modified membranes, long-term pilot-scale performances of these

membranes must be evaluated using real wastewaters.

6. Energy consumption and economic aspects of MD for wastewater recovery
Many studies have looked into energy consumption in MD processes, using thermodynamic

modeling or pilot-scale operations, while it is applied for desalination of seawater, brackish



water [25,53,62,63,78,196]. Thiel et al. (2015) reported energy consumption scenarios in the
reclamation of shale gas produced water for several desalination technologies through the
modeling of produced water properties (i.e., high salinities and diverse compositions commonly
encountered in produced water from shale formations) using Pitzer’s equation [217]. This study
emphasized on how the produced water qualities create differences in system thermodynamics at
salinities significantly above the oceanic range. Efficiency models were developed for
mechanical vapor compression (MVC), multi-effect distillation (MED), forward osmosis (FO),
humidification-dehumidification (HDH), permeate gap membrane distillation (PGMD), and
reverse osmosis (single- and double-stage RO) systems [217]. Thermal and electrical energy
consumptions (in kWh/m? of recovered water) were evaluated for the processes mentioned above
with a feed stream and brine stream salinity of 15% and 26%, respectively. Total energy
consumption of RO and MVC was lower among all the processes. However, all of the energy
consumption for RO and MVC was electrical energy. For the feed and brine salinity conditions
considered, the total energy consumption in single-effect MVC, dual-effect MVC, single-stage
RO, and dual-stage RO processes were 26 kWh/m®, 19 kwh/m®, 14 kWh/m?®, and 10 kWh/m®,
respectively. The total energy consumption in tri-effect MED, zero-extraction HDH, PGMD, and
FO processes were ~200 kWh/m?®, ~360 kWh/m?®, ~510 kWh/m?®, and ~600 kWh/m?, respectively
[217]. Majority of the energy consumption in the MED and FO and almost all of the energy
consumption in HDH and PGMD processes were thermal energy. Shihong Lin et al. (2014) also
demonstrated an energy requirement of 27.6 kJ/kg of seawater for recovery of seawater using
DCMD at a working temperature of 60°C, which regardless of the mass transfer kinetics will not
be able to achieve a single-pass feed water recovery rate higher than 6.4% [25]. When compared

to typical seawater desalination using RO process the energy requirement is about 3.18 kJ/kg of



seawater (for a typical recovery of 50%) [25]. Fouling comparison study conducted among
DCMD, RO, and FO under similar hydrodynamic conditions, observed superior MD
performance (with a 14% flux reduction) over RO and FO (with around 48% and 46% flux
reductions, respectively) for organic (alginate) fouling after 18 hours application [218]. The rise
of the diffusion coefficient of the organic foulants due to high feed temperature of MD resulted
in the transport away of contaminants from the membrane surface; hence flux enhancement
occurs when compare to RO and FO. Also, hydraulic resistance of the membrane-fouling layer in
MD has insignificant influence on permeate flux [218]. When inorganic (calcium sulfate) feed
solution was used, all three (RO, FO, and MD) systems operated under somewhat supersaturated
condition for 36 h without scaling. FO exhibited the greatest scaling resistance against a feed of
33+2 mM calcium sulfate without significant flux decline. Scaling began to occur at significantly
higher concentrations at the membrane, and the concentrations were 46-58 mM for FO
membrane (cellulose triacetate membrane), 35-38 mM for RO membrane (polyamide thin film
composite membranes), and 33-38 mM for MD membrane (PVDF membrane) [218]. The
superior inorganic scaling resistance in FO could be explained by the low surface energy of the
FO cellulose triacetate membranes and due to enhanced crystallization kinetics of inorganic salt
at high temperatures in the MD systems. The flux decline in MD was faster than that of FO and
RO after gypsum scaling triggered. So MD systems should be used with appropriate membrane
management schemes when the feed water source contains both organic and inorganic foulants
(e.g., municipal wastewater). Furthermore, MD feed stream temperature should also be selected
in a way that the solubility of inorganic contaminants does not decline drastically to cause severe

fouling and flux decline [218].



The gained output ratio (GOR), which is defined by the ratio between the useful heat (i.e., the
heat associated with water vapor transfer) and the total heat input of the system, is used to
evaluate the thermal efficiency of MD processes [25,53,217]. For PGMD, the GOR ranges from
about 1 to 2 depending on the system size, feed and brine salinity [217]. The low GOR value,
due to a single-pass application, can be improved by recirculating the brine for high recovery
ratio. Also, multi-stage MD configurations can be adopted for better heat recovery in the system
and improve GOR. GOR and flux performance of common single stage MD configurations
(DCMD, AGMD, CGMD, PGMD) were modeled up to high feed salinity levels (salinity up to
260 g/kg), and AGMD was observed to be more resistant to higher feed salinity levels and can
achieve high GOR values than other configurations due to lower heat loss across the low thermal
conductivity air gap [62]. The GOR values for a feed salinity of 250 g/kg and a flux of 2 L/m%h
was observed to be ~ 2.75 (AGMD), ~ 2.1 (for CGMD, thick membrane of 1.2 mm thickness), ~
1.6 (for CGMD), and ~ 1 (for PGMD) [62]. AGMD systems should be operated without any
partial or complete flooding of the air-gap. Any flooding of the air gap will lower the
performance of AGMD towards that of PGMD. On the other hand, CGMD and DCMD with a
thick membrane (thickness equal to the sum of the membrane and air gap thickness of AGMD)
are also resistant to high salinity without having any gap flooding concerns during operation.
However, the performance of an AGMD system, without gap flooding, is better than that of a
CGMD with a thick membrane, mainly due to the higher permeability coefficient of the open air-

gap, and the likely lower thermal conductivity of the air gap than that of the membrane [62].

In the presence of an alternative waste-heat or low-grade heat source, the MD process can

compete with different desalination processes. Application of DCMD, coupled with a salt-



gradient solar pond (SGSP), for reclamation of terminal lake water demonstrated the use of low-
grade heat from the lower convective zone of the salt-gradient solar pond [50,52]. The coupled
system constructed an SGSP inside a lake for reclamation of terminal lake water and utilized
approximately 20 kW/m? and 60 kW/m? of energy from the solar pond to drive thermal
distillation, for two different feed temperatures (33.9°C and 53.9°C, respectively) [50]. Water
production was on the order of 1.6x10° m*d/m? of SGSP, with membrane areas ranging from
1.0 to 1.3x10™° m?m? of SGSP [50]. Approximately 75-80% of the extracted energy was used to
transport water across the membrane (the enthalpy flow), and the remainder was lost by
conduction in the membrane [50]. Therefore, improvement of DCMD membranes and modules
to reduce conductive heat losses would yield higher water fluxes. The use of an alternative
renewable thermal energy source compensated the high thermal energy requirement of MD, and
only little electrical energy is required to operate the MD process [50,52]. Noel Dow et al. (2017)
demonstrated the use of DCMD in recovering textile wastewater and reported an average
specific thermal energy consumption of 1,600 kWh/m?® until the total permeated water volume
was 2 m*/m? of membrane surface area [131]. With increasing fouling in the membranes, the
specific thermal energy consumption rose sharply to 4,180 kWh/m® before the system was
stopped for cleaning [131]. The substantial rise in thermal energy consumption leads to less
water treated for the same thermal energy input and justified membrane cleaning. Assessment of
waste-heat (generated in the textile plant) integration observed that MD could be applied to the
particular textile plant when other treatment strategies (like reverse osmosis or nanofiltration) are
introduced for saline-wastewater isolation and pre-concentration of the feed stream to reduce

waste volume [131].



Woldemariam et al. (2016) reported AGMD pilot plant trials with pharmaceutical residues and
relevant energy demand analysis with economic evaluations of large scale water recovery
systems [134]. The low-temperature district heating return line feasibly supplied the thermal
energy required for the MD process. Specific heat demands for the AGMD ranged from 692 to
875 kWh/m?* without heat recovery and as low as 105 kWh/m* when heat recovery is possible
[134]. The economic evaluation was performed for three cases: (i) Case 1: specific thermal
energy input of 692 kWh/m? with no heat recovery and employing 1176 MD modules, (ii) Case
2: specific thermal energy input of 735 kWh/m? with no heat recovery and employing 644 MD
modules, and (iii) Case 3: specific thermal energy input of 875 kWh/m® with recovery of 770
kWh/m? (i.e. with a demand of 105 kW/m?®) and employing 1212 MD modules [134]. The capital
cost of water treatment was estimated based on five years lifetime for membranes and a twenty-
year operational span of other MD equipment in the system (having 10 m*/h treatment capacity).
Case 2 configurations have the least specific capital expenditure (CAPEX) due to the higher
permeate flux and so smaller number of modules requirement. Cases 1 and 3 have nearly
overlapping specific CAPEX values due to the very close permeate flux, and so closer number of
MD modules is required for particular production capacity. Hence, case 2 specific CAPEX
showed a reduction from $50,000 to $20,000 per (m%h) when the plant capacity increases from
10 to 100 in m*h [134]. For a plant capacity of 8000 m*/h, specific CAPEX will be as low as
$9,800 and $16,000 per (m*h) for Cases 2 and 1, respectively. The annual operational and
maintenance expenditure (OPMEX) were also evaluated for the three scenarios. Heat demand
had the highest contribution (about 94%) in the total expenditure for the systems followed by
CAPEX (3.4%), service and maintenance (1.2%), and costs of the membrane (0.7%). Case 3 and

Case 2 registered the lowest and highest cost of heat, which was mostly due to heat recovery in



Case 3 and larger heat demand for Case 2. The total unit cost of water was $5.4/m* for an MD
plant having 8,000 m®h treatment capacity, and heat requires an amount of $5.1/m> of water
[134]. Heat recovery (Case 3) enabled achievement of the lowest unit cost of water treatment,
but this scenario also generates least permeate flux (so it will require large membrane area and

higher initial investment) [134].

Energy consumption and economic concerns are essential for the considerations of any
technology. MD, which requires very high thermal energy input compared to many desalination
processes, shows great potential and competitive energy consumption scenarios to other
desalination technologies when an alternative (waste-heat or low-grade heat) energy sources are
available to heat the feed stream. Pre-treatment of wastewater before MD becomes necessary to
reduce fouling and wetting concerns, which otherwise will increase energy consumption and
decrease efficiency in the treatment and recovery process. The contribution of pre-treatment
strategies to the overall expenditure of water recovery is an important factor. While many studies
have looked into the incorporation of different pre-treatment and integrated processes with MD,
it is important to evaluate the overall increase in capital, operational, and maintenance

expenditure due to the inclusion of varying pre-treatment strategies.

7. Outlook on MD for wastewater reclamation

MD for wastewater reclamation differs from saline water desalination mostly due to differences
in feed water quality and the interaction between contaminants and the membrane surface. It
should be mentioned here that the different fouling and wetting mechanisms in MD remain the

same in both these applications. It is evident that fouling and wetting scenarios (i.e., occurrence



rate, extent, etc.) will significantly vary in MD when used for wastewater reclamation, compared
to desalination of saline water. Applicability of MD in desalination has been limited to high-
salinity brines due to its high-energy requirement compared to pressure-driven RO process. It
should be kept in mind that, while various pre-treatments are provided to wastewater to control
fouling (inorganic, organic and biofouling) and wetting in MD, the justification of employing
MD over RO, in recovering pre-treated wastewater, is seldom studied in detail. Nevertheless,
MD has been highlighted as an economical option for recovery of highly saline pre-treated
wastewater provided waste/alternative heat sources are available [183]. Pre-treated wastewater
with low/moderate salinity and organic content might still pose significant organic fouling and
biofouling problems in RO membranes due to low operational temperature. Such wastewater
might necessitate a higher degree of pre-treatment before RO or make MD a better option for
reclamation. While some studies have compared between RO and MD based on feed salinity and
energy requirement, there is a scope for investigating the impact of organic and microbial quality

of feed wastewater in the selection of recovery process for a given volume of wastewater.

Successful application of MD for wastewater reclamation will require a comprehensive

understanding of membrane fouling and wetting mechanisms and relevant mitigation strategies.

As interest grows for wastewater reclamation using MD, the following issues should be kept in

mind:

e The interaction between the membrane and wastewater constituents complexly affects MD
performance, influencing permeate flux, permeate quality, membrane fouling and wetting.

e Pre-treatment of wastewater is essential to achieve a consistent performance of MD in

wastewater reclamation. For industries with an existing wastewater treatment facility, the use



of MD for wastewater reclamation often becomes feasible due to the availability of pre-
treated wastewater and waste-heat in close proximity. There is a scope to study different pre-
treatment processes integrated with MD for wastewater reclamation.

e Limited systematic research has been conducted into different membrane maintenance
procedures. There is a significant lack of organized information on cleaning approaches for
flux recovery in long-term operation of MD with real wastewater.

e Several novel/modified MD membranes (superhydrophobic, ombiphobic, hydrophobic
membrane with hydrophilic skin layer, etc.) have been reported in the literature. In most
cases, these novel/modified membranes have been studied using synthetic wastewater. Only
a few of these membranes were examined for reclamation of real wastewater. It is important

to select a membrane type considering the type of contaminants in the feed stream.

Results from the literature indicate that MD is a promising wastewater reclamation process and it
can be effectively used when paired with suitable pre-treatment options and low-grade/waste-
heat sources. However, systematic, long-term, pilot-scale evaluation of different MD module
configurations are required to ensure robust operational processes in industrial-scale wastewater
treatment and reclamation. On top of this, combined energy and cost analyses are imperative to
compare the applicability of MD with other wastewater recovery processes to further optimize

and enhance the economic performance of MD.



Acknowledgements
The Natural Sciences and Engineering Research Council (NSERC), Canada financially
supported this work. The views and opinions of authors expressed herein do not necessarily state

or reflect those of NSERC, Canada or any other agency thereof.

Author Contribution

M.R.C. and N.A. contributed equally to this work.



References

[1]

[2]

[3]

[4]

[5]

[6]

[7]

[8]

[9]

Zeng Z, Liu J, Savenije HHG. A simple approach to assess water scarcity integrating
water quantity and quality. Ecological Indicators 2013;34:441-9.
doi:10.1016/j.ecolind.2013.06.012.

Hoover LA, Phillip WA, Tiraferri A, Yip NY, Elimelech M. Forward with osmosis:
Emerging applications for greater sustainability. Environmental Science and Technology
2011;45:9824-30. doi:10.1021/es202576h.

Shannon MA, Bohn PW, Elimelech M, Georgiadis JG, Marifias BJ, Mayes AM. Science
and technology for water purification in the coming decades. Nature 2008;452:301-10.
doi:10.1038/nature06599.

Alkhudhiri A, Darwish N, Hilal N. Membrane distillation: A comprehensive review.
Desalination 2012;287:2-18. doi:10.1016/j.desal.2011.08.027.

Khayet M, Matsuura T, Mengual JI, Qtaishat M. Design of novel direct contact membrane
distillation membranes. Desalination 2006;192:105-11. doi:10.1016/j.desal.2005.06.047.
Lawson KW, Lloyd DR. Membrane distillation. Journal of Membrane Science
1997;124:1-25. doi:10.1016/S0376-7388(96)00236-0.

Drioli E, Ali A, Macedonio F. Membrane distillation: Recent developments and
perspectives. Desalination 2015;356:56—84. doi:10.1016/j.desal.2014.10.028.

Tijing LD, Woo YC, Choi JS, Lee S, Kim SH, Shon HK. Fouling and its control in
membrane distillation-A review. Journal of Membrane Science 2015;475:215-44.
doi:10.1016/j.memsci.2014.09.042.

Chen Y, Wang Z, Jennings K, Lin S. Probing Pore Wetting in Membrane Distillation

using Impedance: Early Detection and Mechanism of Surfactant-induced Wetting.



[10]

[11]

[12]

[13]

[14]

[15]

[16]

Environmental Science & Technology Letters 2017:acs.estlett.7b00372.
doi:10.1021/acs.estlett.7b00372.

Curcio E, Ji X, Di Profio G, Sulaiman AO, Fontananova E, Drioli E. Membrane
distillation operated at high seawater concentration factors: Role of the membrane on
CaCO0a3 scaling in presence of humic acid. Journal of Membrane Science 2010;346:263-9.
doi:10.1016/j.memsci.2009.09.044.

Wang P, Teoh MM, Chung TS. Morphological architecture of dual-layer hollow fiber for
membrane distillation with higher desalination performance. Water Research
2011;45:5489-500. doi:10.1016/j.watres.2011.08.012.

Yang X, Wang R, Shi L, Fane AG, Debowski M. Performance improvement of PVDF
hollow fiber-based membrane distillation process. Journal of Membrane Science
2011;369:437-47. doi:10.1016/j.memsci.2010.12.020.

Khayet M, Matsuura T. Preparation and Characterization of Polyvinylidene Fluoride
Membranes for Membrane Distillation. Industrial & Engineering Chemistry Research
2001;40:5710-8. doi:10.1021/ie010553y.

Al-Obaidani S, Curcio E, Macedonio F, Di Profio G, Al-Hinai H, Drioli E. Potential of
membrane distillation in seawater desalination: Thermal efficiency, sensitivity study and
cost estimation. Journal of Membrane Science 2008;323:85-98.
doi:10.1016/j.memsci.2008.06.006.

Razmjou A, Arifin E, Dong G, Mansouri J, Chen V. Superhydrophobic modification of
TiO 2 nanocomposite PVDF membranes for applications in membrane distillation. Journal
of Membrane Science 2012;415-416:850-63. doi:10.1016/j.memsci.2012.06.004.

Blanco Galvez J, Garcia-Rodriguez L, Martin-Mateos |. Seawater desalination by an



innovative solar-powered membrane distillation system: the MEDESOL project.
Desalination 2009;246:567—-76. doi:10.1016/j.desal.2008.12.005.

[17] Kurokawa H, Sawa T. Heat recovery characteristics of membrane distillation. Heat
Transfer-Japanese Research 1996;25:135-50.

[18] Chung HW, Swaminathan J, Warsinger DM, Lienhard V JH. Multistage vacuum
membrane distillation (MSVMD) systems for high salinity applications. Journal of
Membrane Science 2016;497:128-41. doi:10.1016/j.memsci.2015.09.009.

[19] LiaoY, Wang R, Fane AG. Engineering superhydrophobic surface on poly(vinylidene
fluoride) nanofiber membranes for direct contact membrane distillation. Journal of
Membrane Science 2013;440:77-87. doi:10.1016/j.memsci.2013.04.006.

[20] Dongare PD, Alabastri A, Pedersen S, Zodrow KR, Hogan NJ, Neumann O, et al.
Nanophotonics-enabled solar membrane distillation for off-grid water purification.
Proceedings of the National Academy of Sciences 2017;114:6936-41.
doi:10.1073/pnas.1701835114.

[21] Gingerich DB, Mauter MS. Quantity, Quality, and Availability of Waste Heat from United
States Thermal Power Generation. Environmental Science & Technology 2015;49:8297—
306. doi:10.1021/es5060989.

[22] Curcio E, Drioli E. Membrane distillation and related operations - A review. Separation
and Purification Reviews 2005;34:35-86. doi:10.1081/SPM-200054951.

[23] Salls KA, Won D, Kolodziej EP, Childress AE, Hiibel SR. Evaluation of semi-volatile
contaminant transport in a novel, gas-tight direct contact membrane distillation system.
Desalination 2018;427:35-41. doi:10.1016/j.desal.2017.11.001.

[24] Deshmukh A, Boo C, Karanikola V, Lin S, Straub AP, Tong T, et al. Membrane



[25]

[26]

[27]

[28]

[29]

[30]

[31]

[32]

distillation at the water-energy nexus: Limits, opportunities, and challenges. Energy and
Environmental Science 2018;11:1177-96. doi:10.1039/c8ee00291f.

Lin S, Yip NY, Elimelech M. Direct contact membrane distillation with heat recovery:
Thermodynamic insights from module scale modeling. Journal of Membrane Science
2014,453:498-515. doi:10.1016/j.memsci.2013.11.016.

Dudchenko A V., Chen C, Cardenas A, Rolf J, Jassby D. Frequency-dependent stability of
CNT Joule heaters in ionizable media and desalination processes. Nature Nanotechnology
2017;12:557-63. doi:10.1038/nnano.2017.102.

Summers EK, Lienhard JH. Experimental study of thermal performance in air gap
membrane distillation systems, including the direct solar heating of membranes.
Desalination 2013;330:100-11. doi:10.1016/.desal.2013.09.023.

Qtaishat MR, Matsuura T. Modelling of pore wetting in membrane distillation compared
with pervaporation. Elsevier Ltd; 2015. doi:10.1016/B978-1-78242-246-4.00013-1.
Guillen-Burrieza E, Mavukkandy MO, Bilad MR, Arafat HA. Understanding wetting
phenomena in membrane distillation and how operational parameters can affect it. Journal
of Membrane Science 2016;515:163—74. doi:10.1016/j.memsci.2016.05.051.

Gryta M. Long-term performance of membrane distillation process. Journal of Membrane
Science 2005;265:153-9. doi:10.1016/j.memsci.2005.04.049.

El-Bourawi MS, Ding Z, Ma R, Khayet M. A framework for better understanding
membrane distillation separation process. Journal of Membrane Science 2006;285:4-29.
doi:10.1016/j.memsci.2006.08.002.

Alklaibi AM. The potential of membrane distillation as a stand-alone desalination process.

Desalination 2008;223:375-85. doi:10.1016/j.desal.2007.01.201.



[33]

[34]

[35]

[36]

[37]

[38]

[39]

[40]

[41]

Wang KY, Foo SW, Chung T. Mixed Matrix PVDF Hollow Fiber Membranes with
Nanoscale Pores for Desalination through Direct Contact Membrane Distillation Mixed
Matrix PVDF Hollow Fiber Membranes with Nanoscale Pores for Desalination through
Direct Contact Membrane Distillation. Industrial & Engineering Chemistry Research
2009;48:4474-83. d0i:10.1021/ie8009704.

Mericqg J-P, Laborie S, Cabassud C. Vacuum membrane distillation for an integrated
seawater desalination process. Desalination and Water Treatment 2009;9:287—96.
doi:10.5004/dwt.2009.862.

Song L, Ma Z, Liao X, Kosaraju PB, Irish JR, Sirkar KK. Pilot plant studies of novel
membranes and devices for direct contact membrane distillation-based desalination.
Journal of Membrane Science 2008;323:257—70. doi:10.1016/j.memsci.2008.05.079.
Alkhudhiri A, Hilal N. Air gap membrane distillation: A detailed study of high saline
solution. Desalination 2017;403:179-86. doi:10.1016/j.desal.2016.07.046.

Banat FA, Simandl J. Desalination by Membrane Distillation: A Parametric Study.
Separation Science and Technology 1998;33:201-26. doi:10.1080/01496399808544764.
Meindersma GW, Guijt CM, de Haan AB. Desalination and water recycling by air gap
membrane distillation. Desalination 2006;187:291-301. doi:10.1016/j.desal.2005.04.088.
Ge J, Peng Y, Li Z, Chen P, Wang S. Membrane fouling and wetting in a DCMD process
for RO brine concentration. Desalination 2014;344:97-107.
doi:10.1016/j.desal.2014.03.017.

Hsu ST, Cheng KT, Chiou JS. Seawater desalination by direct contact membrane
distillation. Desalination 2002;143:279-87. doi:10.1016/S0011-9164(02)00266-7.

He F, Sirkar KK, Gilron J. Studies on scaling of membranes in desalination by direct



contact membrane distillation: CaCO3 and mixed CaCO3/CaS04 systems. Chemical
Engineering Science 2009;64:1844-59. doi:10.1016/j.ces.2008.12.036.

[42] Attia H, Alexander S, Wright CJ, Hilal N. Superhydrophobic electrospun membrane for
heavy metals removal by air gap membrane distillation (AGMD). Desalination
2017;420:318-29. doi:10.1016/j.desal.2017.07.022.

[43] Attia H, Osman MS, Johnson DJ, Wright CJ, Hilal N. Modelling of air gap membrane
distillation and its application in heavy metal removal. Desalination 2017;424:27-36.
doi:10.1016/j.desal.2017.09.027.

[44] Attia H, Johnson DJ, Wright CJ, Hilal N. Comparison between dual-layer
(superhydrophobic—hydrophobic) and single superhydrophobic layer electrospun
membranes for heavy metal recovery by air-gap membrane distillation. Desalination
2018;439:31-45. doi:10.1016/j.desal.2018.04.003.

[45] Warsinger DM, Swaminathan J, Guillen-Burrieza E, Arafat HA, Lienhard V JH. Scaling
and fouling in membrane distillation for desalination applications: A review. Desalination
2015;356:294-313. doi:10.1016/j.desal.2014.06.031.

[46] Shaffer DL, Arias Chavez LH, Ben-Sasson M, Romero-Vargas Castrillon S, Yip NY,
Elimelech M. Desalination and reuse of high-salinity shale gas produced water: Drivers,
technologies, and future directions. Environmental Science and Technology
2013;47:9569-83. doi:10.1021/es401966€.

[47] Du X, Zhang Z, Carlson KH, Lee J, Tong T. Membrane fouling and reusability in
membrane distillation of shale oil and gas produced water: Effects of membrane surface
wettability. Journal of Membrane Science 2018;567:199-208.

d0i:10.1016/j.memsci.2018.09.036.



[48]

[49]

[50]

[51]

[52]

[53]

[54]

Cho H, Shin'Y, Choi Y, Lee S, Sohn J, Kim D, et al. Fouling behaviors of membrane
distillation (MD) in shale gas wastewater treatment. Desalination and Water Treatment
2017;61:5004. doi:10.5004/dwt.2017.0070.

Boo C, Lee J, Elimelech M. Omniphobic Polyvinylidene Fluoride (P\VDF) Membrane for
Desalination of Shale Gas Produced Water by Membrane Distillation. Environmental
Science and Technology 2016;50:12275-82. doi:10.1021/acs.est.6b03882.

Suérez F, Tyler SW, Childress AE. A theoretical study of a direct contact membrane
distillation system coupled to a salt-gradient solar pond for terminal lakes reclamation.
Water Research 2010;44:4601-15. doi:10.1016/j.watres.2010.05.050.

Gustafson RD, Hiibel SR, Childress AE. Membrane distillation driven by intermittent and
variable-temperature waste heat: System arrangements for water production and heat
storage. Desalination 2018;448:49-59. d0i:10.1002/1098-1071(2000)11:6<380::AlD-
HC3>3.0.CO;2-U.

Suérez F, Ruskowitz JA, Tyler SW, Childress AE. Renewable water: Direct contact
membrane distillation coupled with solar ponds. Applied Energy 2015;158:532-9.
doi:10.1016/j.apenergy.2015.08.110.

Duong HC, Cooper P, Nelemans B, Cath TY, Nghiem LD. Evaluating energy
consumption of air gap membrane distillation for seawater desalination at pilot scale level.
Separation and Purification Technology 2016;166:55-62.
doi:10.1016/j.seppur.2016.04.014.

Lewandowicz G, Biatas W, Marczewski B, Szymanowska D. Application of membrane
distillation for ethanol recovery during fuel ethanol production. Journal of Membrane

Science 2011;375:212-9. doi:10.1016/j.memsci.2011.03.045.



[55]

[56]

[57]

[58]

[59]

[60]

[61]

[62]

Thiruvenkatachari R, Manickam M, Kwon TO, Moon S, Kim JW, Kim JW. Separation of
Water and Nitric Acid with Porous Hydrophobic Membrane by Air Gap Membrane
Distillation ( AGMD ). Separation Science and Technology 2006;41:3187-99.
doi:10.1080/01496390600854651.

Ramlow H, Machado RAF, Marangoni C. Direct contact membrane distillation for textile
wastewater treatment: A state of the art review. Water Science and Technology
2017;76:2565-79. doi:10.2166/wst.2017.449.

Banat F, Al-Asheh S, Qtaishat M. Treatment of waters colored with methylene blue dye
by vacuum membrane distillation. Desalination 2005;174:87-96.
doi:10.1016/j.desal.2004.09.004.

Chiam CK, Sarbatly R. Vacuum membrane distillation processes for aqueous solution
treatment-A review. Chemical Engineering and Processing: Process Intensification
2014;74:27-54. doi:10.1016/j.cep.2013.10.002.

El-bourawi MS, Khayet M, Ma R, Ding Z, Li Z, Zhang X. Application of vacuum
membrane distillation for ammonia removal 2007;301:200-9.
doi:10.1016/j.memsci.2007.06.021.

Xie Z, Duong T, Hoang M, Nguyen C, Bolto B. Ammonia removal by sweep gas
membrane distillation. Water Research 2009;43:1693-9.
doi:10.1016/j.watres.2008.12.052.

Swaminathan J, Chung HW, Warsinger DM, V JHL. Membrane distillation model based
on heat exchanger theory and configuration comparison. Applied Energy 2016;184:491—
505. doi:10.1016/j.apenergy.2016.09.090.

Swaminathan J, Chung HW, Warsinger DM, V JHL. Energy efficiency of membrane



distillation up to high salinity : Evaluating critical system size and optimal membrane
thickness. Applied Energy 2018;211:715-34. doi:10.1016/j.apenergy.2017.11.043.

[63] Swaminathan J, Won H, Warsinger DM, Almarzooqi FA, Arafat HA, V JHL. Energy
efficiency of permeate gap and novel conductive gap membrane distillation. Journal of
Membrane Science 2016;502:171-8. doi:10.1016/j.memsci.2015.12.017.

[64] Francis L, Ghaffour N, Alsaadi AA, Amy GL. Material gap membrane distillation: A new
design for water vapor flux enhancement. Journal of Membrane Science 2013;448:240-7.
doi:10.1016/j.memsci.2013.08.013.

[65] Eykens L, Reyns T, Sitter K De, Dotremont C, Pinoy L, Bruggen B Van Der. How to
select a membrane distillation con fi guration ? Process conditions and membrane in fl
uence unraveled. Desalination 2016;399:105-15. doi:10.1016/j.desal.2016.08.019.

[66] Wang P, Chung TS. Recent advances in membrane distillation processes: Membrane
development, configuration design and application exploring. Journal of Membrane
Science 2015;474:39-56. doi:10.1016/j.memsci.2014.09.016.

[67] Yazgan-birgi P, Hassan M1, Swaminathan J, V JHL. Computational fl uid dynamics
modeling for performance assessment of permeate gap membrane distillation. Journal of
Membrane Science 2018;568:55-66. doi:10.1016/j.memsci.2018.09.061.

[68] Amy G, Ghaffour N, Li Z, Francis L, Valladares R, Missimer T, et al. Membrane-based
seawater desalination : Present and future prospects. Desalination 2017;401:16-21.
doi:10.1016/j.desal.2016.10.002.

[69] Alsaadi AS, Alpatova A, Lee J, Francis L, Gha N. Flashed-feed VMD configuration as a
novel method for eliminating temperature polarization effect and enhancing water vapor

flux. Journal of Membrane Science 2018;563:175-82. doi:10.1016/j.memsci.2018.05.060.



[70]

[71]

[72]

[73]

[74]

[75]

[76]

[77]

Wang P, Chung T. A New-Generation Asymmetric Multi-Bore Hollow Fiber Membrane
for Sustainable Water Production via Vacuum Membrane Distillation. Environ Sci
Technol 2013;47:6272-8. doi:10.1021/es400356z.

Drioli E, Ali A, Simone S, Macedonio F, Al-jlil SA, Shabonah FS Al, et al. Novel PVDF
hollow fiber membranes for vacuum and direct contact membrane distillation applications.
Separation and Purification Technology 2013;115:27-38.
doi:10.1016/j.seppur.2013.04.040.

Teoh MM, Bonyadi S, Chung T. Investigation of different hollow fiber module designs
for flux enhancement in the membrane distillation process. Journal of Membrane Science
2008;311:371-9. doi:10.1016/j.memsci.2007.12.054.

Kiefer F, Spinnler M, Sattelmayer T. Multi-Effect Vacuum Membrane Distillation
systems : Model derivation and calibration. Desalination 2018;438:97-111.
doi:10.1016/j.desal.2018.03.024.

Jansen AE, Assink JW, Hanemaaijer JH, Medevoort J Van, Sonsbeek E Van.
Development and pilot testing of full-scale membrane distillation modules for deployment
of waste heat. Desalination 2013;323:55-65. doi:10.1016/j.desal.2012.11.030.
Hanemaaijer JH. Memstill ® low cost membrane distillation technology for seawater
desalination. Desalination, vol. 168, 2004, p. 355.

Geng H, Wang J, Zhang C, Li P, Chang H. High water recovery of RO brine using multi-
stage air gap membrane distillation. Desalination 2015;355:178-85.
doi:10.1016/j.desal.2014.10.038.

Winter D, Koschikowski J, Wieghaus M. Desalination using membrane distillation:

Experimental studies on full scale spiral wound modules. Journal of Membrane Science



[78]

[79]

[80]

[81]

[82]

[83]

[84]

[85]

2011;375:104-12. doi:10.1016/j.memsci.2011.03.030.

Guillén-Burrieza E, Zaragoza G, Miralles-Cuevas S, Blanco J. Experimental evaluation of
two pilot-scale membrane distillation modules used for solar desalination. Journal of
Membrane Science 2012;409-410:264—75. doi:10.1016/j.memsci.2012.03.063.

Wang P, Chung T. Exploring the Spinning and Operations of Multibore Hollow Fiber
Membranes for Vacuum Membrane Distillation 2014;60. doi:10.1002/aic.

Wang P, Chung T. Design and fabrication of lotus-root-like multi-bore hollow fiber
membrane for direct contact membrane distillation. Journal of Membrane Science
2012;421-422:361-74. doi:10.1016/j.memsci.2012.08.003.

Zhao K, Heinzl W, Wenzel M, Bittner S, Bollen F, Lange G, et al. Experimental study of
the memsys vacuum-multi-effect-membrane-distillation (V-MEMD) module. Desalination
2013;323:150-60. d0i:10.1016/j.desal.2012.12.003.

Park HB, Kamcev J, Robeson LM, Elimelech M, Freeman BD. Maximizing the right
stuff: The trade-off between membrane permeability and selectivity. Science
2017;356:1138-48. doi:10.1126/science.aab0530.

Vanneste J, Bush JA, Hickenbottom KL, Marks CA, Jassby D, Turchi CS, et al. Novel
thermal efficiency-based model for determination of thermal conductivity of membrane
distillation membranes. Journal of Membrane Science 2018;548:298-308.
doi:10.1016/j.memsci.2017.11.028.

Khayet M. Membranes and theoretical modeling of membrane distillation: A review.
Advances in Colloid and Interface Science 2011;164:56-88.
doi:10.1016/J.CIS.2010.09.005.

Alklaibi AM, Lior N. Membrane-distillation desalination: Status and potential.



Desalination 2005;171:111-31. doi:10.1016/j.desal.2004.03.024.

[86] HanlL, Tan YZ, Netke T, Fane AG, Chew JW. Understanding oily wastewater treatment
via membrane distillation. Journal of Membrane Science 2017;539:284-94.
doi:10.1016/j.memsci.2017.06.012.

[87] van Oss CJ. Hydrophobicity of biosurfaces - Origin, quantitative determination and
interaction energies. Colloids and Surfaces B: Biointerfaces 1995;5:91-110.
doi:10.1016/0927-7765(95)01217-7.

[88] Filella M. Colloidal properties of submicronparticles in natural waters. John Wiley and
Sons, England; 2007.

[89] Kihnl W, Piry A, Kaufmann V, Grein T, Ripperger S, Kulozik U. Impact of colloidal
interactions on the flux in cross-flow microfiltration of milk at different pH values: A
surface energy approach. Journal of Membrane Science 2010;352:107-15.
doi:10.1016/j.memsci.2010.02.006.

[90] Jin X, Huang X, Hoek EM V. Role of Specific lon Interactions in Seawater RO
Membrane Fouling by Alginic Acid. Environmental Science & Technology
2009;43:3580-7. doi:10.1021/es8036498.

[91] Meng S, Ye Y, Mansouri J, Chen V. Fouling and crystallisation behaviour of
superhydrophobic nano-composite P\VVDF membranes in direct contact membrane
distillation. Journal of Membrane Science 2014;463:102-12.
doi:10.1016/J.MEMSCI.2014.03.027.

[92] Srisurichan S, Jiraratananon R, Fane AG. Humic acid fouling in the membrane distillation
process. Desalination 2005;174:63—72. doi:10.1016/j.desal.2004.09.003.

[93] Khayet M, Mengual JI. Effect of salt concentration during the treatment of humic acid



[94]

[95]

[96]

[97]

[98]

[99]

[100]

[101]

solutions by membrane distillation. Desalination 2004;168:373-81.
doi:10.1016/j.desal.2004.07.023.

Meyer EE, Rosenberg KJ, Israelachvili J. Recent progress in understanding hydrophobic
interactions. Proceedings of the National Academy of Sciences of the United States of
America 2006;103:15739-46. doi:10.1073/pnas.0606422103.

Gryta M. Effect of iron oxides scaling on the MD process performance. Desalination
2007;216:88-102. doi:10.1016/j.desal.2007.01.002.

Krivorot M, Kushmaro A, Oren Y, Gilron J. Factors affecting biofilm formation and
biofouling in membrane distillation of seawater. Journal of Membrane Science
2011;376:15-24. doi:10.1016/j.memsci.2011.01.061.

Buffle J, Wilkinson KJ, Stoll S, Filella M, Zhang J. A generalized description of aquatic
colloidal interactions: The three- culloidal component approach. Environmental Science
and Technology 1998;32:2887-99. d0i:10.1021/es980217h.

Bogler A, Bar-Zeev E. Membrane Distillation Biofouling: Impact of Feedwater
Temperature on Biofilm Characteristics and Membrane Performance. Environmental
Science and Technology 2018;52:10019-29. doi:10.1021/acs.est.8b02744.

Zhang Q, Shuwen G, Zhang J, Fane AG, Kjelleberg S, Rice SA, et al. Analysis of
microbial community composition in a lab-scale membrane distillation bioreactor. Journal
of Applied Microbiology 2015;118:940-53. doi:10.1111/jam.127509.

Phattaranawik J, Fane AG, Pasquier ACS, Bing W, Wong FS. Experimental study and
design of a submerged membrane distillation bioreactor. Chemical Engineering and
Technology 2009;32:38-44. doi:10.1002/ceat.200800498.

Gryta M. The assessment of microorganism growth in the membrane distillation system.



[102]

[103]

[104]

[105]

[106]

[107]

[108]

[109]

Desalination 2002;142:79-88. doi:10.1016/S0011-9164(01)00427-1.

Zodrow KR, Bar-Zeev E, Giannetto MJ, Elimelech M. Biofouling and Microbial
Communities in Membrane Distillation and Reverse Osmosis. Environmental Science and
Technology 2014;48:13155-64. doi:10.1021/es503051t.

Lee J, Boo C, Ryu WH, Taylor AD, Elimelech M. Development of Omniphobic
Desalination Membranes Using a Charged Electrospun Nanofiber Scaffold. ACS Applied
Materials and Interfaces 2016;8:11154-61. doi:10.1021/acsami.6b02419.

Boo C, Lee J, Elimelech M. Engineering Surface Energy and Nanostructure of
Microporous Films for Expanded Membrane Distillation Applications. Environmental
Science and Technology 2016;50:8112-9. doi:10.1021/acs.est.6b02316.

Gryta M. Influence of polypropylene membrane surface porosity on the performance of
membrane distillation process. Journal of Membrane Science 2007;287:67—78.
doi:10.1016/j.memsci.2006.10.011.

Rezaei M, Warsinger DM, Lienhard V JH, Duke MC, Matsuura T, Samhaber WM.
Wetting phenomena in membrane distillation: Mechanisms, reversal, and prevention.
Water Research 2018;139:329-52. doi:10.1016/j.watres.2018.03.058.

Guillén-Burrieza E, Mavukkandy MO, Bilad MR, Arafat HA. Understanding wetting
phenomena in membrane distillation and how operational parameters can affect it. Journal
of Membrane Science 2016;515:163—74. doi:10.1016/j.memsci.2016.05.051.

Chen Y, Wang Z, Jennings GK, Lin S. Probing Pore Wetting in Membrane Distillation
Using Impedance: Early Detection and Mechanism of Surfactant-Induced Wetting.
Environ Sci Technol Lett 2017:505-10. doi:10.1021/acs.estlett.7b00372.

Wang Z, Jin J, Hou D, Lin S. Tailoring surface charge and wetting property for robust oil-



fouling mitigation in membrane distillation. Journal of Membrane Science 2016;516:113—
22. d0i:10.1016/j.memsci.2016.06.011.

[110] Drioli E, Ali A, Macedonio F. Membrane distillation: Recent developments and
perspectives. Desalination 2015;356:56—84. doi:10.1016/j.desal.2014.10.028.

[111] Khayet M, Mengual JI, Matsuura T. Porous hydrophobic/hydrophilic composite
membranes: Application in desalination using direct contact membrane distillation.
Journal of Membrane Science 2005;252:101-13. doi:10.1016/j.memsci.2004.11.022.

[112] Fortunato L, Jang Y, Lee J, Jeong S, Lee S, Leiknes T, et al. Fouling development in
direct contact membrane distillation : Non-invasive monitoring and destructive analysis.
Water Research 2018;132:34—41. doi:10.1016/j.watres.2017.12.059.

[113] Zhao D, Zuo J, Lu KJ, Chung TS. Fluorographite modified PVDF membranes for
seawater desalination via direct contact membrane distillation. Desalination
2017;413:119-26. doi:10.1016/j.desal.2017.03.012.

[114] Hou D, Ding C, Li K, Lin D, Wang D, Wang J. A novel dual-layer composite membrane
with underwater-superoleophobic/hydrophobic asymmetric wettability for robust oil-
fouling resistance in membrane distillation desalination. Desalination 2018;428:240-9.
doi:10.1016/j.desal.2017.11.039.

[115] Woo YC, KimY, Yao M, Tijing LD, Choi JS, Lee S, et al. Hierarchical Composite
Membranes with Robust Omniphobic Surface Using Layer-By-Layer Assembly
Technique. Environmental Science and Technology 2018;52:2186-96.
doi:10.1021/acs.est.7b05450.

[116] Guillen-Burrieza E, Thomas R, Mansoor B, Johnson D, Hilal N, Arafat H. Effect of dry-

out on the fouling of PVDF and PTFE membranes under conditions simulating



[117]

[118]

[119]

[120]

[121]

[122]

intermittent seawater membrane distillation (SWMD). Journal of Membrane Science
2013;438:126-39. d0i:10.1016/j.memsci.2013.03.014.

Tang L, Iddya A, Zhu X, Dudchenko A V., Duan W, Turchi C, et al. Enhanced Flux and
Electrochemical Cleaning of Silicate Scaling on Carbon Nanotube-Coated Membrane
Distillation Membranes Treating Geothermal Brines. ACS Applied Materials and
Interfaces 2017;9:38594—605. doi:10.1021/acsami.7b12615.

An AK, Guo J, Lee EJ, Jeong S, Zhao Y, Wang Z, et al. PDMS/PVDF hybrid electrospun
membrane with superhydrophobic property and drop impact dynamics for dyeing
wastewater treatment using membrane distillation. Journal of Membrane Science
2017;525:57-67. doi:10.1016/j.memsci.2016.10.028.

McGaughey AL, Gustafson RD, Childress AE. Effect of long-term operation on
membrane surface characteristics and performance in membrane distillation. Journal of
Membrane Science 2017;543:143-50. doi:10.1016/j.memsci.2017.08.040.

Hull EJ, Zodrow KR. Acid Rock Drainage Treatment Using Membrane Distillation:
Impacts of Chemical-Free Pretreatment on Scale Formation, Pore Wetting, and Product
Water Quality. Environmental Science and Technology 2017;51:11928-34.
doi:10.1021/acs.est.7b02957.

Nguyen QM, Jeong S, Lee S. Characteristics of membrane foulants at different degrees of
SWRO brine concentration by membrane distillation. Desalination 2017;409:7-20.
doi:10.1016/j.desal.2017.01.007.

He F, Gilron J, Lee H, Song L, Sirkar KK. Potential for scaling by sparingly soluble salts
in crossflow DCMD. Journal of Membrane Science 2008;311:68—80.

doi:10.1016/j.memsci.2007.11.056.



[123]

[124]

[125]

[126]

[127]

[128]

[129]

Guo J, Usman M, Lee E, Yan DY, Jeong S, Kyoungjin A, et al. Fouling behavior of
negatively charged PVDF membrane in membrane distillation for removal of antibiotics
from wastewater. Journal of Membrane Science 2018;551:12-9.
doi:10.1016/j.memsci.2018.01.016.

An AK, Guo J, Jeong S, Lee EJ, Tabatabai SAA, Leiknes TO. High flux and antifouling
properties of negatively charged membrane for dyeing wastewater treatment by membrane
distillation. Water Research 2016;103:362—71. doi:10.1016/j.watres.2016.07.060.
Mokhtar NM, Lau WJ, Ismail AF, Kartohardjono S, Lai SO, Teoh HC. The potential of
direct contact membrane distillation for industrial textile wastewater treatment using
PVDF-Cloisite 15A nanocomposite membrane. Chemical Engineering Research and
Design 2016;111:284-93. doi:10.1016/j.cherd.2016.05.018.

Gryta M. Fouling in direct contact membrane distillation process. Journal of Membrane
Science 2008;325:383-94. doi:10.1016/j.memsci.2008.08.001.

Naidu G, Jeong S, Choi Y, Vigneswaran S. Membrane distillation for wastewater reverse
0sSmosis concentrate treatment with water reuse potential. Journal of Membrane Science
2017;524:565-75. doi:10.1016/j.memsci.2016.11.068.

Bauer A, Wagner M, Saravia F, Bartl S, Hilgenfeldt \VV, Horn H. In-situ monitoring and
quanti fi cation of fouling development in membrane distillation by means of optical
coherence tomography. Journal of Membrane Science 2019;577:145-52.
doi:10.1016/j.memsci.2019.02.006.

Lee J, Jang Y, Fortunato L, Jeong S, Lee S. An advanced online monitoring approach to
study the scaling behavior in direct contact membrane distillation. Journal of Membrane

Science 2018;546:50-60. doi:10.1016/j.memsci.2017.10.009.



[130] Criscuoli A, Zhong J, Figoli A, Carnevale MC, Huang R, Drioli E. Treatment of dye
solutions by vacuum membrane distillation. Water Research 2008;42:5031-7.
doi:10.1016/j.watres.2008.09.014.

[131] Dow N, Villalobos Garcia J, Niadoo L, Milne N, Zhang J, Gray S, et al. Demonstration of
membrane distillation on textile waste water: assessment of long term performance,
membrane cleaning and waste heat integration. Environ Sci: Water Res Technol
2017;3:433-49. doi:10.1039/C6EW00290K.

[132] LiF, Huang J, Xia Q, Lou M, Yang B, Tian Q, et al. Direct contact membrane distillation
for the treatment of industrial dyeing wastewater and characteristic pollutants. Separation
and Purification Technology 2018;195:83-91. d0i:10.1016/j.seppur.2017.11.058.

[133] Mokhtar NM, Lau WJ, Ismail AF. The potential of membrane distillation in recovering
water from hot dyeing solution. Journal of Water Process Engineering 2014;2:71-8.
doi:10.1016/j.jwpe.2014.05.006.

[134] Woldemariam D, Kullab A, Fortkamp U, Magner J, Royen H, Martin A. Membrane
distillation pilot plant trials with pharmaceutical residues and energy demand analysis.
Chemical Engineering Journal 2016;306:471-83. doi:10.1016/j.cej.2016.07.082.

[135] Couto CF, Amaral MCS, Lange LC, Santos LV de S. Effect of humic acid concentration
on pharmaceutically active compounds (PhACs) rejection by direct contact membrane
distillation (DCMD). Separation and Purification Technology 2019;212:920-8.
doi:10.1016/j.seppur.2018.12.012.

[136] Liu H, Wang J. Treatment of radioactive wastewater using direct contact membrane
distillation. Journal of Hazardous Materials 2013;261:307-15.

doi:10.1016/j.jhazmat.2013.07.045.



[137]

[138]

[139]

[140]

[141]

[142]

[143]

Zakrzewska-Trznadel G, Harasimowicz M, Chmielewski AG. Concentration of
radioactive components in liquid low-level radioactive waste by membrane distillation.
Journal of Membrane Science 1999;163:257—64. doi:10.1016/S0376-7388(99)00171-4.
JiaF, Yin'Y, Wang J. Removal of cobalt ions from simulated radioactive wastewater by
vacuum membrane distillation. Progress in Nuclear Energy 2018;103:20-7.
doi:10.1016/j.pnucene.2017.11.008.

Jia F, Li J, Wang J, Sun Y. Removal of strontium ions from simulated radioactive
wastewater by vacuum membrane distillation. Annals of Nuclear Energy 2017;103:363-8.
doi:http://dx.doi.org/10.1016/j.anucene.2017.02.003.

Zakrzewska-Trznadel G. Radioactive Waste Processing: Advancement in Pressure-Driven
Processes and Current World Scenario. In: Pabby AK, Rizvi SSH, Sastre AM, editors.
Handbook of Membrane Separations: Chemical, Pharmaceutical, Food, and
Biotechnological Application, CRC Press, Taylor & Francis Group; 2009, p. 843-81.
doi:10.1201/9781420009484.ch19.

Wu Y, Kang Y, Zhang L, Qu D, Cheng X, Feng L. Performance and fouling mechanism
of direct contact membrane distillation (DCMD) treating fermentation wastewater with
high organic concentrations. Journal of Environmental Sciences 2018;65:253-61.
doi:10.1016/j.jes.2017.01.015.

Naidu G, Jeong S, Vigneswaran S. Interaction of humic substances on fouling in
membrane distillation for seawater desalination. Chemical Engineering Journal
2015;262:946-57. doi:10.1016/j.cej.2014.10.060.

Zoungrana A, Zengin IH, Karadag D, Cakmakci M. Treatability of Municipal Wastewater

with Direct Contact Membrane Distillation. Sigma J Eng & Nat Sci 2017;8:245-54.



[144]

[145]

[146]

[147]

[148]

[149]

[150]

[151]

Zoungrana A, Zengin IH, Elcik H, Ozkaya B, Cakmakci M. The treatability of landfill
leachate by direct contact membrane distillation and factors influencing the efficiency of
the process. Desalination and Water Treatment 2017;71:233-43.
doi:10.5004/dwt.2017.20494.

Jacob P, Phungsai P, Fukushi K, Visvanathan C. Direct contact membrane distillation for
anaerobic effluent treatment. Journal of Membrane Science 2015;475:330-9.
doi:10.1016/j.memsci.2014.10.021.

Wang Z, Lin S. Membrane fouling and wetting in membrane distillation and their
mitigation by novel membranes with special wettability. Water Research 2017;112:38-47.
doi:10.1016/j.watres.2017.01.022.

Lin S, Nejati S, Boo C, Hu Y, Osuji CO, Elimelech M. Omniphobic Membrane for Robust
Membrane Distillation. Environmental Science and Technology Letters 2014;1:443-7.
doi:10.1021/ez500267p.

Gryta M, Karakulski K. The application of membrane distillation for the concentration of
oil-water emulsions. Desalination 1999;121:23-9. doi:10.1016/S0011-9164(99)00004-1.
Safavi M, Mohammadi T. High-salinity water desalination using VMD. Chemical
Engineering Journal 2009;149:191-5. doi:10.1016/j.cej.2008.10.021.

Husnain T, Liu Y, Riffat R, Mi B. Integration of forward osmosis and membrane
distillation for sustainable wastewater reuse. Separation and Purification Technology
2015;156:424-31. d0i:10.1016/j.seppur.2015.10.031.

Chen TC, Ho CD, Yeh HM. Theoretical modeling and experimental analysis of direct
contact membrane distillation. Journal of Membrane Science 2009;330:279-87.

doi:10.1016/j.memsci.2008.12.063.



[152]

[153]

[154]

[155]

[156]

[157]

[158]

[159]

[160]

Qtaishat M, Matsuura T, Kruczek B, Khayet M. Heat and mass transfer analysis in direct
contact membrane distillation. Desalination 2008;219:272-92.
doi:10.1016/j.desal.2007.05.019.

Gunko S, Verbych S, Bryk M, Hilal N. Concentration of apple juice using direct contact
membrane distillation. Desalination 2006;190:117-24. doi:10.1016/j.desal.2005.09.001.
Srisurichan S, Jiraratananon R, Fane AG. Mass transfer mechanisms and transport
resistances in direct contact membrane distillation process. Journal of Membrane Science
2006;277:186-94. doi:10.1016/j.memsci.2005.10.028.

Gryta M, Tomaszewska M, Karakulski K. Wastewater treatment by membrane distillation.
Desalination 2006;198:67—73. doi:10.1016/j.desal.2006.09.010.

Jia F, Wang J. Separation of cesium ions from agqueous solution by vacuum membrane
distillation process. Progress in Nuclear Energy 2017;98:293-300.
doi:10.1016/j.pnucene.2017.04.008.

El-Abbassi A, Hafidi A, Khayet M, Garcia-Payo MC. Integrated direct contact membrane
distillation for olive mill wastewater treatment. Desalination 2013;323:31-8.
doi:10.1016/j.desal.2012.06.014.

Boonyasuwat S, Chavadej S, Malakul P, Scamehorn JF. Anionic and cationic surfactant
recovery from water using a multistage foam fractionator. Chemical Engineering Journal
2003;93:241-52. doi:10.1016/S1385-8947(03)00043-3.

El-Abbassi A, Hafidi A, Garcia-Payo MC, Khayet M. Concentration of olive mill
wastewater by membrane distillation for polyphenols recovery. Desalination
2009;245:670-4. doi:10.1016/j.desal.2009.02.035.

Martinetti CR, Childress AE, Cath TY. High recovery of concentrated RO brines using



[161]

[162]

[163]

[164]

[165]

[166]

[167]

forward osmosis and membrane distillation. Journal of Membrane Science 2009;331:31—
9. doi:10.1016/j.memsci.2009.01.003.

Choudhury MR, Vidic RD, Dzombak DA. Inhibition of Copper Corrosion by
Tolyltriazole in Cooling Systems Using Treated Municipal Wastewater as Makeup Water.
Arabian Journal for Science and Engineering 2014;39:7741-. doi:10.1007/s13369-014-
1385-z.

Choudhury MR, Siddik MAZ, Salam MZEI. Use of Shitalakhya River Water as makeup
water in power plant cooling system. KSCE Journal of Civil Engineering 2016;20:571-80.
doi:10.1007/s12205-015-1369-x.

Choudhury MR, Hsieh M, Vidic RD, Dzombak DA. Corrosion management in power
plant cooling systems using tertiary-treated municipal wastewater as makeup water.
Corrosion Science 2012;61:231-41. doi:10.1016/j.corsci.2012.04.042.

Dzombak DA, Vidic RD, Landis AE. Use of Treated Municipal Wastewater as Power
Plant Cooling System Makeup Water : Tertiary Treatment versus Expanded Chemical
Regimen for Recirculating Water Quality Management. 2012.

Wang J, Qu D, Tie M, Ren H, Peng X, Luan Z. Effect of coagulation pretreatment on
membrane distillation process for desalination of recirculating cooling water. Separation
and Purification Technology 2008;64:108-15. doi:10.1016/j.seppur.2008.07.022.

Bush JA, Vanneste J, Gustafson EM, Waechter CA, Jassby D, Turchi CS, et al. Prevention
and management of silica scaling in membrane distillation using pH adjustment. Journal
of Membrane Science 2018;554:366—77. doi:10.1016/j.memsci.2018.02.059.

Tsao Y, Evans DF, Wennerstrom H. Long-Range Attractive Force Between Hydrophobic

Surfaces Observed by Atomic Force Microscopy. Science 1993;262:547-50.



[168]

[169]

[170]

[171]

[172]

[173]

[174]

[175]

[176]

Israelachvili J, Pashley R. The hydrophobic interaction is long range, decaying
exponentially with distance (Israelachvili and Pashley, 1982).pdf. Nature 1982;300:341-2.
Rezaei M, Warsinger DM, Lienhard V JH, Samhaber WM. Wetting prevention in
membrane distillation through superhydrophobicity and recharging an air layer on the
membrane surface. Journal of Membrane Science 2017;530:42-52.
doi:10.1016/j.memsci.2017.02.013.

Suk DE, Matsuura T. Membrane-based hybrid processes: A review. Separation Science
and Technology 2006;41:595-626. doi:10.1080/01496390600552347.

YunY, MaR, Zhang W, Fane AG, Li J. Direct contact membrane distillation mechanism
for high concentration NaCl solutions. Desalination 2006;188:251-62.
doi:10.1016/j.desal.2005.04.123.

Godino MP, Pefia L, Rincon C, Mengual JI. Water production from brines by membrane
distillation. Desalination 1997;108:91—7. doi:10.1016/S0011-9164(97)00013-1.

De Andrés MC, Doria J, Khayet M, Pefi L, Mengual JI. Coupling of a membrane
distillation module to a multieffect distiller for pure water production. Desalination
1998;115:71-81. doi:10.1016/S0011-9164(98)00028-9.

Mericqg JP, Laborie S, Cabassud C. Vacuum membrane distillation of seawater reverse
osmosis brines. Water Research 2010;44:5260—-73. doi:10.1016/j.watres.2010.06.052.
Chunrui W, Yue J, Huayan C, Xuan W, Xiaolong L. Membrane distillation and novel
integrated membrane process for reverse osmosis drained wastewater treatment.
Desalination and Water Treatment 2010;18:286-91. doi:10.5004/dwt.2010.1786.

Ji X, Curcio E, Al Obaidani S, Di Profio G, Fontananova E, Drioli E. Membrane

distillation-crystallization of seawater reverse osmosis brines. Separation and Purification



[177]

[178]

[179]

[180]

[181]

[182]

[183]

[184]

Technology 2009;71:76-82. doi:10.1016/j.seppur.2009.11.004.

Xie M, Price WE, Nghiem LD. Rejection of pharmaceutically active compounds by
forward osmosis: Role of solution pH and membrane orientation. Separation and
Purification Technology 2012;93:107-14. doi:10.1016/j.seppur.2012.03.030.

Alturki AA, McDonald JA, Khan SJ, Price WE, Nghiem LD, Elimelech M. Removal of
trace organic contaminants by the forward osmosis process. Separation and Purification
Technology 2013;103:258-66. doi:10.1016/j.seppur.2012.10.036.

Xie M, Nghiem LD, Price WE, Elimelech M. Comparison of the removal of hydrophobic
trace organic contaminants by forward osmosis and reverse osmosis. Water Research
2012;46:2683-92. doi:10.1016/j.watres.2012.02.023.

Lay WCL, Chong TH, Tang CY, Fane AG, Zhang J, Liu Y. Fouling propensity of forward
osmosis: Investigation of the slower flux decline phenomenon. Water Science and
Technology 2010;61:927-36. doi:10.2166/wst.2010.835.

Luo H, Wang Q, Zhang TC, Tao T, Zhou A, Chen L, et al. A review on the recovery
methods of draw solutes in forward osmosis. Journal of Water Process Engineering
2014;4:212-23. doi:10.1016/j.jwpe.2014.10.006.

Chekli L, Phuntsho S, Kim JE, Kim J, Choi JY, Choi JS, et al. A comprehensive review of
hybrid forward osmosis systems: Performance, applications and future prospects. Journal
of Membrane Science 2016;497:430-49. doi:10.1016/j.memsci.2015.09.041.

Morrow CP, Furtaw NM, Murphy JR, Achilli A, Marchand EA, Hiibel SR, et al.
Integrating an aerobic/anoxic osmotic membrane bioreactor with membrane distillation
for potable reuse. Desalination 2018;432:46-54. doi:10.1016/j.desal.2017.12.047.

Su J, Ong RC, Peng W, Chung T, Helmer BJ, Wit JS de. Advanced FO Membranes from



[185]

[186]

[187]

[188]

[189]

[190]

[191]

Newly Synthesized CAP Polymer for Wastewater Reclamation through an Integrated FO-
MD Hybrid System. AIChE J 2013;59:1245-54. doi:10.1002/aic.13898.

Li J, Hou D, Li K, Zhang Y, Wang J, Zhang X. Domestic wastewater treatment by
forward osmosis-membrane distillation (FO-MD) integrated system. Water Science and
Technology 2018;77:1514-23. d0i:10.2166/wst.2018.031.

Husnain T, Riffat R, Mi B. Fouling and long-Term durability of an integrated forward
osmosis and membrane distillation system. Water Science and Technology 2015;72:2000—
5. d0i:10.2166/wst.2015.415.

Xie M, Nghiem LD, Price WE, Elimelech M. A forward osmosis-membrane distillation
hybrid process for direct sewer mining: System performance and limitations.
Environmental Science and Technology 2013;47:13486-93. doi:10.1021/es404056e.

Luo W, Phan H V., Li G, Hai FI, Price WE, Elimelech M, et al. An Osmotic Membrane
Bioreactor-Membrane Distillation System for Simultaneous Wastewater Reuse and
Seawater Desalination: Performance and Implications. Environmental Science and
Technology 2017;51:14311-20. doi:10.1021/acs.est.7b02567.

Lu D, Liu Q, Zhao Y, Liu H, Ma J. Treatment and energy utilization of oily water via
integrated ultrafiltration-forward osmosis—membrane distillation (UF-FO-MD) system.
Journal of Membrane Science 2018;548:275-87. doi:10.1016/j.memsci.2017.11.004.
Zhou Y, Huang M, Deng Q, Cai T. Combination and performance of forward osmosis and
membrane distillation (FO-MD) for treatment of high salinity landfill leachate.
Desalination 2017;420:99-105. doi:10.1016/j.desal.2017.06.027.

Hocaoglu SM, Insel G, Cokgor UU, Orhon D. Effect of low dissolved oxygen on

simultaneous nitrification and denitrification in a membrane bioreactor treating black



[192]

[193]

[194]

[195]

[196]

[197]

[198]

water. Bioresource Technology 2011;102:4333-40. doi:10.1016/j.biortech.2010.11.096.
Ding Z, Liu L, Li Z, Ma R, Yang Z. Experimental study of ammonia removal from water
by membrane distillation (MD): The comparison of three configurations. Journal of
Membrane Science 2006;286:93—-103. doi:10.1016/j.memsci.2006.09.015.

Mozia S, Tomaszewska M, Morawski AW. Photocatalytic membrane reactor (PMR)
coupling photocatalysis and membrane distillation-Effectiveness of removal of three azo
dyes from water. Catalysis Today 2007;129:3-8. doi:10.1016/j.cattod.2007.06.043.

Bush JA, Vanneste J, Cath TY. Comparison of membrane distillation and high-
temperature nanofiltration processes for treatment of silica-saturated water. Journal of
Membrane Science 2019;570-571:258-69. doi:10.1016/j.memsci.2018.10.034.
Warsinger DM, Servi A, Connors GB, Mavukkandy MO, Arafat HA, Gleason KK, et al.
Reversing membrane wetting in membrane distillation: Comparing dryout to backwashing
with pressurized air. Environmental Science: Water Research and Technology
2017;3:930-9. d0i:10.1039/c7ew00085e.

Guillén-Burrieza E, Blanco J, Zaragoza G, Alarcén DC, Palenzuela P, Ibarra M, et al.
Experimental analysis of an air gap membrane distillation solar desalination pilot system.
Journal of Membrane Science 2011;379:386—-96. doi:10.1016/j.memsci.2011.06.009.
Goh S, Zhang J, Liu Y, Fane AG. Fouling and wetting in membrane distillation (MD) and
MD-bioreactor (MDBR) for wastewater reclamation. Desalination 2013;323:39-47.
doi:10.1016/j.desal.2012.12.001.

Warsinger DM, Tow EW, Swaminathan J, Lienhard V JH. Theoretical framework for
predicting inorganic fouling in membrane distillation and experimental validation with

calcium sulfate. Journal of Membrane Science 2017;528:381-90.



[199]

[200]

[201]

[202]

[203]

[204]

[205]

doi:10.1016/j.memsci.2017.01.031.

Warsinger DM, Servi A, Van Belleghem S, Gonzalez J, Swaminathan J, Kharraz J, et al.
Combining air recharging and membrane superhydrophobicity for fouling prevention in
membrane distillation. Journal of Membrane Science 2016;505:241-52.
doi:10.1016/j.memsci.2016.01.018.

Choi Y, Naidu G, Jeong S, Vigneswaran S, Lee S, Wang R, et al. Experimental
comparison of submerged membrane distillation configurations for concentrated brine
treatment. Desalination 2017;420:54-62. doi:10.1016/j.desal.2017.06.024.

Shin Y, Cho H, Choi J, Sun Jang Y, Choi YJ, Sohn J, et al. Application of response
surface methodology (RSM) in the optimization of dewetting conditions for flat sheet
membrane distillation (MD) membranes. Desalination and Water Treatment
2016;57:10020-30. d0i:10.1080/19443994.2015.1038114.

Shin'Y, Choi J, Lee T, Sohn J, Lee S. Optimization of dewetting conditions for hollow
fiber membranes in vacuum membrane distillation. Desalination and Water Treatment
2016;57:7582-92. d0i:10.1080/19443994.2015.1044266.

Gryta M. Water desalination using membrane distillation with acidic stabilization of
scaling layer thickness. Desalination 2015;365:160-6. doi:10.1016/j.desal.2015.02.031.
Chen G, Lu Y, Krantz WB, Wang R, Fane AG. Optimization of operating conditions for a
continuous membrane distillation crystallization process with zero salty water discharge.
Journal of Membrane Science 2014;450:1-11. doi:10.1016/j.memsci.2013.08.034.

Gryta M. The application of polypropylene membranes for production of fresh water from
brines by membrane distillation. Chemical Papers 2017;71:775-84. doi:10.1007/s11696-

016-0059-6.



[206] Liao Y, Wang R, Fane AG. Fabrication of bioinspired composite nanofiber membranes
with robust superhydrophobicity for direct contact membrane distillation. Environmental
Science and Technology 2014;48:6335-41. doi:10.1021/es405795s.

[207] Lu KJ, Zuo J, Chung TS. Tri-bore PVDF hollow fibers with a super-hydrophobic coating
for membrane distillation. Journal of Membrane Science 2016;514:165-75.
doi:10.1016/j.memsci.2016.04.058.

[208] Lu KJ, Zuo J, Chang J, Kuan HN, Chung TS. Omniphobic Hollow-Fiber Membranes for
Vacuum Membrane Distillation. Environmental Science and Technology 2018;52:4472—
80. doi:10.1021/acs.est.8b00766.

[209] Tuteja A, Choi W, Ma M, Mabry JM, Mazzella SA, Rutledge GC, et al. Designing
superoleophobic surfaces. - Additonal Material. Science 2007;318:1618-22.
doi:10.1126/science.1148326.

[210] Zheng R, Chen Y, Wang J, SongJ, Li XM, He T. Preparation of omniphobic P\VDF
membrane with hierarchical structure for treating saline oily wastewater using direct
contact membrane distillation. Journal of Membrane Science 2018;555:197-205.
doi:10.1016/j.memsci.2018.03.041.

[211] Wang Z, Hou D, Lin S. Composite Membrane with Underwater-Oleophobic Surface for
Anti-Oil-Fouling Membrane Distillation. Environmental Science and Technology
2016;50:3866—74. doi:10.1021/acs.est.5h05976.

[212] Huang YX, Wang Z, Jin J, Lin S. Novel Janus Membrane for Membrane Distillation with
Simultaneous Fouling and Wetting Resistance. Environmental Science and Technology
2017;51:13304-10. doi:10.1021/acs.est.7b02848.

[213] Hamzah N, Leo CP. Membrane distillation of saline with phenolic compound using



[214]

[215]

[216]

[217]

[218]

[219]

superhydrophobic PVDF membrane incorporated with TiO2nanoparticles: Separation,
fouling and self-cleaning evaluation. Desalination 2017;418:79-88.
doi:10.1016/j.desal.2017.05.029.

Gethard K, Sae-Khow O, Mitra S. Carbon nanotube enhanced membrane distillation for
simultaneous generation of pure water and concentrating pharmaceutical waste.
Separation and Purification Technology 2012;90:239-45.
doi:10.1016/j.seppur.2012.02.042.

Khayet M. Treatment of radioactive wastewater solutions by direct contact membrane
distillation using surface modified membranes. Desalination 2013;321:60—6.
doi:10.1016/j.desal.2013.02.023.

Lin PJ, Yang MC, Li YL, Chen JH. Prevention of surfactant wetting with agarose
hydrogel layer for direct contact membrane distillation used in dyeing wastewater
treatment. Journal of Membrane Science 2015;475:511-20.
doi:10.1016/j.memsci.2014.11.001.

Thiel GP, Tow EW, Banchik LD, Chung HW, Lienhard V JH. Energy consumption in
desalinating produced water from shale oil and gas extraction. Desalination 2015;366:94—
112. doi:10.1016/j.desal.2014.12.038.

Tow EW, Warsinger DM, Trueworthy AM, Swaminathan J, Thiel GP, Zubair SM, et al.
Comparison of fouling propensity between reverse osmosis, forward osmosis, and
membrane distillation. Journal of Membrane Science 2018;556:352—64.
doi:10.1016/j.memsci.2018.03.065.

Osuna B, Ferrero G, Rodriguez-Roda I, Collado N, Comas J, Sipma J, et al. Comparison

of removal of pharmaceuticals in MBR and activated sludge systems. Desalination



2009;250:653-9. doi:10.1016/j.desal.2009.06.073.

[220] Zorita S, Martensson L, Mathiasson L. Occurrence and removal of pharmaceuticals in a
municipal sewage treatment system in the south of Sweden. Science of the Total
Environment 2009;407:2760-70. doi:10.1016/j.scitotenv.2008.12.030.

[221] Jin X, Shan J, Wang C, Wei J, Tang CY. Rejection of pharmaceuticals by forward
osmosis membranes. Journal of Hazardous Materials 2012;227-228:55-61.
doi:10.1016/j.jhazmat.2012.04.077.

[222] Kong FX, Yang HW, Wu YQ, Wang XM, Xie YF. Rejection of pharmaceuticals during
forward osmosis and prediction by using the solution-diffusion model. Journal of
Membrane Science 2015;476:410-20. doi:10.1016/j.memsci.2014.11.026.

[223] Garcia-lvars J, Martella L, Massella M, Carbonell-Alcaina C, Alcaina-Miranda Ml,
Iborra-Clar MI. Nanofiltration as tertiary treatment method for removing trace
pharmaceutically active compounds in wastewater from wastewater treatment plants.
Water Research 2017;125:360-73. doi:10.1016/j.watres.2017.08.070.

[224] Gassara S, Mendret J, Petit E, Brosillon S, Azais A, Deratani A. Nanofiltration for
wastewater reuse: Counteractive effects of fouling and matrice on the rejection of
pharmaceutical active compounds. Separation and Purification Technology
2014;133:313-27. d0i:10.1016/j.seppur.2014.07.007.

[225] Licona KPM, Geaquinto LR de O, Nicolini JV, Figueiredo NG, Chiapetta SC, Habert AC,
et al. Assessing potential of nanofiltration and reverse osmosis for removal of toxic
pharmaceuticals from water. Journal of Water Process Engineering 2018;25:195-204.
doi:10.1016/j.jwpe.2018.08.002.

[226] Lin YL. Effects of organic, biological and colloidal fouling on the removal of



[227]

[228]

pharmaceuticals and personal care products by nanofiltration and reverse osmosis
membranes. Journal of Membrane Science 2017;542:342-51.
doi:10.1016/j.memsci.2017.08.023.

Termpiyakul P, Jiraratananon R, Srisurichan S. Heat and mass transfer characteristics of a
direct contact membrane distillation process for desalination. Desalination 2005;177:133—
41. doi:10.1016/j.desal.2004.11.019.

Izquierdo-Gil MA, Garcia-Payo MC, Fernandez-Pineda C. Air gap membrane distillation
of sucrose aqueous solutions. Journal of Membrane Science 1999;155:291-307.

doi:10.1016/S0376-7388(98)00323-8.



Figure Captions:

Figure 1. The growth in research activity related to MD and application of MD for wastewater
reclamation from 1991 to 2018 (Source: Web of Science). Numbers in the stacked columns

indicate the number of published papers in each category.

Figure 2. Schematic diagrams showing configurations of classical single-stage MD systems: (a)
Direct Contact Membrane Distillation (DCMD), (b) Air Gap Membrane Distillation (AGMD),

(c) Vacuum Membrane Distillation (VMD), (d) Sweeping Gas Membrane Distillation (SGMD).

Figure 3. Schematic diagrams showing variations in configurations of different types of gap MD
systems: Air gap membrane distillation (AGMD), Permeate gap membrane distillation (PGMD),
Conductive gap membrane distillation (CGMD), and Material gap membrane distillation

(MGMD).

Figure 4. Schematic diagram showing configuration of Flashed-feed Vacuum Membrane

Distillation. (Redrawn following [69])

Figure 5. Combined effect of different fouling mechanisms (i.e. inorganic fouling, organic
fouling, and biological fouling) leading to partial or complete pore blocking (internal fouling)

and surface fouling (external fouling) in membrane distillation process



Table 1. Operational parameters in MD processes applied to
treatment and reclamation.

different types of wastewater

. Temperature Flow
Membrane Properties (°C) Rate/Velocity
Memb
rane Mea In-air
e 28 Pre-treatment type n Poro | Thick | conta B
setup type N Perm | Fee | Perm f.
(Modul | pore | sity ness ct Feed
) - eate d eate
e: size (%) (nm) angle
Materi | (um) ©
al)
0.8
Foam L
beM fractionation, Flat mt 0.81L (13
Conventional m
D | TPW | (occulation- | SEEE | 0% | | 80 20y gy |
biological) Lm?
treatment L
m
NP,
physicochemical Flat 0.35
DCM | 1o -biological sheet: | 022 | 851 | 180 | 1337 | 50 20 | L |0BL|03
D (anaerobic- PTFE 1 m 2]
: m
aerobic)
treatment
Hollow
fiber:
PVDF- 83.70 0.02
PEM | Tow NP Cloisite O'gg + | 977 | 901 | 2542 | 3m %1035 [51]2
15A 0.67 st
compos
ite
Flat
sheet:
PTFE N
Dg'v' TDW NP onPET | 02 | 85% | 130 | 127 | e0 | 21 fn'z 2Lm [g]l
support
with
Agarose
Flat 0.19
55+ 6
DCM sheet: 9 30 - [15
D oMW NP PTFE, | 028 Mfi 60 | 2 9]
PVDF 3
NP, Flat
DEM oMw Coagulation/floc | sheet: 0.2 80% 178 - 40 20 [71]5
culation, MF PTFE
NP, advanced Flat
DCM MW biological sheet: 0.45, L . 1249, | 40- 10 [14
D treatment PTFE, 0.45 123.6 60 3]
PVDF
FO feed:
sanitary
FO- wastewate R Flat
DCM | r; DCMD U'tlfz‘;'gr\j‘\t/'on sheet: | 045 | - 120 | 455 | 25 | — | - [;]8
D feed: PTFE
OW+FO
permeate
FO feed:
secondary
FO- MW, FO for Flat 0.4
DCM DCMD secondary MW sheet: | 0.22 - 11?%% - 50 20 L Or':.ll‘ [éf
D feed: 1M effluent PP m?
NaCIl+FO
permeate
FO feed:
secondary
FO- MW, FO for Flat 0.4
DCM DCMD secondary MW sheet: | 0.22 - 11?;% - 50 20 L Or':_ll‘ %]S
D feed: 1M effluent PP m?
NaCI+FO
permeate
FO Feed:
domestic
wastewate
[I):(?M r, DCMD | FO for domestic I-]iﬂilec;w 0.07 . 18645 . 53 20 r?é 0.15 [18
feed: 35 wastewater : 3 - 1 ms! | 5]
D PVDF
g/L
NaCIl+FO
permeate
FO feed: FO for raw
FO- se\r;;v e sewage, MD Flat 1.0
DCM DCI\/?Ij feed solutiond sheet: 03 . . 135+1 40 20 L 1.O>1L [18
D feed: was pre-treate PTFE 5 - m 8]
using GAC or
1.5M UV
NaCIl+FO




. Temperature Flow
Membrane Properties () Rate/Velocity
Memb
rane Mea In-air
e 28 Pre-treatment type n Poro | Thick | conta R
setup type N Perm | Fee | Perm f.
(Modul | pore | sity ness ct Feed
) - eate d eate
e: size (%) (nm) angle
Materi | (um) ©
al)
permeate
Coagulation-
sedimentation, Flat 0.5
PEM 1 Rrew filtration, sheet: | 0.18 | 82 | - ~ | 50 | 20 |ms|%4" [516
acidificationand | PVDF ! ]
degasification
OW: ail,
sodium
dodecyl Flat 0.8
Dg'v' sulfonate NP sheett | 022 | 75 | 125 | 111 | 55 | 15 | L 0,}?»1" [?6
and PVDF m?
sodium
chloride
ow: 1
DCM | wt% NacCl Capillar [14
D solution NP y: PP 0.2 I - w4080 20 8]
with oil
Flat
sheet:
ow: +
o | shate oil Fitation | PVOF | 0.45 105 | 119%4 04 | o351 | a7
and gas through 8-pum PV - (PVDF ' 60 20 L )
D produced filter PVA, DF) ) S0£2, m* m ]
PVDF- 159+2
water A
SIOz-
FAS
Hollow 0.30
DCM || | rw NP fiver: | 015 | 80 | - e [ 475E ] 2705 0075 13
D PVDF 05 05 sl ms 6]
Spiral 16
DCM LLRW NP wound: 0.2 80 --- --- 35-80 5-30 L 16.!‘ [13
D PTFE mt | M ]
Flat
) 92.45 0.00
DCM | LLRW/M sheet: 138.80 . 23 0.001_ 21
D LRW NP PS, - 113.9 55 21.5 L 4L m 5
PES, 146.56 9 1 ! ]
PTFE m
Flat 0.06
DCM ROC NP, GAC sheet: 0.2 70-80 179 139.4 55 25 ms 0'02 [12
D PTFE +1.5 1 ms 7]
Flat 35
DCM NP, thermal . 122.7 | 57.1+ | 22.5¢ 35L [12
ARD S sheet: -—- --- --- L 1
D precipitation PVDF +7.7 1.7 11 ml m 0]
Flat 0.5
DCM PW NP sheet: | 022 | - 104 | 1249 | 602 | 20+2 | L | 05k |12
D PVDF 1l m 3]
Flat 20
AGM o sheet: 20L | [13
D PW Pre-filtration PTFE 0.2 80 200 --- 55-90 | 15-50 I__l mt 4]
with PP m
127.6
1,
Modif Flat 170- 124.9
. NP, MBR 35
ied y . sheet: 0.22, 240, 1; 40 - 35L | [14
DCM LL (anoxjr‘:;;’mb'c PTFE, | 045 | ™~ | 120- | 1289 | 60 10 rrl1_'l m? | 4]
D PVDF 180 9,
123.5
9
FO feed: Flat
FO- Dclgk/iD ;'hreFeé 125¢ 0.31
DCM | feed: 4.82 FO PVDF | 045 | - 6(2).g+ 15;10' L | 03LL [39
D M NaCl compos 05 m? m ]
and FO ite with '
permeate PET
DCM Hollow 2L | 2Lm | [14
D FW NP fiber PP 0.46 80 250 --- 55-60 30 mt 1 1]

Note: TDW = textile/dyeing wastewater, OMW = olive mill wastewater, MW = municipal wastewater, RCW = recirculating cooling water, OW
= oily wastewater/oil-water emulsion, RW = radioactive wastewater, LLRW = low-level RW, MLRW = mid-level RW, ROC = wastewater
reverse osmosis concentrate, ARD = acid rock drainage water, PW = pharmaceutical wastewater, LL = landfill leachate, FW = fermentation
wastewater, NP = no pre-treatment, MF = microfiltration, FO = forward osmosis, MBR = membrane bioreactor, DCMD = direct contact
membrane distillation (MD), VMD = vacuum MD, AGMD = air gap MD, PP = Polypropylene, PTFE = polytetrafluoroethylene, PVDF =
polyvinylidene fluoride, PET = polyester, PS = polysulfone, PES = polyethersulfone, PV A= polyvinyl alcohol, FAS = Heptadecafluoro-1,1,2,2-
tetrahydrodecyl triethoxysilane, GAC = granular activated carbon adsorption.

Table 2. Performances of treatment processes involving MD applied to different types of
wastewater treatment and reclamation.




MD performance

ML Feed type Pre-treatment Mean permeate flux, L | Reported rejections, water | Ref.
setup 2 |l i
m*~ h™ (Time) recovery
Foam fractionation, ~5 (0-40 days)
Conventional ~2 (66 days) Sulphate (>99.9%)
DCMD Tbw (flocculation-biological) ~ 4 (after caustic Water recovery (91.6%) [131]
treatment cleaning)
NP: Color (94%);
NP, physicochemical- NP: 19(.28(;5)3;[)”5), <1 Condtgg\gtzgg%%m%)’
DCMD Tbw b'gé?gt'ﬁg; Ef:;?;gg;c' P: ~21 (~6 hours); ~18 P: Color (100%); [132]
(48 hours) Conductivity (99.95%);
COD (96%)
Rejection in 150-minute
experiment: Color (95.3%);
37.8 (150 minutes) Conductivity (93.7%);
DCMD oW NP 13-15 (40 hours) Turbidity (93.0%): TDS | [12°]
(93.6%); COD (89.6%);
BODs (90.8%)
Bare PTFE (salt
solution): 32 (24 hours)
Bare PTFE (wastewater):
DCMD TDW NP 8 (24 hours) [216]
Protected PTFE
(wastewater): 20 (24
hours)
DCMD oMW NP o ngrsi) i 4 Phentqlic fC Otm poIlDJ'Irlld:E [159]
) separation factor:
PVDF: 4958014 (| 9906, pvDF 8996 (9 hours)
ours)
NP: 5.6,
Coagulation/flocculation:
6.9, MicrofiltrationL 7.7
NP, &gl-tgl\r),’ Phenolic Compound
DCMD oMW Coagulation/flocculation, A .| separation factor >99% (8 | [157]
ME Coagul_atlon_/floc_cuIatlon. hours)
5.5, MicrofiltrationL 7.1
(3 hours);
NP: 1.44 L m*h? (76
hours)
PTFE: NP (conductivity 93-
96%, COD >98.5%,
. alkalinity 94%, hardness
’\;55;—;%4_18% 1&2 98%, ammc;réioz)r?itrogen 45-
hours) P (conductivity} 96-98%
PZPZTEE (1367(165-45511\:5': COD 89%, alkalinity 87%,
' ’ ' hardness 98.7-99.1%,
NP, advanced biological . ammonia-nitrogen 50-60%)
DCMD MW treatment ming:\nﬂj)r;:r:/]:miggﬂs in PVDF: NP (conductivit_y _74- [143]
flux results from 76%, COD 97%, alkalinity
; 53-63%, hardness 66-83%,
temperature differences ammonia-nitrogen 31-50
of 30°C and 50°C, %) g
Toad and pormentesigey | P Conductvity 79:81%
COD 89%, alkalinity 65-
78%, hardness 76-82%,
ammonia-nitrogen 35-40%)
High rejection (~99%)
FO feed: saigfy orgacrr:ilgvﬁﬂt];?;nilgledr eigtnic
DE?/ID wa?(t;\év:ag\rl,v?g OM D Ultrafiltration for OW 6-8.5 (S?;;Cr?]gtﬁg =0.1- paramet_ers due to [189]
permeate _compllmentary
ultrafiltration and FO pre-
treatment.
Conductivity rejection
FO feed: secondary Initial: 14.4 (DCMD), >97% in first 6 days, then
FO- MW, DCMD feed: FO for secondary MW 12.24 (FO) deteriorated rapidly due to [186]
DCMD 1M NaCI+FO effluent Aftre 48 hours: 6.84 the presence of organic
permeate (Both FO-DCMD) materials in the feed
solution.
FO feed: secondary A
FO- MW, DCMD feed: FO for secondary MW . o:gr?tljli r?fdiﬁ&fégﬁtr:%:f [150]
DCMD 1M NaCI+FO effluent
system after 48 hours
permeate
FO: TOC>95%, NH;-
. N>73%, TN>65%
FO Feed: domestic o Y
FO- wastewater, DCMD FO for domestic FO-DCMD: 17.60 (120 TP>259(?5/N§8 3>-7>O;/003/504 185
DCMD feed: 35 g/L wastewater hours) 0 T4 Y [185]

NaCl+FO permeate

FO-DCMD: TOC>98%,
NH3-N>90%, TN>90%,
TP>98%, CI" >95%, NO3




MD MD performance
Feed type Pre-treatment Mean permeate flux, L | Reported rejections, water | Ref.
setup Dt
m*~ h™ (Time) recovery
>95%, SO, >98%, PO,>
>97%
>98% for TOC, TN, and
UV s, absorbance, >83% for
Vi 0,
FO feed: raw FO for raw sewage, MD 7 (FO-DCMD) congruc;:]\i/:;t)ébzfa%)nf;r:t;race
FO- sewage, DCMD feed solution was pre- 4.5 (DCMD alone) 9% 506 trace or anic' [188]
DCMD feed: 1.5M treated using GAC or (Cumulative permeate D70 019
contaminants in FO-MD
NaCl+FO permeate uv volume of 4000 mL) . -
hybrid system coupled with
GAC adsorption or UV
oxidation.
RCW with filtration,
acidification, and
degassing: normalized
Coaaulation- flux reduced from 0.964
sedimenta%ion filtration 0 0.664 (30 days)
DCMD RCW R ' | RCW with coagulation- [165]
acidification and . - A
q e sedimentation, filtration,
egasification M
acidification, and
degassing: normalized
flux reduced from 0.966
to 0.876 (30 days)
OW: oil, sodium
dodecyl sulfonate Normalized flux reduced | TOC rejection 49.1 +20.3
DCMD and sodium NP to 0.4 (600 min) % [86]
chloride
Oil rejection: 99.996% and
For 1000 ppm oil: 4.93 99.969%
. 0,
DCMD Osx:/u tiloﬁnvﬁthﬁl NP (AT =60°C); 0.55 (AT = (for oil concentration of [148]
40°C) 1000 ppm and 2000 ppm,
respectively)
PVDF: 30.9, 29.4
(initial), 17.3, 23.52
(after 800 ml permeate
collection in 16.4 and L
14.9 hrs, respectively): Salt remo;/al e_ffl_Clenues
PVDF-PVA: 30.3, 315 >99.9%, distillate
_ - (initial), 23.3, 24.3 (after conductivity increased by
OW: shale oil and Filtration through 8-pm S less than 75 pS/cm
DCMD - 800 ml permeate - [47]
gas produced water filter I (corresponds to an increase
collection in 14.6 and : g
. . in salinity of less than 35
14.3 hrs, respectively);
. . mg/L NaCl). Water recovery
PVDF-SiO,-FAS: 23.4, achieved 53.33%
26.2 (initial), 15.7, 20.2 el
(after 800 ml permeate
collection in 21.1 and
18.1 hrs, respectively)
. 100% rejections for Cs",
DCMD LLRW NP 7.85 (120 min) sr?*. and Co?* [136]
High rejection (>90%) for
major anions and cations
Most radioisotopes were
undetectable in permeate.
DCMD LLRW NP 6.75 (20 hours) Only Co-60 and Cs-137 [137]
were detected in permeate
with high rejection values
(97.7% and 99.9%,
respectively)
Thickness normalized
permeate flux J,, (kg O it
i supes; | Ao 106 et of
DCMD LLRW/MLRW NP 0.143, SMM2/PES: 0.16, - an2h. - | [215]
. Cs’, Sr*"); and radioisotopes
SMM1/PS: 0.07, (®Co, 2Cs, sr)
SMM2/PS: 0.08, PTFE: ' '
0.155
99% ion rejection, more
than 90% rejection of all
(with GAC) and majority
NP: 16 (initial), 11 (at (with NP) micro-pollutants.
85% water recovery) For NP condition low
DCMD ROC NP, GAC P: 16 (initial), 12.3 (at rejections of propylparaben [127]
85% water recovery) (50%), salicylic acid (86%),
benzophenone (62%),
triclosan (83%), bisphenol A
(84%), atrazine (88%)
NP: 384 (Initial), Salt rejection: 99.88 —
36.4~32.7 (after 13
N 99.93% (NP), 99.96%
DCMD ARD NP, thermal precipitation hours) R [120]
. (thermal precipitation pre-
Thermal precipitation treated ARD)
pre-treated ARD: 38.4




MD performance

ML Feed type Pre-treatment Mean permeate flux, L | Reported rejections, water | Ref.
setup m?2h? (Time) recovery
(Initial), 36.28~36.25
(after 13 hours)
i 100% (for neutral and
. .C.:efotaXIme. 206 negatively charged
(|n|t_|al), ~18.5_(24 hour) antibiotics)
DCMD PW NP _C_l[_)rofloxacm. 20.6 86% (for positively charged | [123]
(m.:.t'i)l)’ ~19_(2423%ur) Gentamicin sulfate)
obramycin: 20. -
(initial), ~16 (24 hour) | 87 (fo{optf:?;:‘;i'ii’]fharge"
Diclofenac 99%, Atenolol
99%, Carbamazepine 99-
100%, Ciprofloxacin 37-
99%, Estradiol 70-98%,
Estriol 76-87%, Estrone 66-
86%, Ethinylestradiol 72-
90%, Hydrochlorothiazide
AGMD PW Pre-filtration 2-6.8 (one week) 922/01?22&)'2‘;2;0;‘;”998%& [134]
Metoprolol 100%, Naproxen
62-95%, Norfloxacin 60-
98%, Progesterone 67-83%,
Propranolol 96-100%,
Ranitidine 89-100%,
Sulfamethoxazole 92-99%,
Trimetoprim 80-99%
NP (% Rejection range for
PTFE, PVDF): Conductivity
. (75-85%, 77-84%), COD
P O g 2‘01125 (99-99.5%, 97.8-99.5%),
imaten | S0,2880 s
\ alkalinity (82-91%, 79-
PTRR 022 m) & 161 | g7og), hrdnes (67-99%,
Modified NP, MBR @hours) 95_97%)’3%%42-5)(43-73%1
odifie , 2 -62%
DCMD LL (anoxic+aerobic+UF) fs I;ZFI]::\%;ES((? 13115) 6n51) P (% Rejection range for [144]
s I T Do Comtiny
- 0, - 0),
lzTgF %&91')21:2 (‘6”;)26&) (97.5-98.5%, 97-97.5%),
a4 SO, (90-96%, 90-96%),
@ .hou-rs) alkalinity (79-93%, 82-
87%), hardness (97-98.5%,
97-98.5%), NH4-N (85-
95%, 90-93%)
FO feed: LL, Salt: 96.70%-98.99%, TOC
FO- DCMD feed: 4.82 FO 4.75-6.29 (250 >98%, TN >98%, NH,*-N [190]
DCMD M NaCl and FO minutes) 100%, Hg 100%, As 100%,
permeate Sb 100% (250 min)
8.7 (initial), 4.3 (12
DCMD FW NP hours), 7.6 (after COD 95.3%, TOC 95.7%, [141]

cleaning by pure water)

Protein 98.9%

Note: TDW = textile/dyeing wastewater, OMW = olive mill wastewater, MW = municipal wastewater, RCW = recirculating cooling water, OW
= oily wastewater/oil-water emulsion, RW = radioactive wastewater, LLRW = low-level RW, MLRW = mid-level RW, ROC = wastewater
reverse osmosis concentrate, ARD = acid rock drainage water, PW = pharmaceutical wastewater, LL = landfill leachate, FW = fermentation
wastewater, NP/P = no pre-treatment/pre-treatment, MF = microfiltration, FO = forward osmosis, MBR = membrane bioreactor, DCMD = direct
contact membrane distillation (MD), VMD = vacuum MD, AGMD = air gap MD, PP = Polypropylene, PTFE = polytetrafluoroethylene, PVDF =
polyvinylidene fluoride, PET = polyester, PS = polysulfone, PES = polyethersulfone, PVA= polyvinyl alcohol, SMM = surface modifying
macromolecule, FAS = Heptadecafluoro-1,1,2,2-tetrahydrodecyl triethoxysilane, GAC = granular activated carbon adsorption, TDS = total
dissolved solids, COD = chemical oxygen demand, BODs = biochemical oxygen demand, TOC = total organic carbon, NH3-N/NH,"-N =
ammonia/ammonium-nitrogen, TN = total nitrogen, TP = total phosphate, NO3/NO;™ = nitrate, SO./SO,> = sulfate, PO,/PO,> = phosphate, Hg =

mercury, As = arsenic, Sh = antimony, Co = cobalt, Cs = caesium, Sr = strontium.

Table 3. Removal efficiencies (%) of selected pharmaceutical residues in pharmaceutical
wastewater using different treatment technologies. (*Values obtained from graphs.)

Bioreactors Air Ga Direct
Activat Membra | with Forwa Revers Membr% Contact
Pharmaceutic ne flocculation | rd Nanofiltrati | e Membra
ed - . ne
al Compound Bioreact | and osmosi | on Osmos e | NE
Sludge . . . Distillati e
or sedimentati | s is on Distillati
on on
Diclofenac -143-80 | -8-87.4 -370 92 - 55-101*,94 | 98— 99
100%*, —98.5* 101*
92.9 -
96
Atenolol 0-97 65.5 - 48 — 96* 99 93.4 —
76.7 99.4
Carbamazepine -122 -58 | -22-23 95— 64 — 98* 75— 99 - 100
98*, 100*
84.7 —




Bioreactors Air Gap Direct
Activat Membra | with Forwa Revers Membra Contact
Pharmaceutic ne flocculation | rd Nanofiltrati | e Membra
ed . . ne
al Compound Bioreact | and osmosi | on Osmos .. | NE
Sludge - . ) Distillati T
or sedimentati | s is Distillati
on on on
94.4
Ciprofloxacin 90.9 98.7 — 37-99
99
Estradiol >82.6 70-98
Estriol 76 — 87
Estrone -343.9 66 — 86
Ethinylestradiol 72-90
Hydrochlorothia | 0-76.3 | 0-66.3 99 - 100
zide
Ibuprofen 52-99.7 | 89-99.8 98.9 82-97* | 47-100*%,92 | 96 - 95 - 98
—98* 102*,
90 —
100*
Ketoprofen 9-911 |439-97 92 - 98
Metoprolol -1-77 295 - 98.1 - 100
58.7 98.7
Naproxen -2-98 71-99.3 92.1 64 — 53 - 103* 62— 95
97%*,
90.2 —
97.9
Norfloxacin 99.7 60 — 98 94.5 -
99.9
Progesterone 67 — 83
Propranolol 59 65.5 - 95 - 96 — 100
77.6 97.8
Ranitidine 24.7 — 29.5-95 98.8 — 89 100 99.6
422 99.3
Sulfamethoxazol | -138 -99 | 57 -90 88.2 — 45 - 100* 90 - 92 -99
e 93.9 100*
Trimetoprim -40 — 475 — 42 - 101* 80 -99 995
40.4 66.7
Loratadine 15 0-335 99.6
Paroxetine 91 90 99
Omeprazole 98.5 -
99.1
Cimetidine 99.5 -
99.6
Fenofibrate 95.4 —
99.6
Phenylbutazone 95.8 -
99.9
Phenazone 87.7 -
99.8
Betamethasone 92.4 -
97.6
Prednisone 98.6 —
99.6
Scopolamine 99.9
Metformin 92 -95.6
Enrofloxacin 92.7 —
95.8
Enoxacin 91.6 -
99.5
Danofloxacin 100
Caffeine 32 -88* 86 — 89.8 —
101* 93.3
Atorvastatin 93-99.3
Ampicillin ~ 100 99.9
Amoxicillin 99.9
Erythromycin 99.5 - 94.7 -
99.8 99.6
Clarithromycin 95-96.4
Fluconazole 95.6 —
99.9
Reference [219] [219] [220] [221], [223], [224], | [225], | [134] [135]
[222] [225] [226]

Table 4. Effects of feed/permeate stream temperatures on permeate flux for different MD

configurations. (*Values obtained from graphs.)
[ MD | Membran | Pore | Major | Concentra | Feed | Pressu | Feed Temperature | Permeat | Ref ]




Configura | e/ Module | size/ Feed tion flow re (for | (Ty), Permeate/cold | e Flux
tion Mean Constitu rate/ | VMD) | side Temperature
pore ent veloci (To)
diameter ty
(pm) —
Methyle o o 4.25, 4.8,
VMD PP/Flat | o, neblue | 185mg/L | 14 Smm | Tr =40°C, 50°C, 56,63 |
Sheet d mL/s | Hg 60°C, 70°C 2 ]
ye kg/m/h
Remazol
Brilliant 0.78 — o o 27.5, 35,
VMD :Egel:tlat 0.2 Blue R 50 mg/L 1.67 rlnobar g6:040 C, 50°C, 57 53
(RBBR) m/s kg/m?/h
dye
15 140
PP/ Flat 100,200,30 | mLl/s, T¢ = 25°C, 40°C, ~18-15 | [14
VMD Sheet 0.2 NaCl 0giL 30 | 120 |55 kg/m?h * | 9]
mbar
mL/s
1.41,
2.66,
451,7.22
L/m?h
(for 250
mL/min)
1.67,
2.94,
COoD 4.97,7.35
(12404360 L/m?h
mg/L), (for 500
NH;-N 250 — mL/min)
Tapioca | (51270 1000 1.80,
starch mg/L), mL/m _ane o 3.09,
DCMD PTFE/ Flat 01 based VFA in ) g650430(§‘(:50 C 5.38,7.71 | [14
Sheet ' synthetic | (512+112 | (0.00 T = 10°C L/m?h 5]
wastewat | mg/L), TS | 5- P (for 600
er (2918+236 | 0.014 mL/min)
mg/L), m/s) 1.82,
TDS 3.34,6.4,
(3008+172 8.98
mg/L) L/m?h
(for 800
mL/min)
2.09,
3.44,
6.62, 9.22
L/m?h
(for 800
mL/min)
0.421
PVDF/ (unmodifi
Hollow ed)
Fiber 0.191 0 o
pcmp | (Unmodifie | (plasma | .o 35w | 20 |- g(f)"cz,lgo%'cso © ~6-65 | [12
d, plasma modified) L/min T = 959C kg/mh* | ]
modified, | 0.189 P
chemically | (chemical
modified) | ly
modified)
PP/ ~0.65 —
VMD Hollow 0.18 Co(NOs) 10 mg/L 4#]8 0.98 T¢=30°C - 70°C 6.1 [13
Fiber 2 L atm Um?h > | 8
T¢=80°C
PTFE/ ! -
. - 500 (Evaporator inlet) ~9-25 [77
PGMD Spiral 0.2 Salinity 0-105 g/kg kg/h - T. = 20°C - 40°C kg/h * 1
wound P .
(Condenser inlet)
Tf°-40 C 50°C, 10_35
60°C, 70°C L/m?/h *
T,=15°C
DCMD
. NaCl
(inan T¢=40°C _
integrated :Eé;lat 0.22 g:rca)w 025-2M E./Lrlnin - T, =30°C, 25°C, L?m_zllho* ([)%5
FO-MD - 20°C, 15°C
Solution)
setup)
T¢=70°C _
T, =30°C, 25°C, L?r??/hsi
20°C, 15°C
Simulate | CI (18,600
d mg/L), Na
Seawater | (10,400 e o
PVDF/ 55 T¢=40°C — 70°C* ~1-7 [37
AGMD | £y Sheet | 04 |(\5|:g|>, 22 ggé'g% M3 | min | - T,=7°C - 30°C kgim?h * | ]
K, Br, B, | mg/L), Ca
F) (410




mg/L), K
(380
mg/L), Br
(62 mg/L),
B (4.9
mg/L), F
(1.9 mg/L)

~0.7 -
6.4
L/m’/h

PP/
Hollow
Fiber

CsCl,
CsNO;,
NaCl

41.8
L/h

5.05
kPa

[15

VMD 0.18 10 mg/L T¢=30°C -70°C

~45-28
L/m?h *
(Electros
pun
PVDF)
~35-24
L/m?/h *
(Commer
cial
PVDF)

Tf =

30°C,40°C,50°C,60°
C, 70°C

15

T,=7°C

1000mglL | 2| - ~218- ][43

S 15.7
7°C,10°C,15°C,20° | L/m?h*
C,25°C, 30°C (Electros
T;=60°C pun
PVDF)
~16 —
115
L/m?/h *
(Commer
cial
PVDF)

0.37
(Electros
pun
PVDF) Pb(NO3)
0.22 2
(Commer
cial
PVDF)

Electrospu
n PVDF,
PVDF
(Commerc
ial)/ Flat
Sheet

AGMD

- ~0.002—
PVDF/ Ti=79C 0.013 [17

Flat Sheet T,=20.5°C kg/m?/s * 1]

17.76 wt% NS S

DCMD 0.20
m/s

NaCl

Note: DCMD = direct contact membrane distillation (MD), VMD = vacuum MD, AGMD = air gap MD, PGMD = permeate gap MD, PP =
Polypropylene, PTFE = polytetrafluoroethylene, PVDF = polyvinylidene fluoride.

Table 5. Effects of feed stream flow rate/velocity on permeate flux for different MD
configurations. (*Values obtained from graphs.)

Feed
Pore size/ Maior Temperatu Feed
MD Mean J .| re(Ty, Pressu | flow
. . | Membrane Feed Concentrati Permeate
Configurati pore . Permeate/c | re (for | rate/ Ref.
/ Module . Constitue | on . . Flux
on diameter nt old side VMD) | velocit
(um) Temperatu y
re (Tp)
14,17
| 4.75,5,6,
VMD PRIFlat o2 Methylen | 1gsmg | T=s0ec | 2™ [ 3042 15785 | [57]
Sheet e blue dye Hg 57 2
kg/m</h
mL/s
Remazol
- 19.1
Brilliant ! 22.5, 26,
VMD PRIFlat 1 o2 BlueR | 50mglL | T,=50C | 20 26 | 265285 | 3
Sheet (RBBR) mbar 34.9, ka/m?/h 0]
4a1Lm | <9
dye
VMD PP/ Flat 0.2 NaCl 100 g/L T;=55°C ‘1“2)0_ 15,30 | ~5-145 | [14
Sheet ' g = mL/s | kg/m¥h* | 9]
mbar
141, 1.67,
1.8,1.82,
2.09
L/m?h
250, o
cob 500, | Jort0 o)
(12404360 600, PO
3.09, 3.34,
. mg/L), NH3- 800,
Tapioca 3.44
N (512470 —an0 1000 2
starch mg/L), VEA T; = 40°C, mL/mi L/m<h
PTFE/ Flat based gL, 50°C, 60°C, (for 50°C) | [14
DCMD 0.1 . (512+112 0 - n
Sheet synthetic 70°C 451,497, | 5]
wastewate | TYL: TS ¢ Zqg0c (0.005, 1 5 25" 6 4
; (29184236 P 0.008, 6.62’ o
mg/L), TDS 0.01, L./m2/h
(3008+172 0.012, o
mg/L) 0014 | (for60°c)
g e | 722735,
7.71,8.98,
9.22
L/m%h
(for 70°C)
DCMD PVDF/ 0.421 NaCl 3.5wt% T;=50°C - 0.82- ~125-15 | [12]




Hollow T,=25C 3.06 kg/m?/h *
Fiber m/s (9.5mm
(9.5 housing)
mm ~6-11
housin | kg/m?h *
9) (19.5 mm
0.17- housing)
1.05
m/s
(19.5
mm
housin
g)
10.5-
PP/ Hollow 200 0.98 ~45-6.1 | [13
VMD Fiber 0.18 Co(NOs); | 10 mg/L T¢=70°C atm i}hs L/mi/h * 8]
ClI (18,600
mg/L), Na
(10,400
Simulated mg/L), Mg
s (1,290
eawater mg/L), Ca 1-5.7
PVDF/ Flat (Cl, Na, ' T¢=60°C . ~2.7-34
AGMD Sheet 0.45 Mg, Ca, &‘1(‘3)8”39’ D | 1,220 | Limin -\ oz« | 371
K, Br, B,
F mg/L), Br
(62 mg/L),
B (4.9
mg/L), F
(1.9 mg/L)
CsCl 10.5-
PP/ Hollow ! . 5.05 ~48-6.8 | [15
VMD Fiber 0.18 CsNOs, 10 mg/L T¢=70°C KPa 41.8 L/m%h * 6]
NaCl L/h
PTFE/ 80 200- -
PGMD Spiral 0.2 Salinity | 0-105ghkg | #280C 1. 500 25-25 | 177]
T,=25°C ka/h
wound P kg/h
~18.6-22
2/l *
Electrospun | 0.37 I(_Iggc/t?os
PVDF, (Electrosp un PVDFF;
— RN° _
AGMD PVDF | unPVDF) | 5nNoy), | 1000 mg | 11 =80C | 05151 1379_" | [43]
. - 2
(Commerci | 0.22 T, =7°C L/min 16 L/m/h
al)/ Flat (Commerc -
Sheet ial PVVDF)
(Commerc
ial PVDF)
~0.0019
kg/m?/s *
Tf = (Tf:O )
0 0.08- 43.2°C
DCMD PVDF/ Flat 0.20 NaCl 17.76 wt% 4352 o - 0.33 ~0.007 — [17
Sheet 68°C - 1]
T =205°C m/s 0.0082
P ' kg/m“/s *
(Te=
68°C)
1.85-
PVDF/ Flat T¢=60°C ~30-38 [22
DCMD Sheet 0.22 NaCl 35¢0/L T,= 20°C - iq/?s kgm?h* | 7]
~90 — 156
mL/h *
(PTFE
o 0.45)
PTFE, ?F"A}I?FE) ?‘?r;:ns— ~78-132
AGMD PTFE with 0.20 Sucrose 150 g/L membrane - 8-58 mL/h * [22
PP support/ L/h (PTFE 8]
(PTFE Temperature
Flat Sheet PTFE-iDP) ) 0.2)
~67 - 90
mL/h *
(PTFE-PP
0.2)
Note: DCMD = direct contact membrane distillation (MD), VMD = vacuum MD, AGMD = air gap MD, PGMD = permeate gap MD, PP =

Polypropylene, PTFE = polytetrafluoroethylene, PVDF = polyvinylidene fluoride.




Highlights

e MD application is gaining interest for reclamation of different types of wastewater

o Complex interactions of contaminants and membranes lead to fouling and wetting in MD
e Pre-treatment lowers membrane fouling and wetting potential of wastewater in MD

o Novel modification approaches of MD membranes mitigate fouling and wetting

o Membrane cleaning recovers flux with fading reusability in sequential treatment cycles



