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1. Introduction

Coal to Liquids (CTL) as well as Coal to Substitute Natural Gas
(Coal-to-SNG) and Integrated Gasification Combined Cycle (IGCC)
plants can exploit and convert cheap fossil fuels, like coal, petcoke,
waste and biomass, into a clean synthetic gas, mainly composed of
hydrogen, carbon monoxide, carbon dioxide and other minor spe-
cies, to produce either liquid fuels or electricity. Within this syngas
conversion process, a key step is the removal of sulphur species (i.e.,
H,S, COS, CS,, mercaptans and organic sulfides) which poison
downstream catalysts and, if syngas is burned in a gas turbine or
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boiler, originate SO,. For this reason, coal gasification plants always
include an Acid Gas Removal (AGR) unit capable of abating the
content of sulphur species in syngas below the limits imposed by
the downstream processes, e.g. 50 ppb for a Fischer—Tropsch (FT)
synthesis catalysts and 50 ppm for gas turbines. Besides HjS
removal, AGR units are also suitable to separate CO, from syngas
and make it available as an almost pure separate stream, ready for
utilization or long-term sequestration. This feature has been
exploited so far only in those gasification-based polygeneration
plants co-producing urea or other chemicals requiring CO, as a
feedstock [1], and in the North Dakota coal gasification facility [2]to
make available a CO, stream for Enhanced Oil Recovery (EOR) (see
e.g., [3]). However, this capability of selectively removing H,S and
CO, will become even more attractive in case of a future imple-
mentation of Carbon Capture and Storage (CCS). Indeed, according
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Fig. 1. a) Lurgi (adapted from Ref. [11]) and b) Linde [12] patented Rectisol®.

to a mid-term perspective, in an electricity market characterized by
restrictions on CO, emissions, CCS is likely to become a key feature
of IGCC power plants [4].

For similar reasons, as far as the production of “low-carbon
emissions” liquid fuels is concerned, the conversion of coal into
synthetic liquids with CCS (capturing the carbon in excess to the
synthetic fuel content) seems to be one of the most promising and
viable options to provide an alternative to oil derived fuels, capable
of being competitive in terms of economics, environmental impact
and energy security, especially when high oil prices are envisaged
[5]. Recently different authors have investigated the feasibility and
attractiveness of co-gasification with biomass to further reduce the
carbon footprint (see for instance the study of Kreutz et al. [6] and
the extensive review by Floudas et al. [7]).

In addition, the large number of gasification-based facilities
available worldwide which, as reported by Higman [8], amounts to
618 operating gasifiers and 234 projects (for a total syngas capacity
of 104.7 GWth) makes pre-combustion CO; capture via AGR
processes one of the most well-proven and promptly avail-able CCS
strategies. Indeed, twelve out of the “active” planned gasification-
based projects listed by the gasification database [9] are going to
feature an AGR specifically tailored for CO, separation.

On the other hand, if CO, separation and CCS are implemented,
the energy consumption of the AGR unit considerably grows
becoming the second highest energy consumption among the
auxiliaries of the overall plant (the first one is the Air Separation
Unit), as shown in [10]. For instance, according to [10], when
implementing CCS in an IGCC featuring a Shell gasifier, the electric
power consumption and the capital cost of the Selexol® AGR pro-cess
(including the CO, compressor) increase from 1.0 MW and 47.7 M€
(design tailored for the removal of H,S) to 54.9 MW and 217.7 M€
(i.e., 3 percentage points of LHV efficiency). Since the AGR process has
such considerable impact on the thermodynamic and economic
performance of the plant, it is very useful at the design stage to have
(1) a detailed process model that can accurately predict the
separation effectiveness, (2) an approach to evaluate the possible
Heat Integration opportunities without neglecting the interactions
with the rest of the plant.

In this paper, we focus on the Rectisol® process, a methanol-
based physical absorption process patented and developed by Lurgi
[11] and Linde [12] and widely used for the selective removal of H,S
and CO, from coal-derived syngas [13]. Its first installation was
built during the 1950s by Lurgi at the Sasol-Secunda CTL plant in
South Africa, in the form of three identical scrubbing trains
releasing an acid gas stream, consisting of 98.5% CO; and 1.5% H>S,
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Fig. 2. a) One-stage and b) Two-stage Rectisol® scheme, adapted from Refs. [20] and [21].

directly to the environment [14]. To date, AirLiquide-Lurgi has built
more than 85 Rectisol® plants [15] and Linde more than 65 [16].
According to Koss [17], 75% of the syngas capacity produced
worldwide from coal, oil residues or waste, is purified by a Rectisol®
unit. The features making Rectisol® the most popular AGR technology
for gasification-based syngas cleaning are (1) the capacity to deeply
remove trace contaminants potentially harmful to down-stream
processes like COS (without requiring an hydrolysis unit), HCN, NHs,
metal carbonyls and possible aromatic hydrocarbons, (2) the
possibility to reach a wide range of H,S and CO, separation levels,
and (3) the adaptability of the layout to meet almost any specific
upstream syngas condition as well as downstream product
specification. The Rectisol® process can be tailored for a large variety
of applications comprising syngas to power (IGCC), Coal to

Liquids (CTL), Coal to methanol, ammonia and chemicals in general.
Moreover, its design can be arranged to perform either a combined
(one-column) or selective (two-columns) removal of H,S/COS and
CO,. In addition, the layout can be tuned to match the water gas
shift configuration placing the CO, absorber upstream (for plants
with sweet WGS) or downstream of the H,S absorber (for plants
with sour WGS).

Although Rectisol® may appear as an established old-fashioned
process, its application to CCS is quite recent and may suggest a
different process arrangement (as found in Ref. [1]) compared to
more classical applications where most of the CO, stream is vented
and not targeted to meet the tight specifications for CCS and EOR
[18]. For the above-listed reasons, it is interesting to carry out a
comprehensive analysis and investigate novel
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Fig. 3. Great Plains Synfuels Plant Rectisol® scheme adapted from Ref. [13].

options of Rectisol®-based processes for the selective removal of
H,S and CO».

In this work, first we make a brief review of the Rectisol®-based
variants with the purpose of determining the best one for CCS (see
Section 2). Then, we discuss the main issues related to the
modeling and simulation of the process, and compute the
performance of a reference scheme (see Sections 3 and 4).
Subsequently, we describe an effective Heat Integration
methodology and apply it to carry out the thermodynamic analysis
of the reference scheme (see Section 5.1). Finally, on the basis of the
observations and insights derived from the analysis of the
reference scheme, we propose 4 novel schemes with optimized
Heat Integration and lower energy con-sumption (see Section 5.2).

2. Review of the Rectisol® schemes for CCS

In this section, we first introduce the basic principles of the
originally patented processes, then we make a brief review of the
Rectisol® schemes suitable for CO, capture.

Methanol (MeOH), an alcohol with chemical formula CH30H
classifiable as a polar protic solvent, is capable of preferentially
dissolving H,S and CO». As a result, it can selectively remove those
two acid gases from a syngas stream. It is not the most selective
solvent, as Selexol® has a higher selectivity, as shown in Ref. [13].
However, compared to Selexol®, it has two important advantages:
(1) solubilities of HyS and CO; considerably increase at low tem-
peratures [13], (2) it can operate at very low temperatures (i.e., 213
K) to boost its methanol acid gas solubility and, in turn, decrease
the solvent flow rate and absorber size. Other advantages of
methanol are the capacity of removing multiple contaminants at
once (e.g., HCN, NH3, Carbonyls), low viscosity, low-corrosivity and
non-foaming tendency.

The Rectisol® processes originally patented by Lurgi and Linde
are represented in Fig. 1a) and b).

Lurgi’s scheme [11], which essentially coincides with the one
operating in the largest Sasol CTL plant in South Africa [14],
includes a pre-washing column for water, hydrocarbons and heavier

contaminants removal (which can have a separate solvent circuit)
followed by the absorption column in which two chilled methanol
streams at 223 and 213 K wash the CO;, H,S and COS out from the
syngas. The bottom of the column is externally refrigerated with an
ammonia refrigeration cycle. The loaded liquid methanol is then
regenerated by flashing to atmospheric or sub-atmospheric pres-
sure and, partly, by distilling the small fraction which is then
introduced in the absorber from the top stage. On one hand, this
solution, in which the washing agent is purified mainly by pressure
reduction, is simple (just one absorption column, a flash column
and a regenerator) and with a limited energy consumption, thanks
to the auto-refrigeration effect associated to the expansion; on the
other hand, it is not selective and it turns out to be unsuitable for
CCS, since the CO; gas released from the flash (corresponding to
98% of the total CO, contained in the raw syngas) contains about
1.5% of H,S (two orders of magnitude larger than the acceptable
limit for EOR) and would need an additional complex and expen-
sive chemical process to reach the required purity [14].

Linde’s scheme [12] of Fig. 1b) is more suitable for CCS, since it is
selective and produces a CO,-rich stream readily available for
either EOR or urea production. In this arrangement, the absorber is
inter-cooled to remove part of the heat of absorption of CO, and
features an intermediate extraction of almost half of the solvent
flow rate at the exit of the CO; removal section of the column. In
the HyS absorber, located at the base of the column, the already
CO;-satu-rated methanol removes the H,S from the rising raw
syngas. The liquids collected at the bottom of the absorber go
through a pre-flash to recycle the most volatile fuel species and are
then sent to an H;S enrichment column. Most of the CO, is released
in the HyS enrichment column, whereas the remainder is desorbed
in a Ny stripper.

This flowsheet makes available 86.6% of the inlet CO; as a pure
stream (98.6% purity) at 3 bar suitable for CCS, about 10% in the
diluted tail, and 3% in the Claus gas [19]. Compared to the case of
Fig. 1a), this solution is readily adaptable to CCS with minor mod-
ifications, even though it adopts desorption pressures not opti-
mized for this purpose. Moreover, the N, diluted stream of CO5,



featuring a concentration unsuitable for CO; capture, is detrimental
because it limits the maximum achievable CO, Capture Level (CCL).
It is worth emphasizing that, as also reported in Ref. [1], this
scheme was not supposed to be used for CO, capture but just for a
partial utilization of the separated CO, for urea synthesis. This
configuration is claimed by the inventors to be appropriate for
providing a Claus suitable stream containing 40% (molar basis) of
H,S when starting from a syngas with a medium/high H,S content
(the patent provide the example for a case with 0.6% of H,S in the
dry raw syngas deriving from the gasification of bituminous coal or
petcoke). If the syngas has a much lower H;S concentration (e.g.
0.1% molar basis or lower), it is recommended to rearrange the H»S
enrichment section (i.e., CO, desorption section) by adding down-
stream of it and upstream of the methanol regenerator a rectifi-
cation column followed by an additional scrubber, as explained by
the same authors [12].

Hochgesand [20] and Weiss [21] proposed the scheme repre-
sented in Fig. 2a), very similar to the previously described one but
with a slightly different arrangement of the H,S enrichment
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section. It entails a flash of the CO,-loaded methanol, which re-
leases almost pure CO,, followed by a column working as H,S re-
absorber in the upper section, and as a CO, stripper in the lower
section. The “two-stage” variant of this scheme, proposed in Refs.
[20] and [21], is shown in Fig. 2b). The H,S and CO; removal col-
umns are separated and the WGS unit (sweet catalyst) is placed in
between them. This configuration is aimed at keeping as low as
possible the CO; concentration within the H,S absorber, in order to
minimize the amount of captured CO; and then to avoid the HyS
enrichment column. Despite this positive effect on the H,S/CO,
selectivity, the scheme is more complex and rarely implemented as
it shows higher investment costs (columns duplication with shift
reactor in between) without a significant saving in energy con-
sumption and operating costs.

Among the proposed configurations [21], highlights the attrac-
tiveness of the scheme with “two-parallel-absorbers” for plants in
which a shifted and an unshifted stream must be scrubbed, like for
instance CTL and Coal to SNG plants. Indeed, since only a partial
WGS conversion is required, a fraction of the syngas stream
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bypasses the WGS unit. In the “two-parallel-absorbers” Rectisol®,
the shifted branch goes through a traditional Rectisol® (the one
shown in Fig. 1b)), whereas the bypass stream (un-shifted) goes
through an H,S absorber column. The AGR units of the two
branches share the solvent regeneration section. The energy con-
sumption of the scheme is reduced since it benefits from a higher
CO; concentration in the shifted branch. On the other hand, this
option has a higher plant complexity and it fails to provide a CO,
stream with a concentration satisfactory for CO, capture. Indeed,
according to [21] the stream of captured CO, contains 17% (molar
basis) of impurities (mostly Ny).

More recently, a comparison between a traditional (single-
stage) Rectisol® and a double-stage one has been carried out in Ref.
[22]. Their analysis, based on process simulations and Heat Inte-
gration techniques, shows that the refrigeration power of the
single-stage option is just 35% of that of the double-stage case,
confirming the superiority of the former both from the point of
view of energy penalty and capital costs.

In Ref. [23] the performance of a simplified Rectisol® is
compared to that of other physical and chemical solvent-based
Acid Gas Removal processes. The analysis is based on process
simulation and assumes as case study a 50 MWth Coal to SNG
plant. The au-thors highlight the considerable effect of heat
integration on the energy consumption of the Rectisol® process.

Among the existing plants, the Great Plains Synfuels Plant [24]
(owned by the Dakota Gasification Company) operates a Rectisol®
(built by Lurgi) that, since 2000 has sold 60% of the total CO,
generated as a byproduct to the Weyburn EOR project, making the
plant one of the first energy facilities anywhere to sequester CO,.
Its simplified flowsheet is reported in Ref. [13] and is shown in Fig.
3. Like the Sasol-CTL Rectisol®, this scheme is based on desorption
via a sequence of six flashes and is conceptually similar to the Lurgi
patent of Fig. 1a).

Unfortunately, the CO, stream produced by the plant is quite
contaminated, since it contains 1% of H,S and 4% of hydrocarbons
and, therefore, does not satisfy the recent guidelines for CCS and
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EOR. Moreover, similarly to what happened in above-mentioned
Sasol facility, most of the measures for reducing the H,S content in
the CO, stream failed (Stretford, Sulfolin and other H,S removal
processes) due to operational difficulties [24].

The previously cited drawbacks spurred the designers to pro-
pose variants of the Rectisol® configuration in order to make it
suitable and effective for CCS. To this purpose, both Linde [25] and
Lurgi [26] have recently proposed flowsheets for the selective
removal of H,S and CO, with high CO, capture rates (see Fig. 4a)
and b)) where CO, is released at different pressures in two
sequential desorption columns (replacing the original H;S enrich-
ment section).

Munder et al. [25] developed the scheme reported in Fig.4a). The
design maintains the same MP-regeneration column of Fig. 1b) and
replaces the N, stripper with a more complex LP-column combining
CO; desorption by flashing and heating with H,S re-absorption via
methanol recirculation. The Reference scheme adopted in the
present study (see Section 4) is thought to resemble this solution.

Kasper [26] proposed the arrangement shown in Fig.4b). Simi-
larly to the Great Plains Synfuels plant, it exploits four sequential
flashes, the last being sub-atmospheric, to make available two
purified streams ready for compression and sequestration. In this
case, the process takes advantage of the auto-refrigeration effect
provided by CO, desorption from the solvent. Nevertheless, this
solution is penalized by the relatively low CO, release pressures
(the last one is sub-atmospheric) which leads to a high power
consumption of the CO, compression unit. This impact is often
neglected or underestimated, since the CO, compression unit is
frequently not included in the energy consumption of the AGR
process. As a result, the AGR flowsheet is often tuned and optimized
without considering the effects on the power consumption of the
CO, compressor.

Moreover, it is worth noting that none of the above-listed works
pays particular attention to the energy analysis and Heat Integration
of the process. Moreover, the most energy intensive utilities, namely
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the CO, compressor, the refrigeration cycle, and the steam needed
by the reboilers, are usually left outside the analysis or designed
separately, therefore missing any possible thermodynamic benefit
or synergy deriving from a better integration with the process.

3. Equation of state

The Rectisol® process entails physical transformations at rela-
tively high reduced pressures and low reduced temperatures for
the acid gases to be separated (i.e., close to the critical point for CO,
and H,S). As a consequence, in the physical absorption and
desorption of CO,, H,S and other species into methanol, as well as
in the heat exchangers with phase-changes and in the CO,
compressor, the fluid behavior is far from ideal. For these reasons,
in order to build an accurate model of the Rectisol® process, it is
necessary to select and calibrate the proper equation of state (EOS).

Ideally, the most accurate EOS should, on one hand, have a
strong theoretical foundation to ensure a good predictive capa-
bility, and on the other hand, include all the experimental data
available for the mixture of interest. This has been done recently to
describe the thermodynamic behavior of some common mixtures
like dry air or natural gas. For instance, the main thermodynamic
properties of air, in its real-gas region, can be accurately computed
via a reference empirical multi-parameter EOS expressed in the
form of a non-dimensional Helmholtz energy, as described in Ref.
[27]. A similar approach is applied to natural gas mixtures (see the
GERG-2008 EOS published in Ref. [28]).

Unfortunately, even though CH30H—CO,—H,S mixtures with H;
and CO as major components are well-known, the available set of
experimental data is not so extensive to justify the adoption and
calibration of a specific reference EOS. As a result, we need to select
the EOS among the available models looking for the following
characteristics: (i) theoretical consistency, (ii) implementation in a
process simulation software, (iii) computational time of Vapor-
Liquid Equilibria (VLE) related properties, (iv) possibility to be
tuned for the specific conditions of interest. We selected the PC-

Table 2
Operating conditions of the GE-Texaco gasifier and process specifications and
assumptions.

Gasification island conditions

As Received Coal
Ultimate Analysis

Gasifier operating conditions

C 63.8% Gasifier type GE-Energy with
Radiant Syngas
Cooler

H 4.1% Gasification pressure, bar 40

(0] 6.5% Syngas temperature at gasifier exit, K 1589

N 1.0% Carbon conversion, % 99%

S 4.5% O, purity, %mol 95%

Cl 0.1% Coal/slurry ratio, %¥mass 66%

Moisture 2.5% Temperature of O, to gasifier, K 443

Ash 17.7%

LHV, MJ/kg ~ 25.07

Coal input 1343.1

(LHV),MW

AGR conditions

Raw Syngas Inlet Products specifications

Mole Frac CO; captured

CO, 28.0% CO.CL, % 98%

H,S 1.3% CO, purity, %mol >97%

co 23.4% H,S fraction, ppmv <150

N, 0.4% Pressure, bar 150

H, 46.9% Temperature, K 298

CH4 0.0% Clean Syngas

Total Flow, kmol/sec 5.404 Pressure, bar 30

Total Flow, kg/sec 110.2  H,S fraction, ppbv <50

Temperature, K 303 Stream processed by Claus

Pressure, bar 35 H,S/CO; ratio, — >1/5

CO,, in the Claus tail gas Recycled to the AGR

absorption section

SAFT, a semi-empirical EOS developed on the basis of mechanical
statistics models, already implemented in commercial flowsheet
simulation codes (e.g., Aspen Plus® version 7.3 [29] by AspenTech
used in this work), and capable of calculating the VLE properties of

Table 1

Value of the binary interaction parameter for the most relevant binary mixtures involved in a Rectisol®-based acid gas removal systems.
Component i CH5;0H CH5;0H CH30H
Component j CO, H,S H,
Number of exp data used 81 36 39
Temperature range, K 213-288 248—-298 243-298
a;j —0.0039 0.0022 —0.0642
bjj 0.0216 —0.0228 -0.2374
Gij 0.0392 -0.1233 —0.546
Trer, K 298.15 298.15 298.15
AAD NEW 6.1% 6.6% 3.8%
AAD DEFAULT ASPEN 12.6% 8.8% 29.9%

CH30H CO, CO, CO,

co H,S Hy co

14 45 46 21
298-323 223-298 220-270 223-263
—0.0321 —0.0055 0.0371 0.0012
0.0603 0.0821 —0.5063 —0.0339
—0.1097 0.1437 —0.2855 0.1094
298.15 298.15 298.15 298.15
3.8% 1.7% 9.6% 3.1%
18.3% 16.6% 54.3% 14.6%
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the mixtures of interest with reasonably short computational times
(e.g., it is possible to calculate an absorption column in less than 0.1
s on a common desktop PC, and an entire Rectisol® flowsheet in
10—60 s depending on the accuracy of the initial solution), and
including a set of binary interaction parameters which can be
adjusted to improve the model accuracy in a specific region of
pressures, temperatures and compositions. As shown in Ref. [30],
the PC-SAFT can be adjusted to predict the VLE of mixtures by
calibrating the binary interaction parameters. Practically, a binary
interaction parameter is a fully empirical coefficient (i.e., without
any theoretical foundation), introduced to improve the matching of
the VLE curves for each binary mixtures of interest. It is worth
mentioning that, in order to improve the regression accuracy of the
experimental data, these coefficients can be considered as func-
tions of temperature. Of course, if this expedient is used, the EOS is
supposed to be used only in the temperature range of calibration
(avoiding extrapolation).

Table 3
Main assumption of the Aspen Plus® model of the Reference Rectisol® process.

As a matter of fact, also the cubic-type EOSs share most of the
previous features with PC-SAFT. Nevertheless cubic EOSs incorpo-
rate less theoretical information than PC-SAFT (which includes
three molecular based parameters for each pure substance), and we
found out that, even after a careful calibration, they showed a
slightly lower accuracy than PC-SAFT in the calculation of both VLE
and volumetric properties in single phase regions. It is worth
noting that recently also Diamantonis et al. ([31] about CO;
mixtures with other gases and [32] specific to CCS applications)
and Sun and Smith [22] adopted the PC-SAFT EOS highlighting its
suitability for modeling CCS systems and Rectisol®-based
processes. Sun and Smith [22] provide updated calibration
parameters for the binary pairs CH30OH—CO, and CH30H—H)S
obtained on the basis of experimental data [33] and [34]. Their
model correction is focused on the reconciliation of the
thermodynamic properties of the streams entering and exiting the
absorption section of a Rectisol® plant [35].

Heat exchangers

Pressure loss % 2

ATwn/2 for process K 5
streams/refrigerator/cooling water

ATyn/2 for reboiler utility K 10

ABSORPTION/STRIPPING COLUMNS

Model type — Radfrac

(equilibrium)

Column type - Tray

N equilibrium stages H,S absorber - 10

N equilibrium stages CO, absorber - 4 + cooler + 4

N equilibrium stages CO, desorber HP — 20

N equilibrium stages CO, desorber LP — 15

N equilibrium stages methanol — 10
regenerator

Minimum allowed temperature for K 217

CO,, rich vapor streams

Process expanders/compressors/pumps

Isoentropic efficiency of syngas expander % 88
Polytropic efficiency of syngas compressor % 84
Pressure ratio - <3
Mechanical/Electric efficiency % 92

CO, COMPRESSOR

Number of stages — 5(+1
pump)
Final delivery pressure bar 150
Pump inlet pressure bar 80
Compressor polytropic efficiency % 84
Final pump hydraulic efficiency % 78
Temperature at intercooler exit K 298
Pressure drops intercooler and dryer % 2
Drivers Mechanical/Electric efficiency % 92
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19.3%

0.0%
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0.36
14.95

20.0
1.2

C1

B10
94.8%
4.2%
1.0%
0.0%
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0.0%
6.86
22345
-14.2
2.7

B9
0.0%
98.9%
55 ppm 661 ppm

0.7%
0.0%
0.3%
0.10
439
—49.9
2.7

82.0%
17.7%
0.2%
0.0%
0.1%
0.4
13.54
-51.3

B8
2.7

B7
0.0%
98.4%
106 ppm
1.1%
0.0%
0.4
1.40
61.08
—34.4
6.0

93.6%
5.3%
1.0%
0.0%
0.0%
0.0%
6.95

227.30
-32.1
2.0

B6

B5
0.2%
94.7%
5.1%
0.0%
0.0%
0.0%
0.47
20.55
20.0
6.0

0.2%
96.4%
3.4%
0.0%
0.0%
0.0%
0.24
1045
-17.0
6.0

B4

.0%

84.9%
13.7%
0.0%
0.0%
7.66
258.30
-235
6.0

B3

74.0%
24.1%
1.6%
0.2%
0.0%
0.1%
4.39
153.47
-14.2
20.0

B2

55 ppm
0.2%
0.0%

7

82.0%
0.1

B1
17.7%
35
121.90
—45.0
19.8

A7
0.1% 0.1%
62.4%
63 ppm
18.4%
0.4%
18.7%
0.11
3.67
447
35.0

A6
64.2%
6% 1.4%
17.5%
0.3%
16.4%
0.14
4.94
35.1
35.0

0.7%
0.

0%
0.6%
4.54

158.41
-11.8

71.7%
1.

A5
25.4%
60.0

A4
79.8%
18.9%
55 ppm
0.7%
0.0%
0.6%
4.08
139.11
—4.4
60.0

0.0%
0.7%
16 ppb
32.7%
0.6%
66.1%
3.83
41.88
—45.2
60.0

A3

100.0%

A2

0.0%
100 ppb
0.0%
0.0%
0.0%
6.51
208.54
—-50.0
60.0

0.0%
28.0%
1.3%
23.4%
0.4%
46.9%
5.40
110.17
30.0
35.0

Al

Steam ID
Property

Mole %

CH30H

CO,

H,S

co

N>

Hy

Total flow kmol/sec
Total flow kg/sec
Temperature C
Pressure bar

Stream tables of the Reference Rectisol® process.

Table 4

In this work, we provide updated calibration parameters not
only for the binary pairs CH30H—CO, and CH30H—H,S, but also for
the CH30H—CO, CH30H—H,, CO,—H,S, CO,—H; and CO,—CO cou-
ples. Compared to the work of Sun and Smith [22] which is focused
on the absorption section of a specific Rectisol® design, we aim at
providing a set of calibrated binary interaction parameters that can
cover the typical composition, temperature and pressure ranges of
a whole Rectisol®-based flowsheet. The calibration was performed
by means of the following steps:

e Selection of the most relevant binary pairs to be calibrated

o Identification of the temperatures and composition ranges of
interest (the pressure range of the bubble and dew points is
therefore a consequence of this choice)

e Collection of the VLE experimental data available from the NIST
ThermoData Engine [36]

e Formulation of the EOS calibration problem as a non-linear
constrained optimization program whose objective function is
the mean average error on the saturation pressure in absolute
value (AAD, as expressed in Eq. (1)), and whose variables are the
three coefficients (aj;, bjjand c;) defining the binary inter-action
parameters k;j[30] as a function of the temperature (see Eq. (2)).

AAD — m, (1)
Dref
Tref T
kij = a; + ble + Gjj In (m) . (2)

The unconstrained nonlinear optimization problem was solved
with the derivative-free Simplex method available in MATLAB®
R2012a (Mathworks [37]). We adopted a derivative-free method
rather than a gradient-based one (such as sequential quadratic
programming algorithms whose convergence rate is proven to be
much faster than that of derivative-free methods) because the VLE
calculation algorithm fails to reach convergence (hence it does not
return a solution) for certain values of pressures and temperatures
and this discontinuity cannot be handled by gradient-based
algorithms.

The details about the experimental data used for the calibration
and the optimized EOS coefficients are reported in Table 1. The last
two rows of Table 1 compare the mean average error AAD of the
calibrated EOS with that of the default PC-SAFT EOS available in
Aspen Plus®. Fig. 5 reports an example of the results obtained for
the methanol-acid gases pairs at the typical conditions of the ab-
sorption columns. Fig. 6 highlights on a Txy (i.e. at constant pres-
sure) plot for the CO,—H,S mixture the improvement introduced
by the calibration compared to the default EOS of Aspen Plus® (i.e.,
no binary interaction parameter for this specific couple).

4. Reference scheme and process model

In this section we present, simulate and analyze from a ther-
modynamic point of view a Rectisol® process tailored for CTL plants

Table 5

Main performance indexes of the Reference Rectisol® process.
Quantity Units Value
Electric consumption of Compressors MW 29.2
Net Refrigeration duty (thermal) MW 27.0
Electric consumption of Refrigerator MW 211
Overall Reboiler duty (thermal) MW 274
CO, Capture Level % 97.5%




STATE-OF-THE-ART REFRIGERATION CYCLE

a) CONDENSER
LEVEL 2

T / CPR2;
13 { ]4 9 / \
\
SEP2, 5 \
1

E Il
VALVE2, BZ
L

15.

J L
SEP2, LJ

1

VALVEZ2;

CPR2;

/ \ CPR2;

>

AMMONIA \v4 EVAPORATOR
VALVEZ,
CYCLE A e ELECTRIC
IT . "’f’\'\ MOTOR 2
CONDENSER
LEVE?
ETHANE -
CYCLE VALVE 1 CPR1
e
> \ g ELECTRIC
~— MOTOR 1

EVAPORATOR
LEVEL 1

[
MIXED REFR 4 N > 3
(AMMONIA/ @ \
E

IMPROVED REFRIGERATION CYCLE

CONDENSER
b) LEVEL 3
[ . 79 . ‘
VALVE3; j& \\ CPR3;
13 >[ ]4 9 &R
SEP3, |__ . / \ CPR3;
14 l
VALVE3, YZ ( >
T 45 7

CPR3,

AMMONIA EVAPORATOR
VALVE3,
CYCLE LEYEL 3 ELECTRIC
. n ) MOTOR 3
QY
¥// CONDENSER
X LEVEL 2
MIXED REFR 4 N
7
(AMMONIA/ ) %
PROPANE/ VALVE 2 ) CPR2
ETHANE) )

CYCLE HT

A A
o\ \y ELECTRIC

= MOTOR 2
EVAPORATOR

LEVEL 2
CONDENSER

LEVEL 1

PROPANE/
ETHANE)
CYCLELT

VALVE 1

ELECTRIC
MOTOR 1

EVAPORATOR
LEVEL 1
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with CCS. More in detail, we consider the typical composition of a
syngas stream generated by a GE-Texaco gasifier, whose operating
conditions are reported in Table 2, followed by a WGS unit tuned to
achieve a H,/CO molar ratio equal to 2 (as required by a Co-based
FT catalyst [38]). Similarly to the CCS plants in operation, it is
assumed that the CO, stream is used for EOR, then its composition
must meet the specification reported in Table 2 [18].

On the basis of the analysis conducted in Section 2, we devel-
oped the Rectisol® flowsheet represented in Fig. 7 which is an
adaptation of the layout patented in Ref. [19]. Compared to the
original design, the proposed flowsheet performs the CO, desorp-
tion from the liquid phase in the low pressure desorption column
by reboiling rather than by stripping with N,. This modification is
introduced in order to produce a CO,-based vapor stream with a
composition suitable for CCS.

The absorber column is actually divided in two sections: the
bottom part, here called the “H,S absorber”, where essentially all
the H3S is removed, and the upper part, the “CO, absorber”, where
the remaining CO, is absorbed. Raw syngas (A1) enters the bottom
of the HyS absorber while a fraction of the pre-loaded solvent flows
down from the CO, absorber. The H,S absorber, being fed with
solvent pre-loaded with CO,, minimizes the amount of absorbed
CO,. The CO, absorber is fed with lean methanol at the top (stream
A2) and (almost) HpS-free syngas at the bottom (coming up from
the H,S absorber). As a result, the liquid stream exiting the H,S
absorber (stream A5) contains almost all the captured H,S and a
relatively small amount of CO,, while the liquid stream extracted
from the bottom of the CO, absorber (stream A4) is almost sulphur-
free and rich of CO,.

As shown in Fig. 7, the CO, absorber has a side cooler to remove
a fraction of the heat of absorption (i.e., heat released by the CO, as
a consequence of the phase-change) by cooling the liquid stream to
248 K. The absorption takes place at 60 bar, a typical value ([39]) for

Rectisol®. The absorption column could have an even more
complicate configuration, for instance with a higher number of side
coolers, but this expedient may cause a considerable increase in
capital cost. The purified syngas exiting from the top of the
absorber (A3) provides cooling and mechanical power via two
heaters and one expander that bring it to the delivery conditions of
298 K and 30 bar. Streams A4 and A5 are then adiabatically flashed
in order to vaporize and recycle down to the column inlet the more
volatile fuel species, mostly H, and CO, that have been co-absorbed
with acid gases. The two liquid streams exiting the flash section are
then sent to the CO, desorption section whose goal is to release a
vapor-phase CO, stream with a limited content of impurities,
especially H,S, making it suitable for EOR. The CO, desorption
section is made of two columns, the High Pressure (HP) and the
Low Pressure (LP) desorption column. Both are fed at the top with
the sulphur-free streams B1 and B8 (obtained by flashing stream
A4) which, once flashed inside the column, release the CO,. The
regenerated solvent flows down and wash the lower stages
(avoiding that H,S exits at the top of the columns together with
CO,). The operating pressures of the HP and LP desorption columns
are 6 and 2.7 bar, higher than the values of the patent (3 and 1.8
bar, respectively), to reduce the CO, compression consumption and
to limit the H,S desorption. Stream B2 (containing most of the H,S
removed) is partly vaporized and fed to the bottom part of the HP
desorption column which behaves like a reboiled H,S enrichment
column, receiving heat from and using B4 and B5 as stripping
streams. The cascade of flash drums to which the liquid stream B3
goes through is the same as reported in the Linde patent [19] and it
is used to improve the CO,/H,S separation. The LP CO; desorption
column works essentially like the HP one. Thanks to the lower
pressure and the Kettle reboiler, it is capable of recovering further
CO, from stream B6. This results into a higher CO, Capture Level
and a higher H3S concentration in stream C1 sent to the CLAUS unit.
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Fig. 9. EGCC construction procedure and meaning.

The CO, vapor streams produced by the CO, desorption section
(streams B7 and B9) are then heated to ambient conditions so as to
recover some refrigeration power and sent to a 5-stages intercooled
compressor bringing the CO, to 80 bar. Finally, a pump stage
pressurizes the CO; up to the capture condition of 150 bar. The H,S-
concentrated stream leaving the CO, desorption section (stream
B10) enters the methanol regeneration column, a distillation
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column in which H;S and the remaining CO, are stripped and sent
to the CLAUS process (stream C1). The almost pure methanol
stream is extracted (stream C2) at the bottom of the column. The
process variables must be adjusted to obtain a molar concentration
of HyS in stream C1 above 20% so as to use a standard air fired
CLAUS unit [1]. In the proposed flowsheet, the CLAUS unit is fol-
lowed by an SCOT process which produces elemental sulfur and a
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Table 6
Performance summary of the five configuration considered in this study.

Case Reference Scheme A Scheme A Scheme B Scheme B
mixed ref mixed ref
Absorption pressure bar 60 60 60 60 60
Absorption temperature K 223 223 223 223 223
CO, desorption pressure bar 6.0/2.7 6.0/2.7 6.0/2.7 10 10
Methanol regeneration pressure bar 1.2 1.2/0.7 1.2/0.7 1.2/0.7 1.2/0.7
CO; captured kg/s 65.0 65.0 65.0 65.3 65.3
CO, Capture Level % 97.5 97.5 97.5 98.0 98.0
Absorber raw syngas compressor (electric) MW 12.3 123 12.3 12.1 12.1
Other process compressors/pumps (electric) MW 8.0 8.0 8.0 114 114
Process expander (electric) MW -4.5 -4.5 -4.5 —4.5 —4.5
Net Reboiler duty from utility (thermal) MW 26.0 5.7 5.7 6.2 32
Reboiler steam pressure bar 1.5 0.5 0.5 0.5 0.5
Net Refrigeration duty (thermal) MW 27.0 27.0 27.0 17.6 17.6
Process compressors/expanders electric power MW 15.8 159 159 189 189
CO, compression power MW 134 134 134 10.3 10.3
Electric equivalent of Reboiler duty MW 5.0 0.7 0.7 0.8 0.4
Refrigeration electric power MW 211 211 14.2 14.2 12.1
Cooling water consumption (electric) MW 1.5 1.2 1.0 1.0 1.0
Chemical exergy of co-captured fuel MW 33 33 33 4.0 4.0
Overall equivalent electricity consumption MW 60.1 55.5 48.4 49.3 46.6
Specific Electric Equivalent Consumption KkJ/kgcoz 925 854 744 755 714
SEEC reduction compared to Reference % — —8% —20% -18% -23%
CO, compression section
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Fig. 11. Process flowsheet of scheme A, showing the details of the modified regenerator.



CO,, rich tail gas which is recycled back to the Rectisol® inlet to
maximize the CO, capture level.

The water removal system and the HCN, NH3 and metal car-
bonyls pre-washer, which are among the features of the Rectisol®
process, are not considered in this analysis because we assume that
(1) these items are quite standard and (2) kept unchanged in all the
variants herein considered (see Section 5), and (3) their designs do
not significantly affect the performance of the Rectisol® process, as
confirmed in Ref. [39]. Moreover, provided that for an entrained-
flow gasifier, more than 97% of the sulfur from the coal is con-
verted into H,S (the remaining being mainly COS; see Ref. [14]) and
that the solubility of H,S and COS into methanol are very similar,
we replace in the process model all the sulfur-based components
with H»S.

The flowsheet represented in Fig. 7 was modeled and simulated
with Aspen Plus® version 7.3. The main calculation assumptions are
reported in Table 3 while the stream tables are in Table 4 and the
main performance indexes are in Table 5.

The performance summary reported in Table 5 highlights that
the main energy consumption items affecting the efficiency of the
process, listed in descending order, are (1) the electricity required
to compress the CO, and the process streams (mainly the raw
syngas compressor), (2) the refrigeration duty and (3) the reboiler
duty. In the following sections we look for process modifications
aimed at reducing those energy consumptions by applying the
tools of Pinch Analysis.

5. Heat Integration and process improvements

The overall energy consumption of the Rectisol® process is made
of the following items:

- Eprocess, €lectric power absorbed by the process compressors and
pumps,

- Eco, compr €lectric power absorbed by the compressors and
pumps of the CO, compression section,

- Eryel, chemical exergy (LHV basis) of the fuel species (mainly CO
and Hy) co-captured with acid gases and sent either to storage or
to the CLAUS,

- ERefrig, electric power absorbed by the refrigeration cycle (cold
utility),

- Ecool wat, €lectric power required to circulate the cooling water
(cold utility),

- EReboiler, €lectric power loss due to the extraction of steam from
the steam cycle for the reboilers (hot utility).

Therefore, the overall energy consumption to be minimized is
the sum of above-listed items including process units and utilities.
More in detail, we considered the Specific Electric Equivalent
Consumption (SEEC),

ECOZ compr + EProcess + EReboiler + ERefrig + ECool wat T EFuel

SEEC =
Mco, captured

where Mco, captured 1S the mass flow rate of captured CO3. Egeboiler 1S
estimated on the basis of the mechanical power that the extracted
steam could have provided to the steam turbine if it were expanded
rather than extracted. More in detail, in order to estimate Egeboiler,
we assume a steam turbine inlet condition of 30 bar and 823 K, a
condenser pressure of 0.05 bar, a turbine average isoentropic

efficiency of 0.9, and that the steam extraction is at the pressure
required by reboiler. It is worth noting that the mechanical power
to heat ratio (w/q) turns out to be lower than the Carnot factor
(defined as 1—T,/T, where T, is the ambient temperature and T the
saturation temperature of the steam stream considered). For
instance, assuming to extract steam at 1.5 bar, the Carnot factor
would be 0.251, whereas the w/q ratio is 0.192. For the same
reason, Ecool wat iS evaluated by assuming a typical value of 0.017
for the ratio between the electric power of the circulating pumps
and the heat duty removed.

Such an approach is preferred to a method based on Carnot
factors only (i.e., exergy analysis) because it estimates the actual
electric consumption of the utilities.

While the energy consumption of the process units depends
only on the process operative variables, that of the utilities is
significantly affected by the Heat Integration, i.e., the arrange-ment
of the process heat exchanger network (matching hot and cold
process streams), the design of the utilities, and the inte-gration
between process and utilities. It is worth noting that the Heat
Integration plays a very important rule in low-temperature
processes, like Rectisol®, because the exergy value of low-
temperature thermal power is considerable, as described by
Aspelund et al. [40]. For example, assuming an ambient tem-
perature of 288 K, the exergy value of 1 MW thermal power at 268
K is 0.07 MW (7% of the energy, with a Carnot COP of 13.4), and
0.35 MW (35% of the energy, with a Carnot COP of 2.8) at 213 K.

5.1. Heat Integration methodology

Among the large number of Heat Integration techniques
proposed since the 40’s and reviewed in the recent book edited by
Klemes [41], we adopted the “heat-cascade” methodology of
Marechal and Kalitventzeff [42] as it allows to simultaneously
optimize the process Heat Integration (i.e., determine the mini-
mum energy requirement to be supplied by the utilities by
properly matching hot and cold process streams) and the utility
design (i.e., determine the utility type, operative variables, mass
flow rates and size). Compared to other Heat Integration methods
with Heat Exchanger Network synthesis, such as the classic
mathematical programming techniques recently assessed by
Escobar and Trierweiler [43], and that proposed by Salama [44], the
methodology of Marechal and Kalitventzeff [42] allows to
optimize the process Heat Integration and the utility design
simultaneously, so as to exploit any possible synergy. Indeed, in
this methodology, the utility streams are included in the heat
cascade in order to allow for any possible integration options
between process streams and utility streams. This method is
currently implemented in the Osmose platform developed by LENI-
EPFL [45]. According to this approach, the Heat Integration

k] /Kgco, captured (3)

problem is formulated as a Mixed Integer Linear Problem having
the following features:

- variables: mass flow rates of each of the available utilities,
whose activation is defined by a related binary variable y;e {0, 1}
(equal to 1 if the i-th utility is used, O otherwise);



- objective function: minimize the exergy consumption of the
utilities;

- constraints: heat balance for each temperature interval, while
respecting the minimum temperature difference for each class
of streams ATp;p, according to the “heat cascade” methodology.

The MILP is solved with the free code GLPK [46]. Optionally the
intensive operative variables of the utilities (i.e., pressures and
temperature levels) can be optimized by adding an upper optimi-
zation level which runs the MILP model as a black-box function
([45D).

In this analysis we considered ATpp/2 refrigerant = 3 K, ATmin/2
hot utility = 10 K, ATyin/2 process streams and cooling water = 5 K.
The available hot utilities are assumed to be saturated steam at 3,
1.5 and 0.5 bar, whose w/q conversion factors (expressed as the
ratio between the equivalent electricity loss and the heat provided)
are respectively 0.242, 0.192 and 0.123. The cooling water is
assumed to be available as a circulating loop operating between
288 and 298 K, and whose w/q conversion factor is 0.017.

Since the refrigeration cycle is expected to have the largest en-
ergy consumption, it has been accurately modeled and simulated
with Aspen Plus® in order to get an accurate estimate of the elec-
tricity consumption. Two configurations are considered:

- A two-level cascade ethane/ammonia refrigeration cycle and is
expected to represent a real, commercial refrigerator (see
Fig. 8a))

- A three-level cascade cycle featuring two mixed refrigerant cy-
cles as lower levels and an ammonia cycle as the top level (see
Fig. 8b)). It is meant to represent a more complex refrigerator,
specifically conceived to reduce the refrigeration power via a
better matching with the process requirements.

We determined the optimal process Heat Integration according
to the following procedure:

1. Simulate the process (i.e., solve the flowsheet) with Aspen Plus®,

2. Simulate the refrigeration cycle with Aspen Plus® for fixed
intensive operative variables (i.e., pressures and temperature
levels),

3. Extract the temperature—heat data of all the process streams
and carry out the Heat Integration by solving the MILP problem,

. Compute the SEEC with Eq. (3),

. Analize the Composite and Exergy Grand Composite Curves of
the system to identify the main sources of heat transfer
irreversibility,

. Figure out modifications of process and utilities which can
improve the Heat Integration and/or reduce the energy
consumption,

SIS

o)

7. Repeat the procedure from step 1) for the new process/utility
configuration

The Composite Curves (CC) are the well-known tool of Pinch
Analysis used to analyze the Temperature—Heat Duty (T—Q) profile
of processes [47], while the Exergy Grand Composite Curves
(EGCQ), proposed in Ref. [42], are obtained from CCs by reporting
the heat surplus and deficit at each temperature level as a function
of the Carnot factor, i.e., 1-T,/T, where the hot streams are shifted

by —ATmin/2, and the cold streams by +ATmin/2, so as to highlight
pinch points and making easier utility targeting. As a result, in an

EGCC plot the area between the hot and cold curves corresponds to
the exergy destroyed due to heat transfer irreversibility. Fig. 9
shows the steps followed for the construction of the EGCC, high-
lighting the exergy losses due to irreversibilities (dashed areas on
the last graph). Moreover, from the EGCCs it is possible to deduce

also the Minimum Energy Requirement for the hot and cold utili-
ties. An example of EGCC referred to the process evaluated in this
paper is reported in Fig. 10. For this reason, EGCC plots are ideally
suited to identify and assess irreversibility sources in the integra-
tion between hot and cold streams, as well as between process and
utilities.

©
w

T T T

Directmatching
Ammonia/cooling water
Li.e., nointegrationammonia .}
condenser-process H

Cooling water=69.0 MW |
(288-298K)

o
N

Ammoniacond=46.5M
(313-366K)

©
piFg

o

0.1 | Welammonia=16.9 MW
' Welethane = 4.2 MW

-0.2Ethane cond =20.7 MW(244 K)
Ammoniaeva=31.0MW (238K) ™,
-0.3 The ammonia circuitserves asa condenser 1

of the ethane cycle
Ethane eva=16.7 MW (213K}

Bl |
04, -60 -40 20 0 20
Q [MW]

Carnot Factor 1-Ta/T [-]

—Utilities
—Process

Welammonia =2.3 MW
| Welmixed HT = 7.9 MW
Wel mixedLT=3.9 MW

0.2+ 1
I Ammonia cond=24.8 MW (302 K)
= 0.1+ Mixed HT cond =252 MW (283+349 K) 1
IS Mixed LT cond = 12.4 MW (263+340 K)
5 bcooling water=62 |
5 288+298 K)
% 0.1} :
k<]
S
@©
O

-0.3F Ammoniaeva=22.7 MW (283 K)
Mixed HT eva = 18.0 MW (231+241 K)
0.4 Mixed LT eva = 8.9 MW (213+225 K)

40 20 0 20 40

Q [MW]
0.3 " : .
Improved matching between
0.2}h process streams and reduced |
. _ refrconsumption thanks to
- Ammoniacond=30.7 M mechanical vapour
= 0.1 (313-366K) recompression ]
7
- 0f ]
9 Coolingwater=61.2 MW (288-298 K)
o
® 0.1} - |
w Welammonia=11.1 MW
° Welethane = 3.0 MW
£ L i
8 02 Ethane cond = 14.9 MW(244 K
Ammoniaeva=20.5 MW (238 K)

-0.3 ]

0.4 Ethaneeva=12.0 MW (213K)

80 -60 -40 -20 0 20

Q [MW]

Fig. 12. Left: EGCC of Scheme A with two-level refrigeration cycle. Center: EGCC of
Scheme A with mixed refrigerant. Right: EGCC of Scheme B with two-level refrigera-
tion cycle.
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Fig. 13. Process flowsheet of scheme B, showing the details of the modified desorber.
5.2. Heat Integration results and novel schemes (i) Split the regeneration section in two columns as reported in
Fig. 11 so as to reduce the energy consumption and the
First, we computed the SEEC of the Reference Rectisol® scheme temperature level of the reboiler; the first regenerator re-
integrated with the two-level refrigeration cycle performing steps mains at 1.2 bar, whereas the second operates sub-
1—4 of the procedure described in the previous subsection. Main atmospheric at 0.7 bar. In this way, it is also possible to use
results are reported in Table 6, while the corresponding EGCCs are some hot streams of the process (e.g., the streams exiting the
plotted in Fig. 10. process compressors) to supply a fraction of the reboiler heat
It is important to note that the main irreversibility sources are duty. Hereafter this process scheme is called “Scheme A”.
the usage of steam at 384 K for regenerating the methanol, and the (ii) Use the mixed-refrigerant cycle whose evaporator and
heat transfer irreversibility in the temperature range between 213 condenser follow better the T—Q profile of the process in
and 300 K. This observation spurred us to carry out two main order to improve the Heat Integration in the low-
process modifications: temperature region.
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Fig. 14. CC and EGCC of Scheme B featuring the mixed refrigerant cycle.
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Hence, we repeated the process simulations, Heat Integration
and SEEC calculation for the following two modifications:

- Scheme A with a state-of-the-art two-level refrigeration cycle
- Scheme A with mixed refrigeration cycle

Fig. 12, showing the EGCCs of the two improved cases, indicates
that the reboiler modification of Scheme A appreciably reduces the
heat transfer exergy penalty (i.e., the area between the red and blue
curves), and that the mixed refrigerant cycle makes an even larger
improvement. On the other hand, this refrigerator is more expen-
sive and complex to operate and control than the two-level cycle.

For this reason, we found a simpler and more attractive way to
reduce the refrigeration heat duty by looking at the internal Heat
Integration of the process. We replaced the original two-column-
based desorption section with a single-column desorber featuring a
mechanical vapor recompression system which provides auto-
refrigeration while vaporizing the CO, remained in the liquid
methanol stream (see Fig. 13). In this arrangement, the desorption
column is operated at a higher pressure (10 bar) so as to get a good
compromise between the power consumption of the CO,
compressor and that of the recycle compressors. The column is fed
with the CO;-loaded methanol (streams B1 and B8) which flashes
releasing CO, and scrubs the gas flow to capture the vaporized H,S.
Since this scrubbing effect is not sufficient to meet the tight limit on
the H,S concentration of the CO, stream, a top condenser was
added. It requires 4 MW of refrigeration power in the temperature
range 232 + 257 K. The H,S-loaded methanol (stream B2 in Fig. 13)
enters the column partly vaporized above the last stage, while
stream B5 (richer in H,S) coming from the mechanical vapor
recompression system is fed at the last stage of the column. This
layout allows the methanol of stream B1 to re-absorb most of the
H,S associated to streams B2 and B5. The liquid exiting the column
is then adiabatically flashed to 2.2 bar and heated to provide
refrigeration power (i.e., to have an auto-refrigeration effect) be-
tween 243 and 278 K, and therefore to reduce the power con-
sumption of the refrigeration cycle. Hereafter the process
configuration including the two-columns reboiler (Fig. 13) and the
single-column CO; desorber is called “Scheme B”.

Also for Scheme B, two Heat Integration options were evaluated,
the first one with the two-level refrigeration cycle, and the second
one with the mixed refrigerant cycle. The CC and EGCC of the option
with the mixed refrigerant cycle are shown in Fig. 14. The main

results and performance indexes are reported in Table 6 and Fig. 15.
The internal auto-refrigeration reduces by about 33% the electric

power of the refrigerator (—6.9 MW), saving 99 kj/kg of CO,
captured. It is worth noting that this modification reports an in-

crease in the compression power of the process (+3 MW) caused by
the mechanical vapor recompression but this increase is compen-
sated by the decrease of the consumption of the CO, compressor
which takes advantage of the higher pressure of the CO; desorption
column. Indeed, in Scheme B the CO, desorption column operates
at 10 bar while in the Reference case the HP and LP CO, desorbers
work at 6 and 2.7 bar. This result, i.e., the advantage of operating the
CO, desorbers at high pressures, appears to be reasonable for CCS.
The maximum energy penalty reduction achievable by combining
all of the proposed modifications (Scheme B with mixed refrigerant
cycle) is 211 kJ/kg of CO; captured, corresponding to a decrease of
23% compared to the Reference case. In case of Scheme B with the
less complex two-level refrigeration cycle, a reduction of 18% is
reached.

It is also worth mentioning that most of the compression power
required by the process derives from the raw syngas compressor
(12.3 MW) whose consumption depends almost exclusively on the
absorption pressure (kept constant throughout all the analysis).

6. Conclusions

This work investigates different configurations and Heat Inte-
gration options for Rectisol®-based processes for CCS. The analysis
is focused on a Coal To Liquids facility whose main specifications
are a high CO, capture level (98%) and the limits on the captured
stream typically considered for EOR applications.

First a review of the Rectisol® schemes proposed by engineers
and researchers is provided, focusing on the schemes relevant for
CCS applications and their related issues. Then, the study provides
updated information about the calibration of the PC-SAFT EOS
suitable for the simulation of methanol absorption processes,
showing that it is possible to predict the VLE bubble and dew point
pressures with an average error lower than 7% for the methanol-
CO3/HaS binary pairs, and lower than 2% for the H;S—CO,, pairs. The
calibrated equation of state is used to simulate with Aspen Plus® a
Reference Rectisol® scheme for CCS. Finally, the Heat Integration
technique of Marechal and Kalitventzeff [42] together with the
analysis of the Exergy Grand Composite Curves are applied to
derive more efficient designs with optimized Heat Integration and



utilities. The modifications introduced on the process side, i.e.
staged regeneration and auto-refrigeration via mechanical vapor
recompression, lead to a 18% reduction of the specific electric
equivalent consumption compared to the Reference Case (755
against 925 kJ/kg of CO, captured), thanks to a decrease in the
amount of steam bleeded for reboiling and in the external refrig-
eration duty.

A further 5% reduction, reaching a final specific consumption of
714 K]/kg of CO, captured, could be reached by replacing the basic
ammonia/ethane-cascade refrigerator with a three-level-mixed-
refrigerant cycle.
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Nomenclature and symbols

ATyyy  minimum approach temperature difference
T; ambient temperature

AGR acid gas removal

CCS carbon capture and storage
cop coefficient of performance
CTL coal to liquid fuels

EOR enhanced oil recovery

EOS equation of state

FT fischer—tropsch

IGCC integrated gasification combined cycle
LHV lower heating value
MILP mixed integer linear program

PC-SAFT perturbed-chain statistical associating fluid theory
equation of state

SEEC specific electric equivalent consumption
SNG substitute natural gas

VLE vapor—liquid equilibrium

WGS water gas shift
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